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Abstract IX 

 

Resumen: ‘Producción de isoamil propionato por la 

integración de operaciones de reacción/destilación’ 

Este trabajo estudió la producción de propionato de isoamilo a través de la esterificación directa de 

ácido propiónico con alcohol isoamílico, refinado a partir de los subproductos de la industria del 

etanol carburante en Colombia, utilizando la tecnología de destilación reactiva como una solución 

posible de proceso. Esto, como manera de incrementar el beneficio socio-económico de la industria 

del etanol carburante de Colombia. Para este objetivo fundamental, se realizó el análisis y modelado 

del equilibrio de fases Vapor- Líquido-Líquido (VLL) de los sistemas sub-binarios, y la cinética de 

la reacción de esterificación líquida heterogéneamente catalizada. Específicamente para los estudios 

de equilibrio de fases, los datos VLL se obtuvieron de los trabajos existentes en la literatura abierta 

y datos generados específicamente para los sistemas binarios faltantes, ácido propiónico - propionato 

de isoamílo y alcohol isoamílico - propionato de isoamílo (datos T-x-y a 50.00 , 101.33 y 150.00 

kPa). Para el estudio de la cinética de reacción, datos experimentales se recogieron a partir de 

ensayos cinéticos discontinuos para diferentes relaciones molares de reactivos ( 2:1 , 1:1 y 1:2, de 

ácido al alcohol), distintas temperaturas de reacción isotérmicas (80, 100 y 120 °C ), y diferentes 

cargas de Amberlyst® 70 como catalizador (0.8, 4.0 y 8.0 % en peso). A partir del modelo de 

equilibrio de fases VLL y de cinética de reacción concluidos, la síntesis de una operación de reacción 

- destilación se llevó a cabo, usando para esto el diseño conceptual de una posible operación con el 

análisis de mapas de curvas de residuo para los sub-sistemas ternarios y el sistema cuaternario total, 

con y sin reacción química, junto con simulaciones matemáticas en Aspen Plus® 7.3 de modelos de 

operaciones de destilación reactiva, basados en el concepto de etapa de equilibrio. Evaluaciones 

experimentales de la posible operación concluida en estado estacionario se llevaron a cabo en una 

columna de destilación reactiva a escala piloto, validando los principales resultados obtenidos en de 

la simulación del modelos en Aspen Plus® 7.3. La principal conclusión de este trabajo es que es 

posible obtener propionato de isoamilo a partir de la esterificación alcohol isoamílico refinado con 

al ácido propiónico con purezas superiores al 98% en peso y conversiones de una mezcla equimolar 

de reactivos de alrededor de 96% en una sola etapa de proceso de destilación reactiva.  

Palabras clave: propionato de isoamílo, equilibrio de fases, cinética de esterificación, destilación 

reactiva, intensificación de procesos.  
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Abstract 

This work studied the production of isoamyl propionate by the direct esterification of propionic acid 

with isoamyl alcohol, refined from the Colombian fuel-ethanol by-products, using the reactive 

distillation technology as a possible process solution. This, as way to increase the social-economic 

value of the fuel-ethanol industry of Colombia. For this objective, the analysis and modeling of 

Vapor-Liquid-Liquid (VLL) phase equilibrium of the sub-binary systems and the liquid 

esterification reaction kinetics heterogeneously catalyzed, were performed. Specifically for the 

phase equilibrium studies, VLL data were collected from existing reports in the open literature and 

phase equilibrium data generated for the missing binary systems, propionic acid-isoamyl propionate 

and isoamyl alcohol-isoamyl propionate (T-x-y data at 50.00, 101.33 and 150.00 kPa). For the kinetic 

study, experimental data were collected from batches of kinetic experiments for different reactant 

molar ratios (2:1, 1:1 and 1:2, acid to alcohol), different isothermal reaction temperatures (80, 100 

and 120 C), and different loadings of Amberlyst® 70  as catalyst (0.8, 4.0 and 8.0 wt%). From the 

VLL and kinetics concluded models, the synthesis of a reaction-distillation operation was performed 

at steady state, using for the operation conceptual design the analysis of residue curve maps for sub-

ternary and the total quaternary systems, with and without chemical reaction, together with 

mathematical simulations in Aspen Plus® 7.3 chemical engineering software of reactive distillation 

models, based on equilibrium stage approach. Experimental evaluations of the possible concluded 

operation at steady state were carried out in a pilot scale reactive distillation column, validating the 

principal results of the operation modeled and concluded. The main conclusion of this work was that 

it is possible to produce isoamyl propionate by the direct esterification of propionic acid with refined 

isoamyl alcohol, with purities over 98% wt. and conversions of equimolar reactants mixtures around 

of 96%, in a single reactive distillation process operation. 

 

Keywords: isoamyl propionate, phase equilibrium, esterification kinetics, reactive distillation, 

process intensification.  
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Τ NRTL model parameter 1 Eq. 2-6 

Υ Stoichiometric coefficient 1 FD 

 Vapor fugacity coefficient 1 Eq. 2-2 

WP Weisz-Prater modulus 1 Eq. 3-2 

Ʀ Dimensionless rate of reaction 1 r/r0 
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UNIQUAC UNIversal QUAsiChemical activity model 

USD United States Dollar 

VLL Vapor-Liquid-Liquid 

 





 

Introduction 

The Colombian fuel-ethanol program started once the government approved Law 693 of 2001 for 

the oxygen enrichment of motor-vehicles fuel. In March 2006, five fuel-ethanol plants in the Cauca 

river valley (departments of Valle del Cauca, Cauca and Risaralda) came into operation with a 

combined capacity of 1'050 000 liters of fuel-ethanol per day (1). Besides, by 2016 it is expected that 

the fuel consumed in Colombia has an ethanol content of 85% by weight (Gasohol E85), according 

to the government decrees 2629 of 2007 and 1135 of 2009. On the other hand, it is also expected 

that current capacity, for the same period of time, will be only around 2'500 000 liters of fuel-ethanol 

per day which would ensure only an ethanol content of 10% by weight (Gasohol E10) in motor fuel 

nationwide. 

 

With this context, the possible benefits from usable by-products are an important issue for the 

growing Colombian fuel-ethanol industry. One of these potentially valuable by-products is the fusel 

oil, which is mainly a mixture of linear and branched C2 to C5 alcohols, obtained from side streams 

during ethanol refining. The productivity of the fusel oil is around 1 to 11 liters per each 1000 liters 

of absolute ethanol refined and it is primarily composed by mixtures of 3-methyl-1-butanol (isoamyl 

alcohol) and 2-methyl-1-butanol (isoamyl alcohol active), in ranges between 40 to 85 vol% (2). The 

fusel oil flow and its composition depends on the substrate, yeast types and the conditions used 

during the fermentation process, as well as on the proper characteristics of the subsequent ethanol 

refining processes. According to projections from the Mining and Energy Planning Unit of Colombia 

(1), it is possible to expect an approximate production of 1.275 million liters of fusel oil per year and 

about 700 tons of potentially available isoamyl alcohol only in the first part of the 2010’s.  Generally, 

the fusel oil is used as fuel in steam boilers or is mixed partially with fuel ethanol in production 

plants, but it can be used as raw material for obtaining isoamyl alcohol, which in turn can be used 

for the synthesis of chemical derivatives with higher value and improve the overall economics of the 

bioethanol industry.  
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One of these products is the isoamyl propionate (isomers mixture), which is a product of interest for 

fragrances, flavors, plasticizers and solvent industries (3), (4), (5). The isoamyl propionate is 

imported in Colombia with an offer price that depends on the distribution channel, the quantity and 

product purity. As reference, the average import price for isoamyl propionate is $ 7 USD/kg 

approximately, for the period from 2005 to 2010 (6).  

 

One way to produce the isoamyl propionate is through the direct esterification of propionic acid with 

refined isoamyl alcohol from fusel oil, in the presence of an adequate catalytic agent with the 

formation of water as by-product. Esterification reactions are limited by chemical equilibrium and 

product separation from the reactive media must be considered in favor to obtain attractive yields. 

Here, the conventional and reactive distillation technologies emerge as possible process alternatives 

to overcome equilibrium limitations. Specifically, the reactive distillation technology offers 

significant advantages such as high conversion of reactants and products with high purities, in 

integrated equipment, unified operations and lower power consumptions than conventional reactor-

distillation operations. This technology is a perfect example of process intensification as new 

worldwide paradigm. However, for the effective implementation of this technology, it is necessary 

to study the basic phenomena presented and their interactions: mixture Vapor-Liquid-Liquid (VLL) 

phase equilibrium and esterification reaction kinetics, with special attention to the conventional and 

reactive azeotropy phenomena as principal limitations of distillation-based operations. From these 

analyses, it is possible to obtain accurate representations of possible process operations with specific 

mathematical models which can now be used for the study of possible reaction/distillation 

production processes as solution for the isoamyl propionate production.  

 

This work performed the aforementioned analysis and the synthesis of a production process scheme 

based on the integration of reaction with distillation operations for the isoamyl propionate synthesis. 

Formally, the main objective of this work was to evaluate the esterification of propionic acid with 

isoamyl alcohol, refined from the fusel oil, using the integration of the esterification reaction with a 

distillation based operation as a possible way to increase the value the of the bio-ethanol byproducts. 

The specific objectives of this work were: 

-. To characterize and model the Vapor-Liquid-liquid equilibria of the binary mixtures listed in the 

all quaternary esterification system. 

-. To characterize and model the reaction kinetics of the esterification of propionic acid with isoamyl 

alcohol using a specific heterogeneous catalyst. 
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-. To analyze the presence of any azeotropy phenomena in the reactive system (without and with 

chemical reaction), from the predictions of phase equilibrium and reaction kinetics concluded 

models. 

-. To evaluate the feasibility of isoamyl propionate production using preliminarily conceptual design 

methods based on the construction of residue curve maps. 

-. To develop a possible production process for isoamyl propionate synthesis using the predictions 

of distillation models based on the concept of equilibrium stage. 

 

This work achieved each specific objective using a sequential methodology, which can be 

summarized in the development of the chapters presented in this work. Chapter 1 exposes a brief 

summary of the basic characteristics of the isoamyl alcohol obtained from the Colombian fusel oil, 

basics of the isoamyl propionate production and fundamental considerations of the reactive 

distillation technology. Chapter 2 presents the analysis of the VLL phase equilibrium of the reactive 

and non-reactive binary systems involved. Chapter 3 shows the analysis of esterification reaction 

kinetics using the ion-exchange resin Amberlyst® 70 as heterogeneous catalyst. Chapter 4 portrays 

the conceptual design of a reaction/distillation operation, based on the construction of specific 

residue curve maps and mathematical solutions of models from possible process operations. With 

the construction of conventional residue curve maps, a detailed analysis of the quaternary VLL phase 

equilibrium of the reactive systems is performed. Chapter 5 presents the main results for the isoamyl 

propionate production that were obtained from the experimental evaluation performed in a 

continuous reactive distillation plant that was available by the reactive distillation research group of 

the Michigan State University and some concluding remarks about the use of a batch reactive-

distillation configuration.  

 

This work was part of the research project: "Study of technical and economic alternatives for the 

enhancement of fusel oil generated in the production of bioethanol in Colombia", performed by the 

research group of Chemical and Biochemical Processes of the Chemical and Environmental 

Engineering department, of Universidad Nacional de Colombia and co-financed by Ecopetrol – 

Colciencias, reference number: 1101 4902 6038, contract number: 555.2009.2010-2012. However, 

in this work only the technical study about the production of isoamyl propionate by the integration 

of reaction/distillation operations is presented and other details about the technical and economics 

alternatives for the fusel oil generated in the production of bioethanol in Colombia are presented in 

other sub-projects and in the main results of the principal research project.  
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Some of the principal results of this work are the follow academic papers and presentations:  

-. Vapor–liquid equilibrium of isoamyl alcohol + isoamyl propionate and propionic acid + 

isoamyl propionate systems at 50.00, 101.33 and 150.00 kPa. Original Research Article. Fluid 

Phase Equilibria, Volume 356, 25 October 2013, Pages 56-62. By Fernando Leyva, Alvaro Orjuela, 

Iván Gil, Julio Vargas, Gerardo Rodríguez. 

-. Kinetics of Propionic Acid and Isoamyl Alcohol Liquid Esterification with Amberlyst 70 as 

Catalyst. Ind. Eng. Chem. Res., 2013, 52 (51), pp 18153–18161. Publication Date (Web): December 

4, 2013 (Article). By Fernando Leyva, Alvaro Orjuela, Dennis J. Miller, Iván Gil, Julio Vargas, and 

Gerardo Rodríguez. 

-. isoAmyl Propionte Production by Reactive Distillation. Submitted to an internacional 

publication. By Fernando Leyva, Alvaro Orjuela, Aspi Kolah, Carl Lira, Dennis Miller, Gerardo 

Rodríguez.  

-. 9th World Congress of Chemical Engineering (Seoul-Korea). isoAmyl Propionate Production by 

Reactive Distillation. Poster session. August 18 to 13, 2013.  

-. 2013 Annual AIChE Meeting (San Francisco-USA). Vapor-Liquid Equilibrium of the 3-

Methyl-1-Butanol + 3-Methyl-1-Butyl Propionate and Propionic Acid + 3- Methyl-1-Butyl 

Propionate Systems At 50.00, 101.33 and 150.00 Kpa. Poster Session: Thermodynamics and 

Transport Properties (Area 1A) Time: 6:00:00 PM - 8:00:00 PM Date: 11/4/2013. 

-. 2013 Annual AIChE Meeting (San Francisco-USA). Kinetics of Propionic Acid/Isoamyl 

Alcohol Liquid Esterification With Amberlyst 70 Ion Exchange Resin As Catalyst. Session: 

Liquid Phase Reaction Engineering Time: 3:30:00 PM - 6:00:00 PM Date: 11/3/2013. 

-. 2013 Annual AIChE Meeting (San Francisco-USA). Isoamyl Propionate Production By 

Reactive Distillation. Session: Advances in Distillation Time: 8:30:00 AM - 11:00:00 AM Date: 

11/5/2013.    



 

 
 

1. Preliminary Studies and Theory Review  

Below is presented a brief summary of the main characteristics of the Colombian fusel oil and the 

isoamyl alcohol refined from it. Besides, basics of isoamyl propionate synthesis and fundamentals 

of the reactive distillation technology are presented with the main purpose of giving a proper base 

and scope to the work performed here.  

1.1 Fusel oil and isoamyl alcohol 

The typical process for producing fuel-ethanol from sugar cane in Colombia is described by four 

basic steps: fermentation, distillation, rectification and dehydration. A general description of the 

distillation and rectification steps is presented in Figure 1-1. To improve the ethanol purity and its 

acidity quality, generally two lateral out-streams are obtained from the middle part of the rectifying 

column, with around 50 separation stages, and close to the feeding zone. These lateral streams are 

known as high and low fusel oils, respectively.  

 

Figure 1-1. Fuel-ethanol production process: distillation and rectification steps, (7), (8). 
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The high fusel oil is generally obtained from five stages above the feed location and is mainly 

composed by propyl alcohols. The low fusel oil is generally obtained after five stages below the feed 

location and is mainly composed by amyl alcohols. These two streams eventually can be mixed, 

according with the producer requirements; however, the low fusel oil is usually sent to a reservoir 

tank and then cooled to perform a subsequent separation of remaining ethanol by water-washing 

from a partially miscible solution. The recovered aqueous phase contains the ethanol dragged in the 

fusel oil and it is reprocessed to rectifying column. The organic phase is sent to storage tanks and 

represents the fusel oil named in this work. 

Regarding the fusel oil composition, Patil et al. (2) present a characterization in terms of two main 

distillation fractions, a low boiling fraction (LBF) and a high boiling fraction (HBF). The LBF 

corresponds to 95–98 vol% and is mainly composed by isoamyl alcohols (41-85 vol%), water (5–30 

vol%), isopropyl alcohol (1-19 vol%),  n-propyl alcohol (0-18 vol%), ethanol (1–8 vol%), n-butyl 

alcohol (0-6 vol%) and isobutyl alcohol (0-5 vol%). The HBF is composed by fatty acids and their 

esters, some pyrazines and unsaponificable material. Also, Patil et al. report that isoamyl alcohol 

present in fusel oil is in fact a mixture of the isomers 2-methyl-1-butanol (isoamyl alcohol active, 

CAS: 137-32-6) and 3-methyl-1-butanol (isoamyl alcohol, CAS: 123-51-3), which have normal 

boiling points very close to each other, 402.15 K (129 C) and 404.15 K (131 C), respectively. Phase 

equilibrium data for mixtures of these isomers are reported by Thiede et al. (9). These data show a 

small potential for separation by distillation, without the presence of azeotropy phenomena, as it is 

presented in the Figure 1-2.  

 

Figure 1-2. Diagram (x–y) for the 2-methyl-1-butanol (1) ‒ 3-methyl-1-butanol (2) system at 101.33 

kPa, reported by Thiede et al. (9). Experimental data (○) and simulated equilibrium using NRTL 

activity model (—). 



Chapter 1 7 

 

It is interesting to note that main objective of Thiede et al. was to use the generated phase equilibrium 

data to evaluate the performance of conventional distillation columns using a separation demanding 

case. Also, in the isoamyl alcohol market, it is common to make the distinction between natural 

isoamyl alcohol (CAS: 76-65-8), the 3-methyl-1-butanol and the 2-methyl-1-butanol; the first one 

refers to a mixture of isomers obtained from an alcoholic fermentation, and in the specific Colombian 

case, from the fuel-ethanol production process.  

For this work, a preliminary characterization of fusel oil samples from five different fuel-ethanol 

producers in Colombia was performed (samples S1-S5). The main results are resumed in Table 1-1 

for acidity, density, initial and final temperatures of low and high boiling fractions. In the Table 1-

2, the basic composition of LBF by Gas-Chromatographic (GC) analysis is presented and in the 

Figure 1-3 shows the temperature profiles of distillation curves of each fusel oil sample. A brief 

description of the measurement methods used for the data reported in Tables 1-1 and 1-2, together 

with the Figure 1-3, are presented in the Appendix A. 

Table 1-1. Basic analysis of different Colombian fusel oil samples. 

Sample % Acidity as 

acetic acid 

(wt%). ASTM 

D664 

Density, 

(g/cm3). 

Initial 

boiling 

temperature, 

(K) 

Final boiling 

temperature,  

(K) 

Low boiling 

fraction (LBF), 

(wt%*) 

High boiling 

fraction (HBF), 

(wt%) 

S1 0.007 0.8272 357.15 453.15 95.8 3.7 

S2 0.032 0.8302 357.15 441.15 94.4 4.7 

S3 0.007 0.8285 354.15 401.15 97.4 1.3 

S4 0.147 0.8296 358.15 465.15 94.4 4.8 

S5 0.047 0.8326 357.15 477.15 94.9 4.6 

Coefficient of 

variation, %** 
120.67% 0.24% 1.81% 16.74% 1.33% 38.62% 

* Cutting temperature at 754,6 kPa: 399.15 K (126 °C). ** Coefficient of variation as σ/׀ẋ׀ 

Table 1-2. Basic composition of the low boiling fraction of Colombian fusel oil a.  

Sample S1 S2 S3 S4 S5 Coeff. of variation** % 

Component 

 

      

Water* 0.1019 0.1056 0.1098 0.1022 0.1230 8.03 

Ethanol 0.0204 0.0282 0.0323 0.0140 0.0626 59.07 

isoPropyl alcohol <DL <DL <DL <DL <DL - 

n-Propyl alcohol <DL <DL 0.0199 <DL 0.0318 32.55 

isoButyl alcohol <DL 0.0728 0.1423 0.0587 0.0377 58.18 

n-Butyl alcohol <DL 0.0137 0.0143 0.0151 0.0131 6.08 

isoAmyl alcohol (isomers mixture) 0.8074 0.6973 0.6468 0.6995 0.6847 8.47 

n-amyl alcohol <DL <DL <DL <DL <DL - 

Non-identified components 0.0337 0.0351 0.0212 0.0631 0.0010 73.46 

 a All composition reports in mass fraction. *Quantified by the Karl-Fisher method, ASTM E203. <DL 

Component under the detection limit (0.82 wt%) of GC analysis performed. ** Coefficient of variation as σ/׀ẋ׀ 



8 isoAmyl Propionate Production by the Integration of Reaction/Distillation Operations 

 

 

Figure 1-3. Distillation curves at 754.60 kPa of different Colombian fusel oil samples. (Adaptation 

from ASTM-D86). Boiling temperature of 3-methyl-1-butanol at 754.6 kPa, 395.7 K (122.6 ºC). S1 

(×), S2 (Δ), S3 (□), S4 (○) and S5 (◊). 

From this information, it is possible to conclude that the major fusel oil component is the isoamyl 

alcohol (isomers mixture), in ranges between 65 to 81 wt%. Qualitatively, the presence of the 

mentioned isoamyl alcohol isomers was identified from additional GC analyses and the total 

percentage cited before is based on the total weight of the mixture of these isomers. These further 

composition analyses by GC show that proportion between 3-methyl-1-butanol and 2-methyl-1-

butanol in the Colombian fusel oil samples analyzed was around 8:1 in weight, based on GC peak-

height measurements (see Appendix A). This result corresponds with literature reports (10) where 

this same proportion is designated to be 6:1, approximately. Based on these composition analyses, 

this work assumes that the isoamyl alcohol content in Colombian fusel oils is referred to the 3-

methyl-1-butanol major composition as a pseudo pure component. 

Some uses for the 3-methyl-1-butanol and 2-methyl-1-butanol are reported by Lappe and Hofmann 

(11). In summary, the 3-methyl-1-butanol is used as a solvent, extraction agent, in the production of 

di(3-methylbutyl) ether, which is a component of a catalyst system used in industrial production of 

propylene, same as the production of some herbicides, fragrances, flavors, corrosion inhibitors, azo-

dyes and is a common ingredient in surfactant preparations. The 2-methyl-butanol is also used as a 

solvent, extraction agent, fuel additive, in production of flotation reagents, liquid crystals, plant 

protection agents, fragrances, corrosion inhibitors. It is part of catalyst system employed in the 

polymerization of caprolactam and it is also used in preparations for the extraction of crude oil.  
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1.2 isoAmyl propionate 

Although the isoamyl alcohol by itself is a valuable material, its use for the synthesis of other 

products with a higher added value is relevant. One of those products that it is interesting for the 

chemical Colombian market is the isoamyl propionate, which is used in the food-flavors and 

fragrances industries because of its apricot and pineapple smooth odor. Also, it is also used in the 

solvent and plasticizers industries (5). Some of the most important properties of isoamyl propionate 

are presented in Table 1-3.  

Table 1-3. Principal properties of isoamyl propionate ester used in fragrances and flavor industries 

(12). 

Property Description – Values 

Formula  

(CAS registry number) 

 

C8H16O2 (3-methyl-1-butyl propionate and isomers 

mixture: 105-68-0) 

(2-methyl-1-butyl propionate: 2438-20-2) 

Appearance Colorless clear liquid 

Specific Gravity 0.865 to 0.873 at 25 °C 

Refractive index 1.404 to 1.408 at 20 °C 

Boiling point 158.0 °C to 164.0 °C at 101.32 kPa 

Flash point 47.8 °C (TCC) 

Toxicological Oral-rat LD50 > 5 000 mg/kg 

Purity 98 to 100 wt% 

 

It must be noted that composition analyses by GC of samples of isoamyl esters marketed in 

Colombia, such as the esters produced and imported from Ventós S.A. (13), show that these products 

are really a mixture of the respective ester isomers (3- and 2-methyl-1-butyl esters) with purities over 

the 98 wt%, as also reported in the data sheets of these products. 

1.2.1 Market summary 

Leffingwell & Associates (14) report that flavor and fragrances world market was approximately $ 

6.3 billion USD in 2006, for an average annual growth rate of 4.5% per year. Some of the largest 

companies in this sector are: Givaudan S.A., Firmenich S.A., Symrise A.G., Takasago Co. and 

International Flavors and Fragrances Co., plus another ~ 400 companies around the world. A feature 

of flavors and fragrances market for foods is that products are commonly distributed according with 

specific quality characteristics depending on customer preferences. Thus, the offered food additives, 

such as isoamyl propionate, are typically sold twice when they are sold in bulk to a retail company 

and based on specific user requirements the final product can require of additional distillation and 

mixing operations together with special standardizations and re-packing for specific formulations 
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before they are ready for the end-user. Another feature of this market is that global demand is sharply 

increasing from artificial and petrochemical-based food additives to completely natural products. 

Specifically about the domestic market (6), Colombia only imported 40 tons per year of propionic 

acid esters between 2005-2009, with an average import price of $ 7 USD / kg and an annual market 

value of $ 193000 USD. Colombia Firmenich S.A., Quala S.A. and the Colombian Chemical 

Company S.A. are the largest importers with amounts around of 10-15 tons per year. Also, a 

significant variability in the importation price can be noted, with peaks in 2006 and 2009 of $ 8.1 

USD / kg and $ 7.5 USD / kg, respectively. In the specific case of isoamyl propionate, the final offer 

price may reach $ 70 USD / kg, depending on the amount sold, the distribution channel and the 

quality characteristics required or purity (greater than 98% w/w as a mixture of isomers). On the 

other hand, Colombia imported 1671 tons of propionic acid between 2005-2009, with a very stable 

importation price of $ 1.3 USD / kg (6). Propionic acid is generally produced from the petrochemical 

industry; however, there are also natural production routes based on anaerobic fermentation of 

sugars, which are being preferred by the food additives industry although this suggests a major cost 

than petrochemical track until now (5). It is also noteworthy that in Colombia the isoamyl alcohol is 

imported in small quantities, with values around $ 1.3 USD / kg, especially in analytical purity 

presentations for specific laboratory testing procedures with even higher prices (6). So far, it is 

estimated that cost of raw materials for the production of isoamyl propionate would be around $ 2.6 

USD / kg. To this cost, the manufacturing cost and others must be added, in order to offer appropriate 

values according to an appropriate or the development of an industrially feasible process.  

Although the Colombian market for the isoamyl propionate is small respect to the total quantities 

imported, the utility margin for the isoamyl propionate can be interesting taking into account the 

possibilities of exporting the production excess to the flavor market in the region. Besides, the 

manufacturing of isoamyl propionate can be more relevant for the fuel-ethanol industry, as part of a 

more complete portfolio of isoamyl-based esters to offer. 

1.2.2 Synthesis  

Basically, there are two fundamental ways for achieving isoamyl propionate, and in general, for all 

propionic acid esters with monohydric alcohols (5): 

Direct catalytic synthesis: This synthesis is applicable to any production of propionic acid ester with 

a mono functional alcohol and it is described as the reaction of petrochemical ethylene with carbon 

monoxide and an anhydride of the specific alcohol, in this case, the isoamyl alcohol. This reaction 
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is conducted in the presence of Ni(CO)4 as catalyst, in a reaction temperature range between 160 to 

200 °C, and a reaction pressure of 5000 kPa, with direct conversions that may exceed 90%. 

Acid esterification: All primary and secondary alcohols can react in the presence of an acid catalyst 

with most of the carboxylic acids, or carboxylic anhydrides, to produce the corresponding ester and 

water as by-product, at relatively low temperatures (ambient temperatures to 120 - 140 ºC) for 

reasonable batch-reaction times to reach chemical equilibrium conditions. It should be noted that the 

ternary alcohols are prone to unwanted elimination-type reactions in acid conditions and all the 

esterification reactions are chemical-equilibrium limited. Several esterification methods include the 

use of homogeneous catalysts such as sulfuric and p-toluene sulfonic acids and heterogeneous 

catalysts as some acid ion exchange resins. The strongest homogeneous acids are recognized as 

materials with the best catalytic activity; however, they have the disadvantage of favoring unwanted 

side oxidation reactions which favor the detrimental of the color and odor of the final product, as 

well as alcohol dehydration reactions (etherification) especially at high temperatures. Besides, the 

homogenous catalysts can cause corrosion problems into the process equipment and can require 

additional process operations for their neutralization and elimination from the final product. All these 

issues can be minimized with the use of some solid catalysts such as strong-acid ion exchange resins.  

About the synthesis of isoamyl propionate, Yu et al. (15) present a review of the use of various 

catalyst materials such as methane-sulfonate, sulfo-phenylphosphate of zirconium, several acidic 

ion-exchange resins, sulfopolivinil-chlorides, tin-chlorides, monohydrate of sodium-bisulfite, solid 

heteropolyacids, modified molecular sieves, references for the use of acids activated carbons, ion 

exchange resins based on titanium-, aluminum- iron-chlorides, and titanium-, iron-, aluminum- and 

cerium-sulfates. This work mentioned some advantages about the use of each catalyst.  

Erdem and Cebe (16) report data for the esterification kinetics of propionic acid with n-amyl alcohol 

under the catalytic action of the ion exchange resins: Amberlyst® 15, Amberlite® IR120, and Dowex® 

50W, all provided by the Dow Chemical Co. (17). Erdem and Cebe pointed out that  resin 

Amberlyst® 15 was the most effective catalyst presenting the highest values of reaction rates in the 

case of using resins without any pretreatment. Simultaneously, dried resins were evaluated to 

compare their catalytic activity on the same water content basis, in which the most effective resin 

was Dowex® 50W. Kinetic data were fitted to pseudo-homogeneous second order models, with 

correlation coefficients over 0.9991 for Amberlyst®-15 and 0.9914 for the Dowex®-50W. Diffusion 

effects for stirring speeds over 500 rpm and for different catalyst particle sizes, based on their 

commercial presentations, were no observed.  
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For similar esterification systems, here is a brief review from the open literature reports. Kotora et 

al. (18), provide information for propyl propionate synthesis by reactive distillation. In this paper 

the authors present data on composition profiles and operation of a continuous pilot-scale reactive 

distillation column, using the ion exchange super acid resin Amberlyst® 46 (17). However, the 

presented information does not involve the detailed description of VLL phase equilibrium and 

specific reaction kinetics and basically consists of data collection from the operation of a reactive 

distillation prototype column. Ameri et al. (19) present for the propanol-propionic acid esterification 

system, the use of membranes as an option for the selective removal of water from the reaction media 

to improve the reagent conversions and thus to obtain suitable purities of propyl propionate as 

principal product. Ajaikumar and Pandurangan (20) present results of the use of molecular sieves 

based on silicon and aluminum for the esterification of various acids and alcohols, including the 

isoamyl alcohol and the propionic acid, at different process conditions. Lee et al. (21) and Liu and 

Tan (22) present data for reaction kinetics with different resins of the Amberlyst® series (17) for the 

esterification of propionic acid with n-butanol. Küçük and Ceylon (23) make an approach to the fusel 

oil direct esterification with various carboxylic acids, including propionic acid, for the synthesis of 

mixtures of esters for the fragrances market. This paper also makes an approximate development of 

apparent kinetics for simultaneous esterifications.  

Other common esterification methods for producing isoamyl esters are the azeotropic esterification 

using specific dragging solvents (5), (10-11), and the trans-esterification of esters as the isoamyl 

acetate with isoamyl alcohol in the presence of specific catalysts, such as aluminum, titanium, tin or 

zirconium oxides. Moreover, for the synthesis of flavors and mixtures of different esters and 

particularly the isoamyl propionate, some works have also reported the enzymatic action of lipase 

over various substrates, in a direct synthesis option (4), (24), (25), (26), (27), (28). 

This work recognizes the acid esterification as the most viable isoamyl propionate synthesis 

pathway, based on the availability of raw materials and undemanding conditions of temperature and 

pressure for a possible compact production process. Finally, this work did not find any specific 

reports or data on reaction kinetics or production processes for the esterification of propionic acid 

with isoamyl alcohol. 
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1.3 Reactive distillation 

To achieve the purity exigencies of isoamyl propionate required by the food flavors and fragrances 

market (> 98.0 wt%), the conventional distillation operation, to perform the selective separation of 

reagents and products, should be considered for the improvement of the esterification reaction yields 

achieving the product specifications simultaneously. Due to an eventual integration of a reaction unit 

with a conventional distillation operation and understanding that this integration can be an energy-

demanding operation, the Reactive Distillation (RD) technology appears as possible process 

solution.  

Since the late 90's, the RD has been studied with special interest as a perfect example of process 

intensification (29), (30), (31), (32), (33), (34). The most outstanding example of RD implementation 

is the methyl acetate process by Eastman Co., where a train of eleven distillation units was replaced 

by only one reactive distillation column, with a cost reduction of 500% (35). Some of the main 

advantages of RD implementation include the overcoming of the chemical equilibrium limitations 

by simultaneous and selective separation of reagents and products, which allows the reduction in the 

use of reagents excesses, an eventual recycling of materials and the consequent diminution of the 

energy costs. Also, due to the selective control of the separation together with the natural 

evaporation/condensation dynamics inside the reactive column, it is possible to control unwanted 

side reactions and the position of possible hot-spots into the column which can favor the deactivation 

of a heterogeneous catalyst. Besides, when packed-heterogeneous catalysts are used a slight increase 

in the effective mass transfer area for separation is possible. All these advantages are finally 

translating into a reduction of resources investments and manufacturing costs (36).  

However, the RD implementation is only possible in the boiling range of the reaction mixtures, 

which cannot be the optimal conditions for the reaction kinetics. Thus, if the reaction rate is too low 

in the system boiling conditions, long retention times or an increased operational pressure are 

necessary, translated into large column diameters with high energy costs, together with unwanted 

effects in the phase equilibrium behavior, by the possible appearance of specific azeotropy 

phenomena due to changes in the operation pressure, and the favoring of unwanted side-reactions. 

On other hand, if the reaction rate is too high and the reaction is markedly exothermic (or 

endothermic), the natural distribution of vapor and liquid inside the column can reduce the separation 

efficiency, needing special or impractical construction requirements, including installation and 

control of additional side refrigerating (heating) equipment. Moreover, due to the possible high non-

linearity of the involved phenomena due to high no-lineal reaction mechanisms together with high 
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no-ideal behavior of vapor-liquid phase equilibrium, multiple steady states in continuous operations 

are possible, making necessary to robust control strategies, increasing the investments in 

instrumentation. Also, the RD conception can generate additional conditions for the conventional 

azeotropy phenomena, as the reactive azeotropy, which is possible in strictly ideal systems (37) with 

the same implications of the conventional azeotropy in the conventional distillation operations.  

1.3.1 Reactive azeotropy and residue curve maps 

The main limitation for a distillation-based operation is the presence of specific azeotropy 

phenomena. One way to define a conventional azeotropic point is through a mixture which 

evaporates without composition change, taking out any possibility of component separation. This is 

a singularity of the vapor-liquid phase behavior proper of each specific mixture at specific conditions 

of composition, temperature and pressure. In the same way, a limitation for the RD operations is the 

reactive azeotropy and in this case, a reactive azeotropic point is a mixture in which boil at constant 

composition at specific chemical reaction rate (37), (38). The existence of reactive azeotropy has 

been discussed mathematically by several authors like Ung and Doherty (39), and observed 

experimentally in some reports like in Bravo et al. (40) and Song et al. (41). 

Many methods for the analysis of the azeotropic phenomena and conceptual design of conventional 

distillation operations are based on the construction of the Residue Curves Maps (RCM), (37). 

Briefly, a residue curve is the composition profile of a perfectly mixed residual liquid in simple batch 

evaporation at constant pressure and exactly vapor-liquid phase equilibrium conditions. The 

mathematical model of this operation is represented by the differential equation system resulting 

after applying Eq. 1-1 to a specific evaporating mixture with n components (i = 1, 2…, n-1).  

𝒅𝒙𝒊

𝒅𝝃
= 𝒙𝒊 − 𝒚𝒊 (1-1) 

Here, xi and yi are the component i mole fractions in the liquid and vapor phases respectively, at 

phase equilibrium. The variable ξ is a warped time variable involving a specific evaporation regime. 

Thus, a residue curve is the composition profile resulting from the integration of the differential 

equation system of Eq. 1-1, which goes in the direction of increasing time, boiling temperature and 

the diminution of the volatility of the residual mixture. A group of different residue curves conform 

a residue curve map. An interesting aspect is the equivalence between the composition profile of a 

residual curve with the liquid composition profile of a distillation column with infinite equilibrium 

stages operating at total reflux (37). This aspect allows displaying the maximum separation potential 
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of a specific mixture through distillation. From a specific RCM it is possible to observe that certain 

sub-groups of residue curves start and end in the same composition points or nodes. These nodes are 

the singular values of Eq. 1-1 when dxi  / dξ  = 0 and the residual liquid compositions define a specific 

pure component or a specific azeotropic point. Different sub-groups of residue curves in a residue 

curves map define different distillation regions which, in general, demarcate the possible regions 

where a distillation column can operate. Mixtures or systems with an ideal vapor-liquid phase 

behavior or without presence of any azeotrope only have a unique distillation region, all the 

composition space. In the nodes vicinity, the behavior of a residue curve depends upon the specific 

eigenvalues of Eq. 1-1. In general, when all eigenvalues are negative the singular point is a stable 

node and it gets a maximum temperature in the proximity of a residue curve and the integration 

pathway ending in this node. When all eigenvalues are positive the singular point is an unstable node 

and it gets a minimum temperature in the proximity of a residue curve and the integration pathway 

starts from this node. For intermediate cases, the singular point is a saddle node and the residue 

curves move toward and then away from such node. This analysis defines the topological-

classification of a specific node in a RCM as it is discussed by Seader and Henley (42), and Doherty 

and Malone (37). Also, different distillation regions can be separated by a distillation boundary 

which is a hypothetical curve in the edge of different distillation regions.  

In the case of the reactive distillation, it is also possible to build a reactive residue curves map 

including a chemical reaction occurring in the residual liquid of the simple batch evaporation 

modeled, and with the same implications of the conventional residue curve to a conventional 

distillation operation where a specific chemical reaction is occurring along all reactive distillation 

column. The chemical reaction in the vapor phase can be neglected based on the density differences 

between the vapor phase and the liquid phase. It is expected that the reaction rate in the vapor phase 

is very small compared with the reaction rate in the liquid phase. Here, Eq. 1-1 can be rewritten for 

the reactive case into the Eq. 1-2. 

𝒅𝒙𝒊

𝒅𝝃
= 𝒙𝒊 − 𝒚𝒊 +𝑫𝒂. (𝝊𝒊 − 𝝊𝑻𝒙𝒊). Ʀ  (1-2) 

Here, υi and υT are the component i and total stoichiometric coefficients of reaction, respectively (υT  

= Σ υi). Ʀ ≡ r/r0, is the dimensionless rate of liquid-reaction scaled by a reference reaction rate, r0. 

Da is the Damköhler dimensionless number giving the ratio of the characteristic process time to the 

characteristic reaction time (37).  
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For the limit case Da → 0, the chemical reaction rate is negligible concluding a conventional residue 

curve map. For the limit case Da → ∞, the chemical reaction achieves chemical equilibrium 

conditions instantly concluding a reactive residue curves map. In this limiting case, all residue curve 

compositions are confined to be integrated through the chemical-equilibrium compositions only, as 

it is possible to observe in Figure 1-4 for a typical chemical equilibrium composition surface for a 

general esterification reaction in a quaternary composition field, at a tri-dimensional orthogonal 

system (Ʃxi = 1). Finite values of Da indicate intermediate states.  

 

Figure 1-4. Example of a typical chemical equilibrium composition surface for a generic 

esterification-type reaction in the form Acid + Alcohol ↔ Ester + Water, for a finite value of Keq. 

As conventional residue curves maps, the nodes in a reactive residue curves map are the singular 

values of Eq. 1-2, where the residual liquid compositions come from a specific pure component or 

from a specific reactive or conventional azeotropic point. These singular points satisfy the Eq. 1-3 

for any component i. 

𝑫𝒂. Ʀ = −
𝒙𝒊−𝒚𝒊

(𝝊𝒊−𝝊𝑻𝒙𝒊)
  (1-3) 

When Da → ∞ in Eq. 1-3 and the mixture does not refer to a pure component, the singular point is 

often named like a reactive azeotrope in chemical equilibrium. When Da has a finite value in Eq. 1-

3, the singular point is often named like a kinetic reactive azeotrope. 
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For the better understanding of the reactive azeotrope conception, it is possible to use a 

phenomenological approximation. In the doctoral dissertation and other works of S. Hauan (43), 

(44), (45) (46), the composition changes in a reactive distillation column are conceptualized by the 

sum of three fundamental phenomena occurring simultaneously: mixing, separation (by evaporation) 

and chemical reaction. Each phenomenon can be represented by vectors with specific magnitude and 

direction, interacting in a specific composition point of a delimited and continuous vector field tied 

to a specific phase or control volume. The vector field is defined by all possible mixture compositions 

and for this, it is appropriate to use a mole or mass fraction-basis. Geometrically, a vector field is 

equivalent to a composition space of a residue curves map. Using the definition Σ xi = 1 for the liquid-

phase mole fractions, a vector field for a binary system can be represented in one dimension by a 

straight line, for a ternary system can be represented in two dimensions by a triangle and for a 

quaternary system can be represented in three dimensions by a tetrahedron and so on.  

For the liquid phase in a RD column for example, the magnitude of the mixing vector refers to the 

sum of the proportions of the stream flows, or holdups, involved in a specific mixing process, that 

is, the specific mixing of a liquid column feed flow with a specific liquid flow inside the column, in 

a specific point of the liquid composition profile inside the column. The direction of the mixing 

vector refers to the composition of the feeding stream mixing at the same composition point. For the 

separation phenomenon, the vector magnitude refers to the effective mass transfer rate of the vapor 

phase with respect to the liquid phase and the vector direction refers to the effective separation 

compositions that the vapor-liquid phase equilibrium dictates or other specific mass transfer 

mechanism. This conceptualization of the evaporation phenomenon agrees with the theory of the 

residue curves maps assuming vapor-liquid phase equilibrium and the direction of the separation 

phenomena is consistent with the direction in which the residue curves increase with the integration 

time. Finally, for the chemical reaction phenomenon, the vector magnitude refers to the effective 

reaction rate at specific conditions of composition point, temperature and pressure, and the vector 

direction refers to the reaction stoichiometry based on the direction in which the reaction achieves 

chemical equilibrium. Thus, for a reaction limited by the chemical equilibrium, the reaction 

phenomenon has two directions over the stoichiometry pathway: one, in the direction of direct 

reaction and the other in the direction of reversible reaction, and it is strictly zero in the chemical 

equilibrium condition (chemical equilibrium constant, Keq = finite value different from zero). 

Obviously, each phenomenon vector can take singular values by zero magnitude and/or zero 

direction. For the mixing phenomenon, magnitude zero symbolizes that the flows of the feeding 

streams are negligible and direction zero symbolizes the mixing of streams with the same 
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composition. For the separation phenomenon by evaporation, magnitude zero symbolizes non-

effective mass transfer, from and unto the analyzed phase or one phase flow, and vector direction 

zero symbolizes the evaporation of a pure component or an azeotropic mixture. For the chemical 

reaction phenomenon, a magnitude zero symbolizes the achieving of reaction chemical equilibrium 

or a negligible reaction rate, and direction zero means that the chemical reaction does not proceed in 

the composition space.  

Under the definitions in this RD conceptualization, a singular or fixed point occurs when the vector 

sum of these three phenomena is strictly zero in a specific composition point. Here, it is important 

to note that systems with ideal vapor-liquid phase behavior can present reactive azeotropy when a 

chemical reaction is allowed and that a conventional azeotrope can be obviated when a chemical 

reaction is allowed or when a mixing phenomenon is properly performed, as in the case of the 

azeotropic and extractive distillation operations.  

In the non-presence of mixing phenomena, as in the case of a reactive distillation column at total 

reflux operation, a reactive azeotrope occurs in a specific composition point of a residual mixture at 

phase equilibrium with specific conditions of temperature and pressure, when the magnitude of the 

separation vector is the same of the reaction vector but with the exactly opposite direction; thus, in 

some way, whereas an azeotrope is a vapor-liquid equilibrium singularity, a reactive azeotrope is an 

operational singularity.   

From this approach, it is possible to build up curves where the reactive azeotropy can be found by 

analyzing the direction of the simultaneous separation and reaction phenomena. If in a specific 

residue curves map the stoichiometric lines of a specific chemical-equilibrium limited reaction with 

its respective directions are superimposed, it is possible to find specific composition points where 

both lines are tangential with opposite directions, partial condition for a fixed point occurrence.  

A schematic example of this analysis for the prediction of reactive azeotropy is presented in Figure 

1-5 for a ternary reaction in the form A + B ↔ 2C limited by the reaction chemical-equilibrium (Keq 

= finite value different from zero) and exhibiting an ideal vapor-liquid phase equilibrium with the 

pure component volatilities in the form A > B > C.  
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Figure 1-5. Interaction between reaction and evaporation phenomena for the chemical reaction A + 

B ↔ 2C. Stoichiometric lines (►), residue curve (►), reaction chemical-equilibrium curve at Keq  

(▬), reactive azeotropy curve (▬), kinetic reactive azeotrope (○), reactive azeotrope at chemical-

equilibrium (●). 

The stoichiometric lines in this case are parallel and are originated at an infinity composition node 

(υT = 0), (43). The reaction chemical-equilibrium curve in Figure 1-5 is formed by the all possible 

chemical-equilibrium compositions at Keq, at the conditions of vapor-liquid phase equilibrium 

(boiling temperatures and operation pressure). The ternary residue curves in Figure 1-5 are the 

residual composition profiles resulting from solving Eq. 1-1 for the ideal ternary system composed 

by A, B and C, and as they are portrayed in this example, for five specific integration-pathways. The 

reactive azeotropy curve is formed by the composition points where the stoichiometric lines are 

tangential to the residue curves and in opposite directions. The (○) nodes on the reactive azeotropy 

curve are the composition points where a kinetic reactive azeotrope can exist for a specific 

composition point at specific conditions of temperature and pressure. The (●) node on the reactive 

azeotropy curve is the composition point where a reactive azeotrope can exist simultaneously at 

reaction chemical-equilibrium conditions. 
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For the reactive azeotrope at chemical-equilibrium reaction identified in Figure 1-5 (Da → ∞), while 

the mass transfer mechanism indicates that the components A and B must leave the liquid phase by 

evaporation at an infinitesimal mass transfer rate, at the same conditions it is possible that the 

chemical reaction consumes the achieved excess of C to produce A and B and return to the chemical-

equilibrium reaction state in a similar infinitesimal reaction rate and not showing an effective 

composition change in the liquid phase. In the same way, as the residual mixture loses C, the boiling 

temperature decreases and the components A and B returning to the liquid phase in an infinitesimal 

mass transfer rate to achieve again the vapor-liquid equilibrium state. In response the chemical 

reaction consumes the achieved excess of A and B to produce C in a similar infinitesimal kinetic rate 

and maintain the chemical-equilibrium reaction state. If this reaction/evaporation dynamics is 

maintained, the mixture presents the typical behavior of an azeotropic mixture. For other scales of 

mass transfer and reaction rates (Da = finite value different from zero), the occurrence of kinetic 

reactive azeotropes is possible. 

1.3.2 Reactive distillation design 

Almeida-Rivera et al. (47) grouped into three categories the methods used to design and analyze 

distillation and reactive distillation operations, based on general topological-graphs, direct model 

optimization, and based on heuristics. The topological-graphs methods are useful for preliminary 

and conceptual designs and they sift quickly and reduce the space of possible operation solutions, 

viewing the disabilities options in a graphic field representing the separation and reaction 

phenomena, together or separately. Some of the main considerations of the topological-graphs 

methods of the residue curve mapping technique and the phenomena-based approach have been 

presented in the previous section. However, these methods have strong limitations due to their 

graphic character and the used assumptions in their conceptions for systems with more than five 

components, multiple reactions, details on the operation specifications and additional considerations 

of their application to systems with these characteristics should be made. A summary of graphics or 

topological methods developed by various researchers are found in: 

-. The statics analysis, (48). 

-. Residue curve mapping technique, (49), (50), (51), (52), (53), (54), (55), (56), (57), (58), (59), 

(60), (61). 

-. Attainable region technique, (62), (63), (64). 
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-. Fixed-point algorithm, (52), (53), (59), (60), (61), (65) (63), (66), (67), (68). 

-. Reactive cascades, (64), (69), (70). 

-. Thermodynamics-based approach, (68), (71), (72). 

-. Conventional graphical techniques, Pochon-Savarit and McCabe-Thiele methods (42). 

-.  Phenomena-based approach, (43). 

-. Scalar / vectorial difference points technique, (46). 

The optimization and heuristic methods are based on rigorous and optimized solutions of detailed 

operation models with techniques of nonlinear programming and typical heuristics. A complete 

review about the modeling of reactive distillation operations is presented in the works developed by 

Taylor and Krishna (36) and Seader and Henley (42). Basically, there are two fundamental 

approaches, based on the concept of equilibrium and non-equilibrium stage or also called theoretical 

and rate-based models, respectively. The first one assumes phase equilibrium conditions between 

each bulk vapor-liquid phases in contact in each theoretical stage in a distillation column, viewing 

each phase as perfectly mixed mixture. The second one takes into account specific mass transfer 

rates between each bulk vapor-liquid phases and the specific vapor-liquid interface, where only there 

exist phase equilibrium conditions. Both approaches are based on material and energy balances per 

stage using specific expressions for the evaluation of the Material balance, phase Equilibrium and 

mass transfer rates, mole fraction Summations and energy or enthalpy (H) balance per stage, forming 

the so-called MESH equations. Although the rate-based models try to increase the accuracy of the 

model eliminating the use of the stage-efficiency and equivalent-height concepts of the theoretical 

stage models, these models require specific correlations for the calculation of mass transfer rates into 

the model for specific physical properties of the involved phases and specific geometric and generic 

configurations of column trays or packages. These correlations need to be evaluated from the 

performance of extra experimental work which sometimes is not available in the open literature. 

However, the theoretical stage models are useful for preliminary and detail operation designs and 

the rate-based models are sited preferentially in the detail-design of distillation columns only.  

Thus, the optimization methods are related with the use of robust mathematical solvers or the use of 

specific chemical engineering software as Aspen Plus® (73), with its own advantages and limitations. 

Besides, the optimization methods are suitable for optimization and finally controllability studies of 

the operation. Also, Almeida-Rivera et al. (47), suggest a multiple stage approach methodology to 
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the reactive distillation operation design. Eventually, this approach is a combination in the 

preliminary design steps of the use of conceptual and topological design methods and the use of 

detail design methods for the final steps. 

1.4 Conclusion 

Finally, this work recognizes that acid esterification of propionic acid with isoamyl alcohol obtained 

from the fusel oil as a perfect system candidate to be implemented in a reactive distillation operation. 

The normal boiling points of the involved components are presented in Table 1-4 and from there it 

is possible to observe that esterification reaction could be implemented easily in this boiling 

temperature range (373-433 K; 100-160 °C).  

Table 1-4. Pure component normal-boiling temperatures, for the acid esterification of propionic acid 

with isoamyl alcohol system (NIST-2010), (74).  

Component Boiling temperature (K - °C) 

Isoamyl alcohol 404 ± 2 (131) 

Propionic acid 414 ± 1 (141) 

Isoamyl propionate 433.3 ± 1 (160.2) 

Water 373.17 ± 0.04 (100.02) 

 

Also, the esterification reactions are generally not markedly exothermic or endothermic and can be 

described by simple reaction models. However, the main issues to take into account in a reactive 

distillation operation design is the complete description of the vapor-liquid phase equilibrium, the 

esterification reaction kinetics and its interactions with the most adequate mathematical models to 

be used with specific designing methods to balance and validate all possible advantages of the RD 

operation implementation. The results presented below, try to elucidate all these issues.   



 

 
 

2. Vapor-Liquid-Liquid Phase Equilibrium 

Below, the analysis of the Vapor-Liquid-Liquid (VLL) phase equilibrium of the quaternary system 

isoamyl alcohol, propionic acid, isoamyl propionate and water is presented as basic phenomena 

which support the design of any distillation-based operation. A simple approach to perform this study 

is through the separate analysis of the VLL phase equilibrium of the sub non-reactive and reactive 

binary systems. VLL phase equilibrium of the non-reactive binary systems, isoamyl alcohol-water 

and propionic acid-water, have been experimentally studied by several researchers in the past. Some 

reports on the isoamyl alcohol-water VLL phase equilibrium were presented by Zong et al. (75) (VL 

data at 101.00 kPa), Andiappan and McLean (76) (VL data at 101.32 kPa) and Stephenson et al. (77) 

(LL data at 101.32 kPa). In the case of the non-reactive binary system propionic acid-water there are 

experimental VL equilibrium reports by Peng et al. (78) (VL data at 101.33 and 133.30 kPa), Sako 

et al. (79) (VL data at 101.33 kPa), AmerAmezaga (80) (VL data at 101.32 kPa), Kushner et al. (81) 

(VL data at 101.32 kPa), Miyamoto et al. (82) (VL data at 343.2 K) and Rafflenbeul and Hartmann 

(83) (VL data at 373.15 K). Phase equilibrium on the reactive binary systems, isoamyl propionate-

water and isoamyl alcohol-propionic acid have been studied in the specific works of Stephenson and 

Struart (84) (LL data at 101.32 kPa) and AmerAmezaga (80) (VL data at 101.32 kPa), respectively. 

The experimental data of all previously reported works were consulted from NIST Thermo Data 

Engine (TDE utility) available within the chemical engineering software Aspen Plus® 7.3 (73) and 

they were used to obtain specific parameters for its phase equilibrium description.  

Among the binary systems necessary to construct a complete phase equilibrium representation for 

the isoamyl propionate esterification system there are no experimental reports in the open literature 

for the no-reactive binary systems isoamyl alcohol-isoamyl propionate and propionic acid-isoamyl 

propionate. In this regard, this work has developed an experimental evaluation of isobaric VL 

equilibrium for these non-reactive binary systems at 50.00, 101.33 and 150.00 kPa. The experimental 

considerations for the VL equilibrium apparatus and procedure used for obtaining the missing VL 

equilibrium data for the binary systems propionic acid–isoamyl propionate and isoamyl alcohol–

isoamyl propionate are described below. 
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In order to validate the quality of the collected VLL experimental data several Thermodynamic 

Consistency (TC) tests, based on the Gibbs-Duhem equation and its thermodynamic implications, 

have been published over the years (85), (86), (87), (88), (89), (90), (91), (92), (93), (94), (95), (96), 

(97). In this work, the approving criteria for the use of the point, total area and infinite dilution TC 

tests presented by Kurihara et al. (88), together with the evaluation and regression utilities available 

in the software Aspen Propierties® 7.3, were used. This selection based on recommendations of the 

National Institute of Standards and Technology (74), as a representative international institution for 

the promotion of innovation and industrial competitiveness by advancing measurement science, 

standards, and technology. The VLL collected data for the isoamyl alcohol-isoamyl propionate and 

propionic acid –isoamyl propionate no-reactive binary systems were correlated with the NRTL-

based phase equilibrium model and published elsewhere as partial result of this work (98). Thus, the 

VLL equilibrium modeling for each sub-binary system using the experimental data available is 

finally presented. 

2.1 Experimental  

2.1.1 Materials 

The materials used in the development of the experimental work of this chapter were propionic acid 

(>99.5 wt%, assay GC) purchased from Merck KGaA; isoamyl propionate (>99.0 wt%, assay GC) 

purchased from Ventós S.A; isoamyl propionate analytical standard was provided by SAFC KGaA. 

1,4-Dioxane (>99.8 wt%, assay GC) and Tetrahydrofuran (>99.8 wt%, assay GC) were used as 

internal standard and solvent for chromatographic analyses respectively and were provided by Merck 

KGaA. Finally, Isoamyl alcohol (purchased as 3-methyl-1-butanol) was supplied by J.T. Baker 

(technical data sheet indicated >99.5 wt%).  

According to the presence of isoamyl alcohol isomers in the fusel oil and consequent presence of the 

isoamyl propionates isomers, as it was described briefly in section 1.1 and 1.2, the GC analysis 

performed and described below in section 2.1.2, only pointed out a single peak in purchased alcohol 

and ester. However, further GC analysis using a different column (HP-1 cross-linked methyl 

siloxane, 50 m, 0.32 mm ID, film thickness 1.05 µm) showed for the isoamyl alcohol used in the VL 

experimentation, two adjacent peaks with a height ratio of 7:1 for the 3-methyl-1-butanol and 2-

methyl-1-butanol, respectively (see Appendix A). Because commercial isoamyl alcohol for 

industrial application usually contains the isomers mixture and considering that their mutual relative 

volatility is almost one (9), in the following analyses the isoamyl alcohol was assumed as a single 

http://en.wikipedia.org/wiki/Metrology
http://en.wikipedia.org/wiki/Technical_standard
http://en.wikipedia.org/wiki/Technology
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component based on the 3-methyl-butanol content and for design purposes only. Commercial 

isoamyl propionate was purified to 99.8 wt% by distillation in a laboratory batch system. Further 

GC analysis with the same column described above also indicated the presence of two adjacent peaks 

for 3-methyl-1-butyl propionate and 2-methyl-1-butyl propionate with a height ratio of 5:1, 

respectively (see Appendix A). In the same way that the isoamyl alcohol and for design purposes 

only, the composition of these ester’s isomers will be treated as a single component based on the 3-

methyl-1-butanol propionate content. A summary of components used in VL experiments is 

presented in Table 2-1.  

Table 2-1. Summary of components used in VL experiments. 

  Component  Source Additional 

purification  

Method 

Final 

purity 

(wt%) 

Measurement method 

Propionic acid  

 

Merck KGaA Non >99.5 GCa 

Isoamyl alcohol 

 

J.T. Baker Non >99.5 GC (Section 2.1.2) 

Isoamyl propionate Ventós S.A. Simple batch 

Distillation 

>99.8 GC (Section 2.1.2) 

1,4-Dioxane 

(GC internal standard) 

Merck KGaA Non >99.8 GCa 

Tetrahydrofuran 

(GC solvent) 

Merck KGaA Non >99.8 GCa 

  a Source report 

Thus, the binary mixtures isoamyl alcohol –isoamy propionate and propionic acid – isoamyl 

propionate studied experimentally in this chapter were in fact ‘pseudo binary’ mixtures because of 

the presence of such isomers. However, the pseudo-pure component approach has been widely used 

for dealing with phase equilibrium including multicomponent mixtures (99), (100), (101), (102).  

2.1.2 Sample analysis 

The composition of liquid and condensed vapor phases at equilibrium conditions was determined by 

GC using a Shimadzu Gas Chromatographer 2010 equipped with an automatic injector, a SGE 

column (BP20, 30 m - 530 µm ID – 0.5 µm) and a flame ionization detector (FID at 280 °C). The 

initial oven temperature was programmed at 50 °C for 4 minutes, with heating velocities of 2 °C/min, 

rising up to 80 °C and 30 °C/min up to 230 °C holding for 3 minutes. The injection port temperature 

was maintained at 280 °C using split injection mode adjusted to 5 (split ratio). In each analysis, 1 µL 

of sample was injected. Helium was used as carrier gas at 1.91 mL/min. VL samples of around 100 

mg were diluted in tetrahydrofuran, in a 8.2:1 solvent to sample mass ratio. Around 80 mg of 1,4-
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Dioxane were added in each sample as internal standard. After calibration of GC technique, an 

average error of ± 0.020 in mole fraction of each component was found and this value was used as 

maximum deviation in the regression cases. Details of the GC technique performed are presented in 

the Appendix B. 

2.1.3 Vapor-Liquid apparatus and measurement procedure 

The isobaric equilibrium cell used in the VL equilibrium measurements has been discussed and 

described in detail by Duran et al. (103), and an explicative schema for the apparatus used is 

presented in Figure 2-1. In brief, the equilibrium cell is an all-glass dynamic-recirculation still 

equipped with a Cottrell circulation pump (Labodest® VLE 602D from i-Fischer Engineering 

GmbH), with a digital temperature logging module DTM5080, a Pt 100 resistance thermometer 

TMG model WK 93 with accuracy estimated to be ± 0.01 K and a precision pressure transmitter 

(WIKA, model P-10) to measure and control the pressure in the equilibrium cell with accuracy of ± 

0.01 kPa, as indicated by the supplier. 

During the VLE evaluation, the experimental procedure started loading the equilibrium cell with one 

of the pure components of each binary system studied. The second component was charged in a 

reservoir vessel attached to the equilibrium cell. For each VLE point, the pressure was fixed at a 

specific value supported by the control of a slight flow of nitrogen over the top of the apparatus-

circulating lines. Then, the heating and stirring of the liquid phase was turned on. Liquid phase and 

condensed vapor flows were monitored to ensure adequate recycling and good mixing. The cell was 

operated at constant pressure until equilibrium was reached. Equilibrium condition was assumed 

when constant temperature and pressure were maintained for 30 minutes or longer. The stability of 

temperature and pressure measurements were verified by obtaining in situ statistical control charts. 

Then, samples of liquid and condensed vapor were taken for analysis without disruption in the 

pressure of the equilibrium cell, closing line-sample valves. For the subsequent VL points, a quantity 

of the second component was added from the side reservoir to obtain a new overall composition and 

the procedure of equilibrating and sampling were repeated every time. Experiments were carried out 

at 50.00, 101.33 and 150.00 kPa, and around 27 to 45 experimental points were obtained for each 

pressure. To obtain the uncertainty of the composition measurements, a binary mixture of a specific 

composition was evaluated several times in the equilibrium cell under the same pressure, according 

with the procedure described before. 
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Figure 2-1. Schematic diagram of the equilibrium cell VL apparatus used in isoabaric vapor-liquid 

experimentation. 

Description of Figure 2-1: 

Number Description 

1 valve: pressure equilibrium to sample tube no. 11 (liquid phase sample) 

2, 5 ventilation valve 

3 outlet valve for the liquid sample 

4 valve: pressure equilibrium to sample tube no. 12 (vapor phase sample) 

6 outlet valve for the vapor sample 

7 discharge valve 

8, 10 septum for vapor sample collection 

9 septum for liquid sample collection 

11 sample tube liquid phase 

12 sample tube vapor phase 

13 solenoid: liquid sample (FC, flow controller) 

14 solenoid: vapor sample (FC, flow controller) 

15 electrical immersion heater 

16 Pt-100: liquid temperature sensor 

17 Pt-100: vapor temperature sensor 

18 Pt-100: temperature control of heated tube (condensed vapor reflux) 

19 Pt-100: temperature control of heated isolation jacket 

20 PTFE stirrer bar 
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2.2 Vapor pressure modeling 

Despite the availability of vapor pressure data for the isoamyl alcohol, propionic acid, isoamyl 

propionate and water reported in the open literature, the measurement of the vapor pressures for 

propionic acid and isoamyl propionate was done in order to test the performance and reliability of 

the equilibrium cell used in VL experimentation. The vapor pressure data were also collected using 

the same VL equilibrium apparatus with a similar procedure for VL equilibrium measurements 

described before, for a pure substance without sampling. At least nineteen data points were taken 

between 20.00-200.00 kPa for each component and the experimental results are listed in Table 2-2 

with the typical uncertainty (u) of the measurements performed. The collected data was regressed 

for an extended Antoine equation in the form of the Eq. 2-1 for five regression parameters (B1, B2, 

…, B5) and using the regression utilities of Aspen Plus® 7.3. The regressed parameters with their 

standard deviation, along with the parameters used for isoamyl alcohol and water, are listed in Table 

2-3. 

𝐥𝐧(𝑷𝒔𝒂𝒕/𝑷𝒂) = 𝑩𝟏 +
𝑩𝟐

(𝑻/𝑲)
+𝑩𝟑𝐥𝐧 (𝑻/𝑲) + 𝑩𝟒(𝑻/𝑲)

𝑩𝟓 (2-1) 

Table 2-2. Vapor pressures measured for propionic acid and isoamyl propionate a.    

Propionic acid Isoamyl propionate 

P (kPa) T (K) P (kPa) T (K) 

20.00 368.83 20.00 381.77 

30.00 378.94 30.00 393.43 

40.00 386.59 40.00 402.13 

50.00 392.77 50.00 409.26 

60.00 397.99 60.00 415.18 

70.00 402.56 70.00 420.42 

80.00 406.60 80.00 425.06 

90.00 410.26 90.00 429.43 

101.33 414.01 101.33 433.87 

110.00 416.68 110.00 437.07 

120.00 419.53 120.00 440.36 

130.00 422.18 130.00 443.47 

140.00 424.67 140.00 446.39 

150.00 427.01 150.00 449.17 

160.00 429.23 160.00 451.75 

170.00 431.36 170.00 454.42 

180.00 433.37 180.00 456.84 

190.00 435.31 190.00 459.15 

200.00 437.16 200.00 461.35 
a For propionic acid: u(P)=0.01 kPa, u(T)=0.01 K; for isoamyl propionate: u(P)=0.01 kPa, 

u(T)=0.09 K. 
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Table 2-3. Parameters for vapor pressures calculations of isoamyl alcohol, propionic acid, isoamyl 

propionate and water, according with Eq. 2-1. 

Component 

Isoamyl 

alcohola 

Propionic acidb 

(σ) 

Isoamyl 

propionateb 

(σ) 

Watera 

Parameter     

B1 117.0700 71.8183 (1.389) 61.5293 (2.156) 73.6490 

B2 -10743.0000 -8019.1195 (80.175) -7376.4659 (129.355) -7258.2000 

B3 -13.1650 -6.8021 (0.198) -5.4343 (0.306) -7.3037 

B4 1.1670E-17 1.2980E-17 (0.000) -6.2010E-17 (0.000) 4.1700E-06 

B5 6.00 6.00 (fixed) 2.00 (fixed) 2.00 

Minimum temperature (K) 155.95 368.83 381.77 273.16 

Maximum temperature (K) 577.20 437.16 461.35 647.10 
a Taken from Aspen Plus® 7.3 data bases; b Regressed in this work. 

The vapor pressure predictions obtained with Eq. 2-1 and using the regressed parameters from Table 

2-3, were compared with pressure correlations existing in Aspen Plus® 7.3 databases in the same 

temperature interval. The maximum deviations for the propionic acid and isoamyl propionate vapor 

pressures were 0.004 kPa and 0.600 kPa respectively, suggesting the correct operation of the 

equilibrium cell. The normal boiling points predicted by the parameters of Table 2-3 were according 

to the normal boiling points reported in the Table 1-4. 

2.3 Thermodynamic consistency tests and VLL equilibrium 

modeling 

The VL equilibrium data collected for the binary systems under study were in the form of isothermal 

and isobaric VL data sets, P-x-y data and T-x-y data respectively, together with specific LL data sets 

for the isoamyl alcohol – water and isoamyl propionate – water binary systems. The isobaric data 

were preferentially used over the isothermal data based on that isobaric data represent more 

adequately the possible operating conditions in a distillation column working at a specific operation 

pressure, for different evaporation temperatures at a specific pressure drop, which is expected to be 

close to atmospheric pressure at first instance.  

The quaternary esterification system analyzed here is composed by polar components exhibiting 

important non-idealities in their vapor and liquid phases with the presence of vapor-phase associated 

compounds (propionic acid) and partial liquid-miscibility phenomena. According to the 

recommendations of Carlson (104), adequate models for the vapor and liquid phase modeling must 

be based on specific equations-of-state (EOS) as for example the Hayden-O´Connell (105) or 

Nothnagel (106) approaches, and specific activity coefficient equations as NRTL (107) or 
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UNIQUAC (108). A brief summary about the TC tests performed and the VL modeling of the binary 

isobaric VL and LL equilibrium data collected is presented below. 

The measured and relevant collected VL data were used to calculate experimental activity 

coefficients by using Eq. 2-2, neglecting the pressure effects on the liquid phase fugacity, taking into 

account the low pressure range analyzed in the experimentation and expected to be used in a possible 

distillation operation. The calculated experimental activity coefficients were used to perform the TC 

tests and the regression of binary interaction parameters for the NRTL model as one of the best 

options to model the liquid phase non-idealities. 

 𝛾𝑖 =
𝛷𝑖 𝑦𝑖 𝑃

𝑥𝑖  𝑃𝑖
𝑠𝑎𝑡    (2-2) 

As it was mentioned before, the assumption of ideal behavior in the vapor phase is not adequate due 

to the presence of propionic acid in the reactive mixtures, which shows vapor-phase association at 

low pressures (109). In order to describe the ideal deviations of the vapor phase of all binary systems, 

the Hayden-O’Connell EOS was used to calculate the vapor fugacity coefficient (Φi).  

Table 2-4. Pure component and binary interaction parameters used with the Hayden-O’Connell 

equation-of-state (105). 

Component Isoamyl alcohol Propionic acid Isoamyl propionate Water 

Parameter     

Dipole moment (J.m3)0.5 5.8493E-25 5.5365E-25 5.8534E-25 5.8493E-25 

Radius of gyration (m) 3.6360E-10 3.1070E-10 4.5753E-10 6.1500E-11 

Critical pressure (kPa) 3930.00 4668.00 2460.00 22064.00 

Critical temperature (K) 577.20 600.81 611.00 647.10 

 

Binary Interaction Parameters 
 

Isoamyl alcohol 0.0 0.0 0.0 0.0 

Propionic acid 0.0 4.5 0.0 2.5 

Isoamyl propionate 0.0 0.0 0.0 0.0 

Water 0.0 2.5 0.0 1.7 

 

For the use of Hayden-O’Connell EOS, pure component parameters as critical pressures and 

temperatures, radius of gyration, dipole moment and specific binary interactions parameters based 

on the self-association and cross interactions of the components, are necessary. Some of these 

parameters were found in the same Aspen Plus® 7.3 databases. However, the dipole moment for the 

isoamyl propionate and the binary interaction parameters for alcohol-alcohol, alcohol-acid, alcohol-

ester, alcohol-water, acid-ester, ester-ester and ester-water interactions were not available. To predict 

the isoamyl propionate dipole moment the procedure described by Sheldon (110) was used. The 
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missing binary interaction parameters were assumed to be zero and only the self-association of the 

acid-acid, water-water and the interaction acid-water were taken into account. Table 2-4 summarizes 

the pure component and binary interaction parameters used in Hayden-O´Connell EOS. As 

mentioned before, vapor pressures of pure components were calculated using parameters of the Table 

2-3 in Eq. 2-1 for each component. 

The TC tests were performed in order to estimate the quality of measured and collected isobaric VL 

data and to perform a preliminary qualitative data reductions. These tests do not necessarily have to 

be approved for the specific isoamyl alcohol – isoamyl propionate and propionic acid – isoamyl 

propionate systems because in fact, this experimental work is dealing with a multicomponent 

mixtures that they are modeled as a ‘pseudo-binary’ mixtures based on isoamyl alcohol and isoamyl 

propionate content; however, the TC tests for all systems with VL data were performed in order to 

identify data outside of trend and improve the modeling reliability.  

The TC tests described by Kurihara et al. (88) are composed by point, total area and infinite dilution 

tests. For isobaric data and miscible binary mixtures, the fundamental equations of these tests are 

showed in Table 2-5 together with the approving criteria suggested by Kurihara et al. 

Table 2-5. Thermodynamic consistency fundamental equations and approving criteria from 

Kurihara et al. (88), for isobaric miscible binary systems. 

 Point test  Area test Infinite dilution test 

𝛿𝑘
∗ = [

𝜕(𝐺𝐸/𝑅𝑔𝑇)

𝜕𝑥1
− 𝑙𝑛 (

𝛾1
𝛾2
)

− 𝜀]
𝑘

 

𝐴∗ = ∫ 𝑙𝑛 (
𝛾1
𝛾2
)

1

0

𝑑𝑥1 +∫ 𝜀
1

0

𝑑𝑥1 
𝐼1 = 100 |

𝐺𝐸/(𝑅𝑔𝑇𝑥1𝑥2) − 𝑙𝑛 (
𝛾1
𝛾2
)

𝑙𝑛 (
𝛾1
𝛾2
)

|

𝑥1=0

 

𝛿 =
100∑ |𝛿∗|𝑁𝐷

𝑘=1

𝑁𝐷
 

𝐴 = 100|𝐴∗| 

𝐼2 = 100 |
𝐺𝐸/(𝑅𝑔𝑇𝑥1𝑥2) − 𝑙𝑛 (

𝛾2
𝛾1
)

𝑙𝑛 (
𝛾2
𝛾1
)

|

𝑥2=0

 

𝑊ℎ𝑖𝑡: 𝜀 = −(
𝐻𝐸

𝑅𝑔𝑇
2)(

𝜕𝑇

𝜕𝑥1
)
𝑃

 

Approving criteria 

𝛿 < 5 𝐴 < 3 𝐼1 < 30 

𝐼2 < 30 
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Additionally, the tool for TC available in Aspen Plus® 7.3 was used with the default area tolerance 

of 10%. According to the suppliers, the integrated test is quite similar to the Redlich-Kister area test 

(92) and the approving criterion is reached when the absolute value of the test result is under the 

selected tolerance. 

With the experimental activity coefficients obtained from the Eq. 2-2, the relations ln(γ1/ γ2) and 

GE/RgT for each experimental VL point were calculated. The GE/RgT relation is obtained from the 

Gibbs-Duhem equation form, GE/RgT = Σ xi ln(γi). To perform TC tests, it is necessary to obtain 

regressed expressions for these experimental relations. In this work, Margules-type, extended 

Redlich-Kister and NRTL-based expressions were evaluated. The expressions finally used to report 

the tests results were based on the NRTL model and they are showed in Eq. 2-3 and 2-4 for the 

relations GE/RgT and ln(γ1/γ2), respectively. Specifically, to calculate the parameters τi.j and Gi.j, the 

standard expressions of Eq. 2-5 and 2-6 were used for four adjustable parameters (Ci.j, Di.j) and 

assuming αi.j = αj.i with the recommended constant values of Table 2-6, depending on the non-ideality 

of each specific binary system. As suggested by Kurihara et al. (88), the regression cases to obtain 

the regressed parameters of Eq. 2-3 and Eq. 2-4 were independent, as denoted with the superscripts 

Q and R. 

𝑮𝑬

𝑹𝒈𝑻
= 𝒙𝟏𝒙𝟐 [

𝝉𝟐,𝟏
𝑸
𝑮𝟐,𝟏
𝑸

𝒙𝟏+𝒙𝟐𝑮𝟐,𝟏
𝑸 +

𝝉𝟏,𝟐
𝑸
𝑮𝟏,𝟐
𝑸

𝒙𝟐+𝒙𝟏𝑮𝟏,𝟐
𝑸 ] (2-3) 

𝒍𝒏 (
𝜸𝟏

𝜸𝟐
) = 𝒙𝟐

𝟐 [𝝉𝟐,𝟏
𝑹 (

𝑮𝟐,𝟏
𝑹

𝒙𝟏+𝒙𝟐𝑮𝟐,𝟏
𝑹 )

𝟐

+
𝝉𝟏,𝟐
𝑹 𝑮𝟏,𝟐

𝑹

(𝒙𝟐+𝒙𝟏𝑮𝟏,𝟐
𝑹 )

𝟐] − 𝒙𝟏
𝟐 [𝝉𝟏,𝟐

𝑹 (
𝑮𝟏,𝟐
𝑹

𝒙𝟐+𝒙𝟏𝑮𝟏,𝟐
𝑹 )

𝟐

+
𝝉𝟐,𝟏
𝑹 𝑮𝟐,𝟏

𝑹

(𝒙𝟏+𝒙𝟐𝑮𝟐,𝟏
𝑹 )

𝟐]   (2-4) 

𝑮𝒊,𝒋
𝑸,𝑹
= 𝒆𝒙𝒑 (−𝜶𝒊,𝒋

𝑸,𝑹
𝝉𝒊,𝒋
𝑸,𝑹
) (2-5)    𝝉𝒊,𝒋

𝑸,𝑹
= 𝑪𝒊,𝒋

𝑸,𝑹
+
𝑫𝒊,𝒋
𝑸,𝑹

𝑻/𝑲
    (2-6) 

Table 2-6. Recommend αi.j values for different type of mixtures. Adapted from Aspen Plus® 7.3 user 

guide, (73). 

αi.j 

Value 
Mixture description 

0.30 
Nonpolar substances; nonpolar with polar non-associated liquids; small deviations from 

ideality 

0.20 
Saturated hydrocarbons with polar non-associated liquids and systems that exhibit 

liquid-liquid immiscibility 

0.47 Strongly self-associated substances with nonpolar substances 
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Due to the lack of experimental data of excess enthalpies (HE) for many binary systems, it is common 

to neglect the ε function in Table 2-5. However, Kang et al. (87) emphasized that neglecting excess 

enthalpies is not a recommended practice. Only for the binary system, propionic acid-water was 

found experimental data reports on HE. Although several authors as Herington (94) and Wisniak (96) 

have addressed this problem for the total area tests and as previously discussed by Duran et al. (103), 

this work chooses to estimate the HE values directly using the Dortmund modified UNIFAC group 

contribution method (111), (112), implemented in Aspen Plus® 7.3. For comparison in each specific 

binary system, the point and total area tests were performed neglecting and including the ε term in 

equations reported in Table 2-5. For simpler calculations, the predictions of HE(x1) together with the 

relation T(x1) were regressed using polynomial-type functions in the form of Eq. 2-7, with n = 6, and 

ensuring coefficients of determination (R2) over 0.99. A Newton based method was used to perform 

all regressions of the experimental data, minimizing the sum of the quadratic error between the 

specific experimental point and their calculated value for each VL data sets. To describe how well 

the regressions of the equations 2-3 to 2-6 fit the data for each equation and data sets, specific 

coefficients of determination were calculated.  

𝒇(𝒙𝟏) = 𝑭𝒏𝒙𝟏
𝒏 + 𝑭𝒏−𝟏𝒙𝟏

𝒏−𝟏 +⋯+ 𝑭𝟏𝒙𝟏 + 𝑭𝟎  (2-7) 

With the definitions set above and depending on the specific case of each binary system, a 

preliminary data rejection and simultaneously TC tests were performed. The data rejection procedure 

was based on a qualitative elimination of VL points with an appreciable deviation from the 

predictions of the regressed expressions in each step of the data rejection. With the refined data, 

binary interaction parameters for the NRTL activity model were obtained by numerical regression 

using the regression utilities of Aspen Plus® 7.3. Temperature dependent parameters of the NRTL 

model were considered in their linear form of Eq. 2-5 and Eq. 2-6. The regression objective function 

used was based on the differences between experimental activity coefficients calculated by the model 

of Eq. 2-2 and the NRTL predictions. For minimizing these differences, a Britt-Luecke algorithm 

(113) was used with a convergence tolerance of 1×10-8. The separate analysis of VLL equilibrium 

modeling for each reactive and non-reactive binary system is presented below. 

2.4 isoAmyl alcohol-isoamyl propionate and propionic acid-

isoamyl propionate binary systems  

As mentioned before, no experimental data for their VL equilibrium were found for these binary 

systems. This work performed the experimental VL description at 50.00, 101.33 and 150.00 kPa the 
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in isobaric equilibrium cell and according with the procedure described before. Using the Dortmund 

modified UNIFAC group contribution method, Figures 2-2 and 2-3 show predicted HE vs. x1 plots 

at pressures under study for each binary system.  

 

Figure 2-2. Estimated HE for the isoamyl alcohol – isoamyl propionate system, using the Dortmund 

modified UNIFAC group contribution.  Lines denote 50.00 kPa (– – – –), 101.33 kPa   (–––––), 

150.00 kPa (------). 

 

Figure 2-3. Estimated HE for the propionic acid – isoamyl propionate system, using the Dortmund 

modified UNIFAC group contribution method.  Lines denote 50.00 kPa (– – – –), 101.33 kPa (––), 

150.00 kPa (------). 
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A preliminary and qualitative data rejection over the original experimental VL points and TC tests 

were performed. Finally, the reduced VL experimental data and the principal TC tests results are 

presented in Tables 2-7 to 2-10, respectively. 

Table 2-7. Experimental vapor-liquid equilibrium data for pressure P, temperature T, liquid-phase 

mole fraction x, and gas-phase mole fraction y, for the system isoamyl alcohol (1) – isoamyl 

propionate (2) a. 

P (kPa) T (K) x1 y1 γ1 γ2 

50.00 405.58 0.051 0.143 1.352 1.007 

50.00 401.13 0.127 0.308 1.347 1.015 

50.00 394.39 0.306 0.553 1.268 1.025 

50.00 389.74 0.493 0.709 1.194 1.064 

50.00 387.93 0.617 0.777 1.117 1.152 

50.00 386.23 0.782 0.870 1.051 1.255 

50.00 385.94 0.837 0.902 1.030 1.276 

50.00 385.55 0.886 0.928 1.016 1.362 

      

101.33 424.67 0.116 0.277 1.285 1.039 

101.33 417.52 0.283 0.532 1.241 1.010 

101.33 415.02 0.344 0.595 1.230 1.025 

101.33 410.53 0.495 0.713 1.173 1.079 

101.33 409.31 0.584 0.771 1.118 1.083 

101.33 407.88 0.645 0.808 1.110 1.110 

101.33 406.71 0.761 0.872 1.055 1.140 

101.33 405.31 0.885 0.935 1.018 1.249 

      

150.00 441.14 0.107 0.258 1.227 1.004 

150.00 436.18 0.188 0.398 1.221 1.011 

150.00 431.82 0.270 0.511 1.220 1.020 

150.00 428.08 0.357 0.611 1.219 1.017 

150.00 421.78 0.558 0.763 1.161 1.067 

150.00 420.40 0.652 0.817 1.109 1.084 

150.00 419.88 0.727 0.857 1.057 1.100 

150.00 417.70 0.853 0.922 1.033 1.189 
a u(P) = 0.01 kPa, u(T) = 0.03 K, u(x1) = u(y1) = 0.020, and the combined expended uncertainty Uc 

is Uc(γ1) = Uc(γ2) = 0.001  
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Table 2-8. Experimental (vapor-liquid) equilibrium data for pressure P, temperature T, liquid-phase 

mole fraction x, and vapor-phase mole fraction y, for the system propionic acid (1) – isoamyl 

propionate (2) b. 

P (kPa) T (K) x1 y1 γ1 γ2 

50.00 407.24 0.076 0.142 1.752 0.999 

50.00 406.37 0.105 0.188 1.660 1.011 

50.00 404.78 0.191 0.303 1.417 1.036 

50.00 403.75 0.250 0.377 1.329 1.055 

50.00 402.67 0.318 0.454 1.247 1.081 

50.00 401.48 0.398 0.535 1.174 1.118 

50.00 400.63 0.461 0.596 1.134 1.142 

50.00 399.48 0.530 0.656 1.098 1.192 

50.00 398.29 0.618 0.733 1.065 1.233 

50.00 396.91 0.696 0.794 1.049 1.296 

50.00 396.10 0.767 0.845 1.027 1.350 

50.00 395.41 0.809 0.875 1.022 1.387 

50.00 394.77 0.854 0.908 1.018 1.396 

50.00 394.32 0.891 0.931 1.010 1.440 

50.00 393.63 0.929 0.957 1.010 1.462 

      

101.33 432.30 0.037 0.074 1.854 1.007 

101.33 430.26 0.090 0.170 1.686 1.019 

101.33 429.08 0.132 0.247 1.630 1.014 

101.33 426.85 0.227 0.363 1.382 1.053 

101.33 425.57 0.290 0.446 1.321 1.058 

101.33 424.07 0.367 0.519 1.225 1.103 

101.33 422.60 0.457 0.604 1.154 1.142 

101.33 419.94 0.614 0.737 1.080 1.228 

101.33 419.13 0.652 0.765 1.069 1.268 

101.33 417.17 0.753 0.839 1.050 1.351 

101.33 416.71 0.807 0.877 1.031 1.373 

101.33 416.24 0.848 0.906 1.021 1.386 

101.33 415.38 0.895 0.936 1.016 1.434 

101.33 414.67 0.940 0.963 1.011 1.500 

      

150.00 446.86 0.042 0.091 1.889 1.012 

150.00 443.59 0.118 0.225 1.647 1.030 

150.00 442.15 0.162 0.285 1.512 1.049 

150.00 441.05 0.218 0.356 1.393 1.059 

150.00 438.47 0.327 0.487 1.280 1.086 

150.00 436.10 0.452 0.604 1.166 1.144 

150.00 435.33 0.492 0.639 1.141 1.166 

150.00 433.89 0.554 0.698 1.127 1.186 

150.00 433.51 0.602 0.730 1.088 1.218 

150.00 431.19 0.700 0.802 1.066 1.315 

150.00 430.37 0.796 0.868 1.025 1.369 

150.00 428.84 0.845 0.905 1.035 1.389 

150.00 427.60 0.941 0.964 1.013 1.483 
b u(P) = 0.01 kPa, u(T) = 0.02 K, u(x1) = u(y1)=0.020, and the combined expended uncertainty Uc is 

Uc(γ1) = Uc(γ2) = 0.001 
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Table 2-9. Results of thermodynamic consistency tests for the isoamyl alcohol – isoamyl propionate 

VL data (Table 2-7). 

Parameter 50.00 kPa 101.33 kPa 150.00 kPa 

R2 Eq. 2-3 0.9903 0.9777 0.9786 

R2 Eq. 2-4 0.9820 0.7745 0.8874 

    

Point Test 

δ (Result) 7.2447 (Failed) 9.3922 (Failed) 7.8440 (Failed) 

δ, ε=0 (Result) 6.9714 (Failed) 8.2199 (Failed) 7.3394 (Failed) 

    

Area Test 

A (Result) 4.5014 (Failed) 6.3444 (Failed) 7.4266 (Failed) 

A, ε=0 

(Result) 
2.8916 (Passed) 4.4913 (Failed) 5.2342 (Failed) 

    

Infinite Dilution Test 

I1 – I2 (Result) 
22.9767–5.5817 

(Passed) 

33.8883–9.5549 

(Failed) 

13.6556–43.6824 

(Failed) 

    

Aspen Plus® 7.3 

Value (Result) 6.6823 (Passed) 14.7833 (Failed) 16.3135 (Failed) 

 

Table 2-10. Results of thermodynamic consistency tests for the propionic acid – isoamyl propionate 

VL data (Table 2-8). 

Parameter 50.00 kPa 101.33 kPa 150.00 kPa 

R2 Eq. 3 0.9971 0.9982 0.9966 

R2 Eq. 4 0.9894 0.9756 0.9490 

    

Point Test 

δ (Result) 2.9961 (Passed) 3.0245 (Passed) 4.7308 (Passed) 

δ, ε=0 (Result) 2.9231 (Passed) 3.0296 (Passed) 4.8759 (Passed) 

    

Area Test 

A (Result) 0.0973 (Passed) 1.9962 (Passed) 2.1477 (Passed) 

A, ε=0 

(Result) 
0.0942 (Passed) 2.2862 (Passed) 2.5039 (Passed) 

    

Infinite Dilution Test 

I1 – I2 (Result) 
8.6538–27.0132 

(Passed) 

3.0083–25.8866 

(Passed) 

13.0399–19.2276  

(Passed) 

    

Aspen Plus® 7.3 

Value (Result) -2.1451 (Passed) -1.2079 (Passed) 0.8611 (Passed) 

 

It is possible to observe in Tables 2-9 and 2-10 that measured data were partially consistent for the 

alcohol-ester system at low pressure, and totally consistent for the acid-ester system. This behavior 

was expected taking into account that the analysis was performed assuming ‘pseudo-binary’ 
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mixtures, even though we are dealing with multicomponent systems. In this work and as mentioned 

by Kurihara et al. (88), it was observed that consistency tests results strongly dependent on the model 

used for regressing GE/RgT and ln(γ1/ γ2) and on the number of adjustable parameters of each model. 

It was also observed that tests results can be slightly affected by the initial seed values used in each 

specific regression case which is explained by the nonlinearity of the applied models. TC tests can 

also be affected by the specific procedure used for data rejection. Even though for the alcohol-ester 

system was not possible to obtain complete consistency with the NRTL model, a close representation 

of the VL phase equilibrium under different pressures was obtained. The pseudo-binary mixture 

acid-ester showed better tests results, which were expected taking into account that the volatility of 

these components is similar and the temperature range of VL equilibrium is narrower (~15 K) than 

in the alcohol-ester mixture (~30 K). 

Also, Tables 2-9 and 2-10 show that neglecting the ε term for the point tests has maximum deviations 

of 12% and 3% for the alcohol-ester and acid-ester systems, respectively. For the total area tests 

results the maximum deviations were 36% and 16% for the alcohol-ester and acid-ester systems, 

respectively.  

Tables 2-11 and 2-12 present the regressed NRTL parameters for each pressure under study and for 

all pressure range analyzed for each binary system, with their specific standard deviation for each 

parameter. Figures 2-4 to 2-7 present the experimental activity coefficients vs. regressed model 

predictions (lnγi-x1) at 50.00 kPa and the phase equilibrium diagrams (T-x-y) for each pressure and 

each system under study. From these figures, it is possible to observe the good agreement between 

the experimental data and the model predictions.  

Table 2-11. Regressed NRTL parameters for isoamyl alcohol (1) – isoamyl propionate (2) system. 

Parameter 50.00 kPa 101.33 kPa 150.00 kPa 50.00-150.00 kPa 

C1,2 (σ) 15.9998 (6.71) 9.5974 (0.00) 2.3949 (0.39) 3.0773 (5.65) 

C2,1 (σ) -2.6581 (0.00) -0.3498 (2.17) 1.6219 (1.31) -2.1470 (3.55) 

D1,2 (σ) -5625.8960 (2507.37) -3309.9479 (159.11) -235.8708 (0.00) -867.9172 (2298.69) 

D2,1 (σ) 749.3336 (50.46) -177.5624 (947.16) -1085.3521 (585.40) 696.1999 (1457.41) 

α 1,2= α 2,1 0.3 0.3 0.3 0.3 

Δγ1 max -0.04 -0.04 -0.05 -0.08 

Δγ2 max -0.05 0.04 0.06 0.12 
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Table 2-12. Regressed NRTL parameters for propionic acid (1) – isoamyl propionate (2) system. 

Parameter 50.00 kPa 101.33 kPa 150.00 kPa 50.00–150.00 kPa 

C1,2 (σ) -5.5602 (0.03) 1.3971 (4.05) -23.9265 (3.09) 0.2982 (0.61) 

C2,1 (σ) 11.2021 (0.53) 2.4125 (5.16) 35.2657 (4.50) 0.6332 (0.96) 

D1,2 (σ) 2178.3385 (0.00) -569.0100 (1713.31) 10460.3780 (1347.93) -175.2916 (255.48) 

D2,1 (σ) -4170.0979 (218.18) -780.2670 (2194.29) -15109.8550 (1944.23) 76.5417 (406.69) 

α 1,2= α 2,1 0.47 0.47 0.47 0.47 

Δγ1 max 0.02 -0.04 -0.02 -0.05 

Δγ2 max -0.01 0.02 -0.03 0.04 

 

However, in order to offer a complete overview of experimental data obtained in the VL experiments, 

rejected VL data are also presented as supplementary material of this work in the Appendix B, for 

the isoamyl alcohol – isoamyl propionate and propionic acid – isoamyl propionate binary systems. 

Shadowed data in the Appendix B for these binary systems were out of the trend in figures 2-4 to 2-

7 and were not considered in the NRTL parameters regression. 

 

Figure 2-4. Diagram of ln γi vs x1 at 50.00 kPa for the system isoamyl alcohol (1) – isoamyl 

propionate (2). ln γ1 (□), ln γ2 (○), NRTL modeled (—). 
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Figure 2-5. Diagram of ln γi vs x1 at 50.00 kPa for the system propionic acid (1) – isoamyl propionate 

(2). ln γ1 (□), ln γ2 (○), NRTL modeled (—). 

 

Figure 2-6. Phase diagram (T-x-y) for the system isoamyl alcohol (1) – isoamyl propionate (2) at the 

three pressures under study. Markers denote liquid phase (□) and vapor phase (○) experimental data, 

NRTL correlation (––). 
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Figure 2-7. Phase diagram (T-x-y) for the system propionic acid (1) – isoamyl propionate (2) at the 

three pressures under study. Markers denote liquid phase (□) and vapor phase (○) experimental data, 

NRTL correlation (––). 

Using the Aspen Plus® 7.3 conceptual design tools for azeotrope searching (73) from the VL phase 

equilibrium model concluded here, pointed out the no-existence of azeotropic phenomena in the 

pressure range analyzed for both binary systems. Finally, the results obtained in tables 2-11 and 2-

12 are considered as sufficient to represent accurately the VL phase equilibrium of the isoamyl 

alcohol-isoamyl propionate and propionic acid-isoamyl propionate systems.  

2.5 isoAmyl alcohol – propionic acid system  

For the reactive binary system isoamyl alcohol – propionic acid, one report from AmerAmezaga (80) 

was found for VL isobaric data at 101.32 kPa, from the TDE Aspen Plus® 7.3 utility, without any 

regressed parameters for a specific VL phase equilibrium model. In the AmerAmezaga work, the 

presence of a homogeneous azeotrope at 414.35 K (141.2 C) and 101.32 kPa, with a composition of 

0.7445 in propionic acid mole fraction, it is also reported by Gmehling et al.  (114). No experimental 

data for mixture excess-enthalpy was found and the predictions from Dortmund modified UNIFAC 

group contribution method was used. Predictions of HE at 101.32 kPa are presented in Figure 2-8. 
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Neglecting any effect by chemical reaction, the original data was tested for TC and data rejection 

was performed with the definitions of section 2.3. However, determination coefficients over 0.60 

values were not found for the regression of Eq. 2-3 and Eq. 2-4 parameters and using all αi.j fixed 

parameter options from Table 2-6. To improve the reliability of TC tests and for this specific case, 

the αi.j parameter was included as free regression parameter. The AmerAmezaga VL data after 

reduction and the TC test results are shown in Tables 2-13 and 2-14, respectively.  

 

Figure 2-8. Estimated HE for the isoamyl alcohol – propionic acid system, using the Dortmund 

modified UNIFAC group contribution method at 101.32 kPa. 

Table 2-13. Vapor-liquid equilibrium data of the propionic acid (1) – isoamyl alcohol (2) system. 

Original data from AmerAmezaga (80) at 101.32 kPa. 

T (K) x1 y1 γ1 γ2 

405.65 0.0300 0.0100 0.7765 0.9734 

406.65 0.0650 0.0250 0.8253 0.9636 

410.55 0.2710 0.2020 1.0668 0.9222 

411.55 0.3270 0.2620 1.0596 0.9092 

412.55 0.3840 0.3300 1.0565 0.8913 

413.95 0.5890 0.5740 1.0384 0.8872 

414.25 0.6560 0.6520 1.0297 0.8868 

414.35 0.7020 0.7050 1.0262 0.8864 

414.35 0.7720 0.7830 1.0226 0.8859 

414.35 0.8060 0.8190 1.0197 0.8850 

414.25 0.8690 0.8830 1.0156 0.8809 

414.25 0.9330 0.9420 1.0057 0.8843 
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Table 2-14. Results of thermodynamic consistency tests for the propionic acid – isoamyl alcohol VL 

data (Table 2-13). 

Parameter 101.32 kPa 

R2 Eq. 2-3 0.9772 

R2 Eq. 2-4 0.9485 

Point Test 

δ (Result) 7.7370 (Failed) 

δ, ε=0 (Result) 8.3503 (Failed) 

Area Test 

A (Result) 10.7661 (Failed) 

A, ε=0 (Result) 11.5687 (Failed) 

Infinite Dilution Test 

I1 – I2 (Result) 428.4736-56.3298 (Failed) 

Aspen Plus® 7.3 

Value (Result) 62.5682 (Failed) 

 

From the results of Table 2-14, the data in Table 2-13 were no consistent. Thus, T-x-y predictions 

were obtained using different versions of the UNIFAC group contribution method (115) - (116) and 

using the Hayden-O’Connell EOS for the description of vapor phase no idealities. All these 

predictions do not agree with the AmerAmezaga VL data and they do not predict the azeotropic point 

reported in that work. Although it is possible to consider the use of the equilibrium cell used to obtain 

the isobaric VL phase equilibrium data in the previous section, the experimental procedures used in 

this work did not ensure the prevention of the appreciable occurrence of chemical reaction between 

the acid and alcohol, even at low pressures (50-100 kPa). This effect was evidenced in exploratory 

VL experiments performed using the equilibrium cell described in section 2.1.3, by the appearance 

of appreciable chromatographic ester peaks, mainly in the liquid samples collected, and the no-

achievement of constant temperature and pressure measurements at specific times of the equilibrium 

cell operation. This problem had to be faced in the original work of AmerAmezaga; however, this 

original work was not accessible for this work, in order to clarify the solution used by the author in 

its experimentation. In this particular case, it is preferable the use of isothermal VL phase equilibrium 

data from experimentation at low temperatures ranges in order to minimize the simultaneous effect 

of the chemical reaction in the phase equilibrium measurements. However, this kind of equilibrium 

cell also was unavailable to this work. Thus, this work chose to use the VL data from Table 2-13 to 

regress NRTL binary interaction parameters under the premise that experimental-based data is 

preferred over any UNIFAC-based method predictions.      



44 isoAmyl Propionate Production by the Integration of Reaction/Distillation Operations 

 
Table 2-15. Regressed NRTL parameters for propionic acid (1) – isoamyl alcohol (2) system at 

101.32 kPa. 

Parameter 101.32 kPa 

C1,2 (σ) -2.8983 (44.47) 

C2,1 (σ) 5.4540 (58.96) 

D1,2 (σ) 977.7810 (20057.77) 

D2,1 (σ) -2054.1623 (25076.8762) 

α 1,2= α 2,1 0.47 

Δγ1 max -0.15 

Δγ2 max 0.08 

 

Table 2-15 presents the regression results for NRTL parameters. Figure 2-9 presents the phase 

equilibrium diagram (T-x-y) at 101.32 kPa for the experimental AmerAmezaga (80) reduced data 

and the predictions of the parameters obtained through NRTL activity model. 

 

Figure 2-9. Phase diagram (T-x-y) for the system isoamyl alcohol – propionic acid at 101.32 kPa. 

Markers denote liquid phase (□) and vapor phase (○) experimental data, NRTL regressed model 

predictions (––). 
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experimental basis of the data collected, based on the availability of measurement equipment for 

phase equilibria studies of reactive binary systems.  

2.6  Propionic acid – water system 

For the non-reactive binary system propionic acid – water, binary interaction parameters for NRTL 

activity model coupled with the Hayden-O’Connell EOS were found from the Aspen Plus® 7.3 data 

bases. Also, using the TDE utility of Aspen Plus® 7.3, several isothermal and isobaric VL data sets 

and experimental reports of excess-enthalpy were found. As well, reports from several authors about 

the existence of a binary azeotrope for this system were found from Gmehling et al. (114). Tables 2-

16 and 2-17 presents the most recent experimental data set for HE and some of the mentioned 

azeotropic data reports, respectively. Although the T-x-y predictions from the Aspen Plus® 7.3 binary 

interaction parameters had good agreement with the collected VL experimental data, they do not 

predict any of the reported azeotropic points in the Table 2-17 using the azeotrope searching tools 

of Aspen Plus® 7.3.  

 

Table 2-16. Mixture excess enthalpy HE, for the propionic acid – water system at 281.15 K and 

101.325 kPa, from Christensen et al. (117). 

Propionic acid  

mole fraction 

Excess Enthalpy 

(kJ/kmol) 

0.802 1400 

0.705 2007 

0.579 2288 

0.490 2462 

0.360 2626 

0.265 2527 

0.200 2351 

0.094 1791 

0.062 1480 

0.023 1263 

0.012 1252 

 

Based on this result and due to the importance of azeotrope points existence in the design of 

distillation operations, as discussed in the section 1.3, this work took the propionic acid-water VL 

equilibrium data from AmerAmezaga (80) and performs TC tests, data rejection and regression of 

specific NRTL binary interaction parameters, without any change in the guide lines described in 

section 2.3. 
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Table 2-17. Azeotropy reports from Gmehling et al. (114), for the propionic acid (1) – water (2) 

system. 

Report P / kPa  T / K x2 

1 6.67 311.85 0.9607 

2 13.33 324.75 0.9582 

3 16.00 328.45 0.9711 

4 20.00 333.15 0.9667 

5 20.00 333.45 0.9567 

6 24.00 337.15 0.9631 

7 26.66 339.45 0.9604 

8 26.66 339.55 0.9650 

9 26.66 339.65 0.9554 

10 32.30 343.2 0.9700 

11 53.33 356.05 0.9554 

12 53.33 356.25 0.9529 

13 101.33 372.35 0.9545 

14 101.33 372.95 0.9470 

16 101.33 372.95 0.9541 

17 101.33 373.05 0.9500 

18 101.33 373.05 0.9503 

 

Tables 2-18 and 2-19 present the VL equilibrium data after data rejection and their TC tests results. 

Table 2-19 show partial consistency of the Table 2-18 data. However, these data are considered 

sufficient for an accurate representation of VL behavior of this system. Thus, a NRTL parameter 

regression was performed and the results are presented in Table 2-20, together with the standard 

deviation of each regressed parameter.  

A direct search of azeotropic points using the regressed NRTL binary parameters from Table 2-20 

with the Aspen Plus® 7.3 conceptual design tools, a homogenous binary azeotropic point at 101.32 

kPa for 373.12 K with a water composition of 0.9633 in mole fraction was found. Complete 

azeotropy predictions using the NRTL regressed parameters from Table 2-20 for the pressures 

reported in Table 2-17, are shown in Table 2-21. The predictions agree with the azeotrope reports 

found in the open literature. Figure 2-9 presents the phase equilibrium diagram (T-x-y) for 101.32 

kPa for the experimental AmerAmezaga reduced data from the Table 2-18 and the predictions of 

NRTL obtained parameters. 
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Table 2-18. Vapor-liquid equilibrium data of the propionic acid (1) – water (2) system. Original data 

from AmerAmezaga (80) at 101.32 kPa. 

T (K) x1 y1 γ1 γ2 

372.95 0.0200 0.0230 7.4786 1.0076 

373.05 0.0570 0.0500 4.7984 1.0210 

373.15 0.0420 0.0410 5.5873 1.0086 

373.15 0.0570 0.0490 4.7122 1.0182 

373.15 0.1280 0.0720 2.7847 1.0814 

373.25 0.0820 0.0600 3.7958 1.0332 

373.35 0.0940 0.0630 3.4218 1.0408 

373.35 0.1670 0.0830 2.3502 1.1145 

373.65 0.1860 0.0860 2.1462 1.1259 

373.85 0.2040 0.0910 2.0258 1.1388 

374.25 0.2390 0.1020 1.8540 1.1644 

374.55 0.2610 0.1080 1.7531 1.1808 

375.35 0.3140 0.1230 1.5625 1.2222 

375.95 0.3390 0.1300 1.4808 1.2350 

376.75 0.3910 0.1560 1.4276 1.2762 

377.05 0.4090 0.1530 1.3362 1.3046 

378.35 0.4380 0.1660 1.2775 1.2972 

378.65 0.4630 0.1780 1.2592 1.3300 

379.45 0.5050 0.1890 1.1798 1.3904 

380.65 0.5570 0.2180 1.1471 1.4532 

381.85 0.5860 0.2330 1.1093 1.4721 

382.25 0.6110 0.2440 1.0883 1.5298 

383.05 0.6330 0.2520 1.0540 1.5661 

385.15 0.7070 0.2960 1.0060 1.7497 

388.25 0.7510 0.3550 1.0037 1.7416 

390.65 0.8020 0.4020 0.9742 1.9126 

397.05 0.8800 0.5420 0.9645 2.0852 

405.25 0.949 0.7500 0.9757 2.2752 

372.95 0.0230 0.0270 7.4032 1.0073 

373.05 0.0250 0.0280 6.9892 1.0050 

373.35 0.1480 0.0790 2.5600 1.0931 

  

Table 2-19. Results of thermodynamic consistency tests for the propionic acid – water VL data. 

Parameter 101.32 kPa 

R2 Eq. 2-3 0.9952 

R2 Eq. 2-4 0.9941 

Point Test 

δ (Result) 6.2402 (Failed) 

δ, ε=0 (Result) 8.7157 (Failed) 

Area Test 

A (Result) 0.1464 (Passed) 

A, ε=0 (Result) 0.0493 (Passed) 

Infinite Dilution Test 

I1 – I2 (Result) 0.2785-19.2221 (Passed) 

Aspen Plus® 7.3 

Value (Result) 9.0785 (Passed) 
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Table 2-20. Regressed NRTL parameters for propionic acid (1) – water (2) system. 

Parameter 101.32 kPa 

C1,2 (σ) 2.3024 (0.78) 

C2,1 (σ) -9.9452 (0.06) 

D1,2 (σ) -881.0639 (297.12) 

D2,1 (σ) 4549.1112 (0.00) 

α 1,2= α 2,1 0.47 

Δγ1 max -0.61 

Δγ2 max 0.13 

 

Table 2-21. Predictions of azeotropy phenomena for the propionic acid (1) – water (2) system using 

the NRTL binary interaction parameters from Table 2-20, according with the azeotrope reports 

shown in Table 2-17. 

Reports from Table 2-17 P / kPa  T / K x2 

1 6.67 310.89 0.9677 

2 13.33 324.29 0.9589 

3 16.00 328.05 0.9565 

4-5 20.00 332.80 0.9536 

6 24.00 336.80 0.9514 

7-9 26.66 339.17 0.9503 

10 32.30 343.58 0.9484 

11-12 53.33 355.82 0.9466 

13-18 101.33 373.12 0.9633 
 

 

Figure 2-10. Phase diagram (T-x-y) for the system propionic acid (1) – water (2) at 101.32 kPa. 

Markers denote liquid phase (□) and vapor phase (○) experimental data, NRTL regressed model 

predictions (––). 
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In this work, the concluded NRTL binary interaction parameters are assumed as sufficient to be used 

in the design of distillation-based operations based on the good agreement between the experimental 

data and the NRTL predictions showed in the Figure 2-10 and the tables 2-17 and 2-21. 

2.7 isoAmyl alcohol – water system 

For the non-reactive binary system isoamyl alcohol – water, binary interaction parameters for NRTL 

activity model coupled with the Hayden-O’Connell EOS were found from the Aspen Plus® 7.3 data 

bases, together with an optimized binary interactions parameters for LL phase equilibrium 

description. Also, from the TDE utility of Aspen Plus® 7.3, two isobaric VL and several LL 

equilibrium data sets were found. Besides, no experimental reports of mixture excess-enthalpy were 

found. On other hand, reports from several authors about the existence of a heterogeneous binary 

azeotrope for this system, from Gmehling et al. (114), were found. Table 2-22 presents some of the 

mentioned azeotropic point reports. 

 

Table 2-22. Partial azeotropy reports from Gmehling et al. (114), for water (1) - isoamyl alcohol (2) 

system. 

Report P / kPa  T / K x1 

1 40.00  344.75 - 

2 101.33  ͂ 367.85 0.8274 

3 101.33  367.97 0.8265 

4 101.33  368.25 0.8274 

5 101.33  368.30 0.8279 

6 101.33  368.30 0.8280 

7 101.33  368.35 0.8100 

8 101.33  368.35 0.8280 

9 101.33  368.41 0.8300 

10 101.33  370.15 - 

 

The NRTL VL-binary interaction parameters from Aspen Plus® 7.3 data bases predict an azeotrope 

at 101.33 kPa and 368.55 K with a water composition of 0.8436 in mole fraction, and an azeotrope 

at 40.00 kPa and 345.76 K with a water composition of 0.8688 in mole fraction. These results agree 

with the reports presented in Table 2-22. Figure 2-11 presents the phase equilibrium diagram (T-x-

x-y) at 101.32 kPa for the Andiappan et al. (76) VL data and the Stephenson et al. (77) LL data, 

together with the predictions of the NRTL VL-binary interaction parameters obtained from Aspen 

Plus® 7.3 data bases. From these figure is possible to see a good agreement between the experimental 

data and the model predictions. 
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Figure 2-11. Phase diagram (T-x-x-y) for the system isoamyl alcohol – water at 101.32 kPa. Markers 

denote liquid phase (□) and vapor phase (○) experimental data, NRTL regressed model predictions 

(––). 

Table 2-23. NRTL binary interaction parameters for VL and LL equilibrium of isoamyl alcohol (1) 

– water (2) system, from Aspen Plus® 7.3 data bases. 

Parameter VL LL 

C1,2 0.0000 -2.6820 

C2,1 0.0000 8.6813 

D1,2 -8.4445 620.1924 

D2,1 1846.1022 -894.6339 

α 1,2= α 2,1 0.30 0.20 

 

Table 2-23 presents the NRTL binary interaction parameters obtained from Aspen Plus ® 7.3 data 

bases. These parameters are assumed as sufficient to be used in the design of distillation-based 

operations based on the good agreement between the experimental data collected and the model 

predictions, as it is possible to observe in the Figure 2-11 and the azeotrope reports in the Table 2-

22. 
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2.8 isoAmyl propionate – water system 

For the reactive binary system isoamyl propionate–water, only an LL equilibrium data set was found 

with the TDE Aspen Plus® 7.3 utility. Table 2-24 presents the original LL equilibrium data from 

Stephenson and Stuart (84).  

For this specific binary system, only the empirical method of Othmer and Tobias (118) for the 

analysis of the quality of LL data was found. However, this method is referenced only for ternary 

systems due to the lineal dependence of the mole fractions prevent its use in binary systems. Others 

thermodynamic consistency testing methods were not found for this kind of phase equilibrium data.  

Table 2-24. LL equilibrium data for the isoamyl propionate (1) – water (2) system from Stephenson 

and Start (84) at 101.32 kPa. 

T (K) xheavy-1 (×10-5) xlight-1 

273.00 12.128 0.9666 

282.00 12.503 0.9666 

292.00 8.12 0.9628 

302.00 7.00 0.9584 

313.00 7.87 0.9539 

322.00 5.62 0.9591 

333.00 7.00 0.9539 

352.00 7.12 0.9408 

363.00 8.00 0.9033 

  

Although it is possible to consider the use of the phase equilibrium cell used in this work to obtain 

VL data of this binary system, the equipment supplier does not recommended its use with this 

purpose based on the high demand of good mixing for the liquid in the heater (see Figure 2-1), for a 

partial miscible liquid. This effect was evidenced in exploratory experiments for a partial miscible 

system using the Figure 2-1 apparatus. However, i-Fischer Engineering GmbH also reports the use 

of ultrasonic mixing device and additional equipment configuration for the LL sampling, for similar 

equilibrium cells to obtain reliable VLL phase equilibrium data. Besides, based on the reactive 

character of this binary system the use of an isobaric equipment with an improved liquid mixing 

suggest the possibility of not to obtain phase equilibrium conditions without promote chemical 

reaction conditions simultaneously, preferring to obtain VLL data from a isothermal equilibrium cell 

(P-x-x-y) for measurements at low temperatures. However, access to an isothermal equilibrium cell 

was not possible for this work an only a LL equilibrium apparatus was available to obtain similar 

LL phase equilibrium data as presented by Stephenson and Stuart (84).   
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Based on the considerations mentioned before, from the collected data in Table 2-24, regressed 

parameters for NRTL model were obtained using the regression utilities of Aspen Plus® 7.3. Table 

2-25 presents the regressed parameters and they were consequently used to calculate a T-x-x-y 

diagram, which is presented in Figure 2-12 with the original LL data from Stephenson and Stuart 

(84). 

 

Table 2-25. Regressed NRTL parameters for isoamyl propionate (1) – water (2) system. 

Parameter 101.32 kPa 

C1,2 (σ) -0.6678 (1.02) 

C2,1 (σ) 10.9579 (1.15) 

D1,2 (σ) 750.2023 (316.20) 

D2,1 (σ) -872.1689 (358.36) 

α 1,2= α 2,1 0.20 

ΔT/K max -0.16 

Δxheavy-1 max -2.64×10-5 

Δxheavy-2 max 2.64×10-5 

Δxlight-1 max 0.03 

Δxlight-2 max -0.03 

 

 

Figure 2-12. Phase diagram (T-x-x-y) for the system isoamyl propionate – water at 101.32 kPa. 

Markers denote liquid phase (□) experimental data, NRTL regressed model predictions (––). 

As it is possible to observe in the Figure 2-12, the NRTL parameters from Table 2-25 predict a 

heterogeneous azeotrope at 101.32 kPa and 369.6 K for an ester composition of 0.1194 in mole 

fraction, confirmed using the conceptual design tools of Aspen Plus® 7.3. Although there is no 

reports of this azeotrope in the open literature, its existence is reasonable based on reports for 
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heterogeneous azeotropes in similar binary systems, as it can be the ethyl acetate – water system and 

others (114). Thus, the regressed parameters from Table 2-25 are assumed as sufficient to be used in 

the design of distillation-based operations based on they are supported by reliable LL experimental 

data. 

2.9 Conclusions 

Isobaric VL phase equilibria of isoamyl alcohol - isoamyl propionate and propionic acid – isoamyl 

propionate at three different pressures have been studied. Also vapor pressure data for propionic acid 

and isoamyl propionate were measured and correlated with and extended form of the Antoine 

equation.  

Taking into account the assumption of pseudo-pure components for the isoamyl alcohol and isoamyl 

propionate, reasonable good agreement between the experimental data and calculated VL 

equilibrium was observed for all reactive and non-reactive binary systems. All VL collected data 

were tested for thermodynamic consistency tests together with Aspen Plus® 7.3 evaluation tools. 

Data rejections were performed in order to increase the reliability of the data. 

Table 2-26. Binary interaction parameters for NRTL activity model for the propionic acid and 

isoamyl alcohol liquid esterification system. 

Component 

i 
Propionic acid 

Isoamyl 

alcohol 

Ispoamyl 

propionate 
Propionic acid 

Isoamyl 

alcohol 

Propionic 

acid 

Component 

j 
Water Water Water 

Isoamyl 

alcohol 

Isoamyl 

propionate 

Isoamyl 

propionate 

Ci,j 2.3024 0.0000 -0.6678 -2.8983 3.0773 0.2982 

Cj,i -9.9452 0.0000 10.9579 5.4540 -2.1470 0.6332 

Di,j (K) -881.0639 -8.4445 750.2023 977.7810 -867.9172 -175.2916 

Dj,i (K) 4549.1112 1846.1022 -872.1689 -2054.1623 696.1999 76.5417 

αi,j 0.47 0.30 0.20 0.47 0.30 0.47 

Source 

Regressed 

parameters 

from 

AmerAmezaga 

VL data (80). 

Parameters 

from Aspen 

Plus® 7.3 data 

bases (73). 

Regressed 

parameters 

from 

Stephenson 

and Stuart 

LL data 

(84). 

Regressed 

parameters from 

AmerAmezaga 

VL data (80). 

Regressed 

parameters 

from VL 

data 

obtained in 

this work 

(98). 

Regressed 

parameters 

from VL 

data 

obtained in 

this work 

(98). 
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The reduced data sets were fit using the NRTL model and the obtained parameters can be used for 

the design of separation operations based on distillation for the esterification mixtures of isoamyl 

alcohol refined from the Colombian fusel oil, and the propionic acid. 

Finally, the main conclusion of this chapter can be summarized with the Table 2-26, where are 

presented the NRTL binary interaction parameters to be used in the VL phase equilibrium model of 

the Eq. 2-2, together with parameters from Table 2-3 for the calculation of pure-component vapor 

pressures and the parameters from Table 2-4 for the use of the Hayden-O’Connell EOS. Although 

here it is possible to start the analysis of the phase equilibrium of the all reactive quaternary system, 

assuming that the esterification reaction can be neglected, this analysis can be done by the 

construction of residue curve maps; however, these maps and the information that they can supply 

are the base for the analysis and conceptual design of a conventional distillation operation (without 

chemical reaction), which is treated in detail in Chapter 4 together with the reactive distillation 

operation case (with chemical reaction), which it is possible after the reaction kinetics modeling 

performed in the next chapter. 
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3. Reaction Kinetics 

As it was mentioned in section 1.2.2, one potentially suitable route to produce isoamyl propionate is 

the direct esterification of propionic acid with isoamyl alcohol, refined from fusel oil, in the presence 

of an acid catalyst with the formation of water as by-product, according with the Eq. 3-1. In order to 

validate the technical feasibility of a conventional reactor coupled to conventional distillation 

columns or a reactive distillation based operation, an accurate representation of the reaction kinetics 

is necessary for the isoamyl propionate synthesis.  

𝑃𝑟𝑜𝑝𝑖𝑜𝑛𝑖𝑐 𝑎𝑐𝑖𝑑 (𝐴𝐶 − 1) + 𝑖𝑠𝑜𝐴𝑚𝑦𝑙 𝑎𝑙𝑐𝑜ℎ𝑜𝑙 (𝑂𝐻 − 2) 
𝐻+
⇔  𝑖𝑠𝑜𝐴𝑚𝑦𝑙 𝑃𝑟𝑜𝑝𝑖𝑜𝑛𝑎𝑡𝑒(𝐸𝑆𝑇 − 3) +𝑊𝑎𝑡𝑒𝑟(4) 

 (3-1) 

Based on the differences between vapor and liquid densities, the esterification reaction occurs 

preferably in the liquid phase of the possible boiling reacting mixtures that take place in a reactor or 

in a reactive distillation operation. Briefly, different catalyst were tested preliminarily in batch-liquid 

esterification experiments including the p-toluensulfonic acid and the ion exchange resins Lewatit® 

K2621 and K2431 of the Lanxess Co., and the resin Amberlyst® 70 of the Dow Chemical Co. 

Because of the advantages discussed in section 1.2.2, the ion exchange resins are appropriate 

catalysts to be used in a possible industrial process. Due to the reported values in Table 1-4 for the 

normal boiling points of reactants and products, high temperature stability for the heterogeneous 

catalyst is necessary. From the preliminary kinetic experiments, the Lewatit® resins showed lower 

thermal and mechanical stability compared to the Amberlyst® 70 resin, as it will be briefly explained 

in section 3.1.2. Also, the Amberlyst® 70 resin shows a superior performance as a catalyst compared 

with the most commonly used ion exchange resins (e.g. Amberlyst® 15) reported in the open 

literature for reactive distillation operations (119). These facts are in agreement with the maximum 

operating temperature of 463.15 K (190 C) in most environments reported by Dow Company for the 

Amberlyst® 70 resin (120). 
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In this regard, this chapter describes the experimental study of the liquid phase kinetics for the 

esterification reaction between isoamyl alcohol and propionic acid using the ion exchange resin 

Amberlyst 70® as catalyst. Experiments were developed by performing isothermal batch reactions 

using different molar ratio of reactants, temperatures and catalysts loadings. Experiments were 

correlated with pseudo-homogeneous and heterogeneous reaction models based upon mole fractions 

and NRTL computed activities. The kinetic experiment results, the regression procedures and the 

kinetic models concluded here were published elsewhere as partial result of this work (121). 

3.1 Experimental 

For simplicity, the materials and the sampling analysis used in the development of this chapter are 

the same as those were reported in sections 2.1.1 and 2.1.2, respectively. The considerations 

presented there for the use of isomer mixtures for the isoamyl alcohol and isoamyl propionate were 

taken into account in the kinetic analysis performed here, together with the use of a GC technique 

based on a flame ionization detector. Specifically, the ion exchange resin Amberlyst 70® was 

purchased from Dow Chemical Company and a summary of its physical and chemical properties is 

listed in Table 3-1. 

Table 3-1. Physical and chemical propierties of Amberlyst® 70. (120), (122). 

Physical form Dark brown, spherical beads 

Ionic form H+ (98%) 

Concentration of acid sites (equivalents/kg dry solid) ≥2.55 

Moisture holding capacity 53-59% (H+ form) 

Surface area (N2-BET) (m2/g) 31-36 

Average pore diameter (Å) 195-220 

Effective size-dry solid (mm) 0.5 

Pore volume (m3/kg) 1.5-3.3 × 10-4 

Particle porosity 0.19 

Uniform coefficient ≤1.5 

Skeletal density (kg/m3) 1520 

Swollen surface area (ISEC) (m2/g) 176 

Swollen particle porosity (water) (ε) 0.57 

Maximum operating temperature (K) 463.15 
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3.1.1 Catalyst conditioning 

As-received Amberlyst® 70 resin was rinsed twice with deionized water (≤ 1.2 µS) and then one time 

with anhydrous ethanol. The washing process was performed at 333.15 K, for 30 minutes each time, 

using a stirred glass vessel. After vacuum filtration and removal of excess liquid, the resin was dried 

at 353.15 K under vacuum ( ̴ 5 kPa) for 24 hours or more until no further change in weight of 

monitoring samples (less than 1 wt%) was registered. The dried resin was stored in sealed glass 

vessels and kept in an oven at 333.15 K prior to use. A sample of the dried resin was sieved in 

standardized sieves (ASTM E-11-70). The mesh opening sizes and the retained mass fraction on 

each mesh were respectively: over 0.600 mm – 18 wt%, over 0.425 mm – 57 wt% and over 0.180 

mm – 25 wt%.  

To measure the ion exchange capacity, exactly one gram of dried-non sieved Amberlyst® 70 resin 

was put into a 250 cm3 volumetric flask and the volume was completed with deionized water. The 

flask content was stirred for one hour. Then, five grams of analytical NaCl were added and the 

mixture was stirred for additional three hours. Finally, several aliquots of exactly 50 cm3 of the 

remaining solution were titrated using a 0.05 M NaOH/ethanol solution. The acid site concentration 

obtained by difference was 2.52 ± 0.03 equivalents/kg, in agreement with the value of ≥ 2.55 

equivalents/kg reported by the manufacturer. 

3.1.2 Batch kinetic and equilibrium experiments 

Isothermal batch kinetic experiments were performed in a sealed stainless steel reactor with a 

capacity of 150 cm3 approx. The internal diameter of the reactor was 62.7mm and its internal height 

was 60 mm approx. It was equipped with a magnetic stirrer, an inlet-outlet port for reactant loading, 

using a jacketed stainless steel syringe, and sampling was made with a stainless steel filter to avoid 

the withdrawal of the catalyst during liquid removal (effective mesh size, 2 μm); a jacket for 

temperature control through thermal oil flow provided by a thermostatic bath Julabo F12 (resolution 

0.1 K, stability ±0.03 K). The thermal probe and sampling port had an external diameter of 8 mm 

and height of 55 mm, respectively. The reaction temperature was measured with a resistance 

thermometer Precision-EW-26842-40 (accuracy 0.1 %, ± 0.2 K). A schematic representation of the 

reactor equipment used is showed in Figure 3-1. 

To study the kinetic behavior of Equation 3-1, a Box–Behnken experiment design (BBED) (123), 

based on the response surface methodology, was used considering three experimental factors: initial 
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reactant molar ratio, reaction temperature and catalyst loading, at three measuring levels for a total 

of 15 kinetics experiments, as shown in Table 3-2. The BBED does not evaluate the single effect of 

each level of each experimental factor level independently as full factorial design does, which would 

require at least 27 experiments without repetitions. The BBED only used 15 experiments including 

repetitions on the central point, and from their characteristic responses, it is possible to contemplate 

simultaneously all the effects of experimental factors in the kinetic behavior for a specific reaction 

kinetic models. 

According to each planned experiment, the specific weight of propionic acid was charged into the 

reactor together with the respective amount of dried Amberlyst® 70 resin. The corresponding amount 

of alcohol was charged into the jacketed stainless steel syringe, for a total weight of the reactor of 

105 to 120 grams. However, in all experiments they were worked at maximum, around the 80% of 

the vessel volume.     

 

Figure 3-1. Scheme of equipment used for isothermal batch kinetics experiments. 
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Table 3-2. Box–Behnken experiment design performed. 

Experiment 

 number 

Acid/Alcohol 

molar ratio 

Temperature 

(K) 

Amberlyst® 70 load 

(wt%) 

1 1.0 353.15 0.8 

2 1.0 353.15 8.0 

3 0.5 353.15 4.0 

4 2.0 353.15 4.0 

5 1.0 393.15 0.8 

6 0.5 373.15 0.8 

7 2.0 373.15 0.8 

8 0.5 393.15 4.0 

9 2.0 393.15 4.0 

10 0.5 373.15 8.0 

11 1.0 393.15 8.0 

12 2.0 373.15 8.0 

13 1.0 373.15 4.0 

14 1.0 373.15 4.0 

15 1.0 373.15 4.0 

 

After sealing the reactor and the injection syringe, the stirring plate and the thermostatic bath were 

turned on and set for the corresponding temperature, heating the reactor and injection syringe 

contents simultaneously. After reaching and maintaining the programmed reaction temperature for 

several minutes, the alcohol was injected into the reactor, moment at which the reaction time was 

started. Obviously, to maintain an isothermal condition in a specific reactor volume, the reactor was 

operated under a slightly increased pressure (~20 psig). During the reaction, 0.25-0.50 cm3 samples 

were withdrawn with syringes connected to the sampling port at specified reaction times. The total 

mass of the reaction samples was assured to be less than 5% of the acid and alcohol total mass 

charged. This sampling volume helped to maintain catalyst particles submerged in the liquid phase 

and reduced errors due to catalyst loading changes. During experimentation, a homogeneous 

sampling phase was observed; however, for some samples at the ending sampling times and 

equimolar reactants ratios, different liquid phases were observed as the samples were cooled at room 

temperature. To prevent any error in the composition analysis, all samples were dissolved with the 

respective amount of tetrahydrofuran.  Each sample was transferred to a sealed glass vial and stored 

in a refrigerator before GC analysis, minimizing the waiting time of the analysis as long as possible. 

Twelve samples were taken during each experiment with a higher sampling frequency in the first 

hour of the experiment. Because water is not detected by FID, and it is selectively absorbed within 

the catalyst, the water molar composition was obtained by the stoichiometry of reaction. It is worth 

noticing that a Karl-Fischer titration-based technique was implemented as a simultaneous way to 
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quantify the water content in the samples; however, the uncertainty of the laboratory method after 

calibration was over ±0.05 in mole fraction, thus, the developed method was rejected. Even though 

no extraneous peaks were detected by GC, the absence of undesirable side-reaction products, such 

as isoamyl ether (124) - (125), was verified by mole balance over the alcohol considering the 

remaining alcohol and the number of moles present in the ester. It is important to mention that in 

preliminary kinetic experiments with the different ion exchange resins mentioned before, the 

Lewatit® resins showed mechanical degradation after several hours of stirring at 1100 rpm 

principally in temperatures over 373 K, which was evident with the plugging of the sampling filter 

during the kinetic experiment. This effect was not observed with Amberlyst® 70 resin. 

For evaluating chemical equilibrium conditions, duplicated samples of 2 to 3 grams were prepared 

in sealed glass vials using the same reactant molar ratios and proportional catalyst loadings from 

Table 3-2. The prepared samples were kept in a thermostatic bath using the corresponding 

temperatures specified in Table 3-2 for at least 24 hours. Additional monitoring samples were 

prepared with a 1:1 acid to alcohol molar ratio and the respective smallest mass fraction loading of 

Amberlyst® 70. The chemical equilibrium condition was assumed when changes in mole fraction 

with time were less than 2% between two consecutive monitoring samples with a 12 hours 

difference. 

3.2 Experimental results 

Before starting with the kinetic experiment design (Table 3-2), several experiments were performed 

in order to determine reproducibility and repeatability of a typical kinetic experiment. Besides, 

additional experiments were carried out to evaluate intra and extra particle mass transfer effects.  

Reproducibility and repeatability experiments were performed under conditions that minimize the 

mass transfer effects in reaction: the smallest particle size of sieved catalyst (above 0.180 mm and 

below 0.425 mm) and the highest nominal stirring speed for the stir plate (1100 rpm). Three 

experiments were performed under identical conditions (the same number of samples withdrawn at 

the same time) at 393.15 K, acid to alcohol molar ratio of 1:1 and a catalyst loading of 4.0 wt%. For 

each time point, a normal confidence interval for the corresponding acid, alcohol and ester molar 

compositions were calculated. Table 3-3 shows the results of these preliminary experiments on an 

acid conversion basis, indicating for each experimental point the calculated media and the confidence 

interval for a statistical significance of 95%. The Jarque-Bera normality test (126) showed that values 

of confidence intervals of each sampling point are normally distributed with a value of statistical 
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significance of 0.0541. The maximum value of ±4%, in acid conversion, is assumed as the typical 

confidence interval for the reproducibility and repeatability of kinetics experiments. 

Table 3-3. Normal variations of kinetic experiments in acid conversion basis for 1:1 acid to alcohol 

molar ratio, 393.15 K, 4.0 wt% Amberlyst® 70 load, resin size under 0.425 mm and over 0.180 mm, 

at 1100 rpm. 

Reaction 

time 

(min) 

Acid 

conversion 

Experiment 1 

Acid 

conversion 

Experiment 2 

Acid 

conversion 

Experiment 3 

Media 
 

Standard 

deviation  

(σ) 

Confidence  

interval 

5 31% 28% 29% 29% 0.019 ±2% 

10 43% 36% 36% 39% 0.038 ±4% 

15 47% 51% 49% 49% 0.017 ±2% 

20 55% 57% 55% 55% 0.010 ±1% 

25 57% 61% 62% 60% 0.024 ±3% 

30 61% 64% 64% 63% 0.016 ±2% 

40 63% 65% 66% 65% 0.015 ±2% 

50 66% 67% 68% 67% 0.009 ±1% 

70 68% 70% 70% 69% 0.010 ±1% 

90 68% 70% 70% 69% 0.011 ±1% 

120 69% 71% 70% 70% 0.007 ±1% 

150 69% 71% 69% 70% 0.009 ±1% 

 

3.2.1 Mass transfer considerations 

Using unsieved-dried catalyst, three kinetic experiments were performed at different nominal stirring 

speeds, for a 1:1 acid to alcohol molar ratio, 393.15 K and catalyst loading of 4 wt%. The initial 

reaction rates for each experiment were 3.63 x10-3 (600 rpm), 4.36 x10-3 (800 rpm) and 4.38 x10-3 

(1100 rpm) in kmol/m3.s. These results indicated that, for nominal stirring speeds above 800 rpm, 

no significant external liquid-solid mass transfer resistances were present. However during kinetic 

experiments, the stirring speed was set to the maximum, 1100 rpm, ensuring absence of external 

mass transfer limitations. Normally at high rpm values, the catalyst starts to splash and sit at the 

inner surface of the reactor, though the shape of the stirred reactor avoided this problem. Thermal 

probe and sampling port were design to reduce death volumes during mixing, because they acted as 

baffles that assured a good mixing. 

For the evaluation of intra particle mass transfer effects, three kinetic experiments were performed 

using different catalyst particle sizes, for 1:1 acid to alcohol molar ratio, 393.15 K, 1100 rpm, and 

catalyst loading of 4 wt%. From these experiments, the Weisz-Prater modulus (ΦWP) was calculated 



64 isoAmyl Propionate Production by the Integration of Reaction/Distillation Operations 

 
for the initial reaction rate of propionic acid, according with the Equation 3-2 for a spherical particle 

and following the calculation guidelines of Orjuela et al. (122). 

𝜱𝑾𝑷 =
(𝒓𝒐𝒃𝒔) 𝝆𝒄𝒂𝒕 (𝑹𝒑)

𝟐

𝑫𝒆𝒇𝒇−𝑨𝑪 𝑪𝑨𝑪
   (3-2) 

Here, robs is the initial observed reaction rate per mass of dry catalyst in kmol/(kg-cat.s), the catalyst 

density ρcat was assumed as 1012 kg-cat/m3, Deff-AC is the effective diffusivity of propionic acid in 

the pores of the catalyst in m2/s, and CAC is the initial propionic acid concentration in the liquid bulk 

in kmol/m3 for an initial propionic acid reaction rate. The particle radius Rp can be calculated from 

Eq. 3-3, assuming that the volume of a swollen particle (Vp swollen) is twice the volume of a dry particle 

(Vp dry), and assuming an average diameter of a dry catalyst particle (dp dry) as the corresponding mesh 

size.  

𝟐𝑹𝒑 = 𝒅𝒑 𝒅𝒓𝒚√
𝑽𝒑 𝒔𝒘𝒐𝒍𝒍𝒆𝒏

𝑽𝒑 𝒅𝒓𝒚

𝟑
 (3-3) 

The effective diffusivity of propionic acid (Deff-i) was calculated as Deff-i = Di.ε
2, using the liquid-

phase diffusion coefficient in a mixture (Di), computed using the Wilke-Chang equation (127), and 

assuming that the pore tortuosity is the inverse of particle porosity (ε). Molar volumes of mixture 

used for concentration estimations were calculated using the Rackett model (128). 

According with the open literature (129), values of Weisz-Prater modulus below 0.3 imply an 

effectiveness factor (η) > 0.95 and consequently the absence of significant pore diffusion limitations 

for second order reactions, and values above six indicate a strong influence of pore diffusion. In our 

experiments after studying internal mass transfer limitations, the calculated Weisz-Prater modulus 

for each catalyst particle size evaluated was: 1.959 (0.600 mm), 1.310 (0.425 mm) and 0.289 (0.180 

mm). These results indicate that the pore diffusion resistances above the 0.425 mm mesh size cannot 

be neglected. Because most of the catalyst available for kinetics experiments was in the fraction 

above 0.425 mm mesh (57 wt%), this particle size was used during experimentation and the kinetic 

models for study took into account rigorous calculation of the effectiveness factor in the parameters 

regression as explained in section 3.3. 
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3.2.2 Effects of experimental factors over reaction kinetics  

The kinetic data of the experimental design performed, and as described in Table 3-2, are presented 

in the Appendix C of this document. From these kinetic measurements, the initial reaction rate in 

kmol/(m3.s) was calculated for each experiment and used as characteristic response of the reaction 

kinetic behavior. The initial reaction rates for each kinetic experiment are presented in Table 3-4 and 

they were used with the analysis of the response surface methodology. 

Table 3-4. Initial reaction rate for the Table 3-2 experiment design. 

 Experiment 

 number 

Initial reaction rate, 

kmol/(m3.s) 

1 0.00036 

2 0.00157 

3 0.00073 

4 0.00082 

5 0.00179 

6 0.00067 

7 0.00088 

8 0.00396 

9 0.00459 

10 0.00445 

11 0.00737 

12 0.00476 

13 0.00241 

14 0.00286 

15 0.00309 

 

For a general complete quadratic model, and as expected, the main factors affecting reaction kinetics 

are the reaction temperature and the catalyst mass loading. These conclusions are based on the 

obtained values for statistical significance of each experimental factor and their interaction, which 

were under a characteristic statistical significance of 95%. The factor initial acid to alcohol molar 

ratio got a minor statistical significance of 84%, suggesting that propionic acid autocatalytic effect 

can be neglected. These conclusions can be observed in Figures 3-2, 3-3 and 3-4 for contour graphics 

of the experimental factor effects over the initial reaction rate. The results mentioned about the use 

of the response surface analysis were obtained using the statistical tools of Matlab® v.7.12.0 (130). 
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Figure 3-2. Contour graphic for the initial reaction rate with the initial acid to alcohol molar ratio 

and catalyst loading used in the Box-Behnken experiments design of Table 3-2. Contour line value 

in koml/(m3.s) (—), experimental point (●) at reaction temperature middle value (373.15 K; 100 C). 

 

Figure 3-3. Contour graphic for the initial reaction rate with the reaction temperature (K) and 

catalyst mass loading used in the Box-Behnken experiments design of Table 3-2. Contour line value 

in koml/(m3.s) (—), experimental point (●) at acid to alcohol molar ratio middle value (1:1). 
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Figure 3-4. Contour graphic for the initial reaction rate with the reaction temperature (K) and initial 

acid to alcohol molar ratio used in the Box-Behnken experiments design of Table 3-2. Contour line 

value in koml/(m3.s) (—), experimental point (●) at catalyst mass loading middle value (4.0 wt%). 

As reported by many authors working with esterification reactions using ion exchange resins as 

catalysts, this work assumed preliminarily that reaction intrinsic kinetics had Arrhenius-type 

temperature dependence, linear dependence on catalyst loading, and orders of reaction of one for 

each reactant. Although from the Table 3-4 BBED results, it is not possible to show the reaction 

kinetic behavior varying each experimental factor independently with more than two experimental 

points, in Figures 3-5, 3-6 and 3-7, each experiment factor effect over the reaction kinetics is 

presented separately. 
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Figure 3-5. Effect of the catalyst mass loading (wt%) over the initial reaction rate in kmol/(m3.s). 

Reaction temperature, 393 K, and initial acid to alcohol molar ratio, 1 (□). Reaction temperature, 

373 K and initial acid to alcohol molar ratio, 0.5 (○). Reaction temperature, 353 K and initial acid to 

alcohol molar ratio, 1 (◊). Reaction temperature, 373 K and initial acid to alcohol molar ratio, 2 (∆). 

As observed in Figure 3-5, there is a linear dependence with catalyst loading, assuming a negligible 

reaction rate with no catalysts loading. Although in this specific condition it is possible to observe 

an appreciable reaction rate, especially at high temperatures and taking into account the experimental 

uncertainty, their values can be sufficiently low to assume reasonably that effect of the reaction rate 

without catalyst loading is negligible. Besides, reaction conditions at high temperatures where the 

propionic acid and isoamyl alcohol can coexist in a liquid phase in appreciable quantities without 

being in a boiling state at a specific operating pressure around the atmospheric conditions are 

unlikely to be found in a distillation column based on the presence of low boiling azeotropes between 

acid, alcohol and ester with the reaction-water.    

From Figure 3-6, a slight change in the characteristic reaction rate can be observed when an excess 

of acid is used. This result can be explained by the experimental uncertainty, so there is absence of 

propionic acid autocatalytic behavior. This agrees with the assumption of equal order of reaction for 

both reactants, which was also confirmed by statistical analysis using the response surface 

methodology, mentioned before. 
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Figure 3-6. Effect of the initial acid to alcohol molar ratio over the initial reaction rate in kmol/(m3.s). 

Reaction temperature, 373 K and catalyst mass percentage, 8.0 wt%  (□). Reaction temperature, 373 

K and catalyst mass percentage, 0.8 wt% (○). Reaction temperature, 353 K and catalyst mass 

percentage, 4.0 wt% (◊). Reaction temperature, 393 K and catalyst mass percentage, 4.0 wt% (∆). 

 

Figure 3-7. Effect of the reaction temperature (K) over the initial reaction rate in kmol/(m3.s). Acid 

to alcohol molar ratio, 1, and catalyst mass loading, 8.0 wt% (□). Acid to alcohol molar ratio, 0.5, 

and catalyst mass loading, 4.0 wt% (○). Acid to alcohol molar ratio, 1, and catalyst mass loading, 

0.8 wt%. (∆) acid to alcohol molar ratio, 2 and catalyst mass percentage, 4.0 wt% (◊). 
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As it was also mentioned before, in the Figure 3-7 are presented few points at the same conditions 

to make conclusive statements on the temperature dependence of the reaction rate. However, based 

on the collected works on esterification reactions using ion exchange resins as catalyst in other 

similar systems, the assumption of Arrhenius-type temperature dependence is more than reasonable. 

This assumption will be verified with the regression results of specific kinetic models. 

3.3 Regression procedure and kinetic modeling 

Data fitting for all the kinetic models evaluated was performed by nonlinear regression using the 

function nlinfit included in Matlab® v.7.12.0 (130). This function minimizes the differences between 

the measured bulk-liquid compositions (xi-exp) and the calculated predictions (xi-cal) from a specific 

kinetic model, adjusting the regression parameters by the Levenberg-Marquardt algorithm for 

nonlinear least squares (non-robust fits) (131). When a change of 1×10-5 in two sequential iterations 

of the objective-function (OF) minimization in the form of Eq. 3-4 was achieved, it was assumed 

that regression converged. 

𝑶𝑭 = ∑ (𝒙𝒊−𝒆𝒙𝒑. −  𝒙𝒊−𝒄𝒂𝒍.)
𝑵𝑫
𝟏    (3-4) 

Here, ND is the number of all measured compositions obtained in experiments, (propionic acid, 

isoamyl alcohol and isoamyl propionate mole fractions). Regression of parameters was performed 

over 540 experimental measurements and the quality of the solution was evaluated by the calculation 

of the mean squared error (mse) in the form of Eq. 3-5. 

𝒎𝒔𝒆 = ∑
(𝒙𝒊−𝒆𝒙𝒑.− 𝒙𝒊−𝒄𝒂𝒍.)

𝟐

𝑵𝑫

𝑵𝑫
𝟏     (3-5) 

Predictions of bulk-liquid compositions of the specific kinetic model under study were computed by 

integrating the differential equation system (DES) resulting of applying Equation 3-6 into Equation 

3-1, between reaction-time = 0 and the specific batch sample reaction-time. For this integration, the 

Matlab® v.7.12.0 function ode45, which is based on an explicit Runge-Kutta formula for the 

Dormand-Prince pair (132), was used (130). 

𝒅𝒙𝒊

𝒅𝒕
= 𝜼𝒊. 𝒘𝒄𝒂𝒕.𝑴𝒔𝒍𝒏. (𝒓𝒊)    (3-6) 

Here, wcat, Msln and ηi are the catalyst mass fraction in kg-cat/kg-sln, the solution average molecular 

weight in kg-sln/kmol-sln and the effectiveness factor based on component i, respectively. A 

generalized kinetic model (ri), for heterogeneous catalytic reactions, is shown in the form of Eq. 3-

7 (133). 
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(𝒓𝒊) = 𝝊𝒊.
(𝒌𝒊𝒏𝒆𝒕𝒊𝒄 𝒇𝒂𝒄𝒕𝒐𝒓).(𝒅𝒓𝒊𝒗𝒊𝒏𝒈−𝒇𝒐𝒓𝒄𝒆 𝒈𝒓𝒐𝒖𝒑)

(𝒂𝒅𝒔𝒐𝒓𝒕𝒊𝒐𝒏 𝒈𝒓𝒐𝒖𝒑)
  (3-7) 

Here, the parameter υi represents the stoichiometric coefficient of component i in Eq. 1 (negative for 

reagents and positive for products). The kinetic factor is represented by the Arrhenius equation 

(Equation 3-8). The driving-force and adsorption groups are functions of a specific reaction 

mechanism and are based on the composition of reagents, reaction products and any adsorbable 

species present in the reaction media. A first approach is to assume that all possible adsorption 

phenomena are negligible, so the adsorption group is unity resulting in a pseudo-homogeneous 

model. However, the most widely accepted reaction mechanism for acid-esterification is the Fischer-

Speier mechanism (134), which establishes that one carboxylic acid molecule adsorbs on one catalyst 

active site and reacts with a free alcohol molecule, producing a free ester and a water molecule. In 

the case of ion exchange resins, it is also known the great and selective affinity of the acid groups of 

the polymeric matrix for water due to the high polarity of this molecule (see Table 3-1 for moisture 

holding capacity). This may allow neglecting carboxylic acid adsorption in the catalyst active sites. 

Thus, assuming that the surface reaction is controlling, the driving-force group is defined by 

Equation 3-9, and two reasonable good approaches for the adsorption group are presented in 

equations 10 and 11. 

(𝒌𝒊𝒏𝒆𝒕𝒊𝒄 𝒇𝒂𝒄𝒕𝒐𝒓) = 𝒌𝒐. 𝒆𝒙𝒑
(−

𝑬𝒂
𝑹𝒈.𝑻

)
      (3-8) 

(𝒅𝒓𝒊𝒗𝒊𝒏𝒈 − 𝒇𝒐𝒓𝒄𝒆 𝒈𝒓𝒐𝒖𝒑) = (𝒙𝑨𝑪𝒙𝑶𝑯 − (
𝟏

𝑲𝒆𝒒
) 𝒙𝑬𝑺𝑻𝒙𝑾𝒂𝒕𝒆𝒓)  (3-9) 

(𝒂𝒅𝒔𝒐𝒓𝒕𝒊𝒐𝒏 𝒈𝒓𝒐𝒖𝒑 𝟏) = (𝟏 + 𝑲𝑨𝑪𝒙𝑨𝑪 +𝑲𝑾𝒂𝒕𝒆𝒓𝒙𝑾𝒂𝒕𝒆𝒓)
𝟐   (3-10) 

(𝒂𝒅𝒔𝒐𝒓𝒕𝒊𝒐𝒏 𝒈𝒓𝒐𝒖𝒑 𝟐) = (𝟏 + 𝑲𝑾𝒂𝒕𝒆𝒓𝒙𝑾𝒂𝒕𝒆𝒓)
𝟐     (3-11) 

 

Here, the parameters Keq, KAC and KWater are the chemical equilibrium constant, the propionic acid 

and water adsorption constants, respectively. The adjustable parameters for a pseudo-homogeneous 

model are the specific reaction constant ko, in kmol-i/(kg-cat.s), and the activation energy Ea, in 

kJ/kmol. For a heterogeneous kinetic model the adjustable parameters, KAC and KWater are included. 

A kinetic model can be composition-based (xi) or activitiy-based (ai), taking into account the non-

ideality of the mixture.  
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For the rigorous calculation of the effectiveness factor in Eq. 3-6, the solution of the concentration 

profile inside the catalyst particle at every reaction-time for every experiment is required. For a 

spherical particle, the concentration profile is defined by the DES resulting of applying Eq. 3-12 into 

Eq. 3-1, for a specific catalyst particle with radius Rp (135). 

𝒅𝟐𝒙𝒊

𝒅𝑹𝟐
+
𝟐

𝑹

𝒅𝒙𝒊

𝒅𝑹
−
𝒘𝒄𝒂𝒕.𝑴𝒔𝒍𝒏.(𝒓𝒊)

𝑫𝒆𝒇𝒇−𝒊
= 𝟎  (3-12) 

This DES is a boundary value problem with xi = xi-sup. (particle superficial mole fraction of 

component i, in kmol-i/kmol-sln) at R = Rp, and dxi/dR = 0 at R = 0. Because the kinetic model under 

study and its adjustable parameters are invoked in Eq. 3-12, the Matlab® v.7.12.0 function bvp4c 

was included inside the main regression routine. This function solves two-point boundary value 

problems for ordinary DES using a collocation technique based on finite differences with the three-

stage Lobatto IIIa formula (136). As mentioned in section 3.1, the particle superficial composition 

of component i (xi-sup.) is assumed to be the same composition of liquid bulk (xi-calc.). Using the 

composition profile inside the catalyst, the effectiveness factor can be calculated using Eq. 3-13 

(135), assuming a constant flux cross-section area and isothermal conditions. 

𝜼𝒊 =
|𝑫𝒆𝒇𝒇−𝒊.

𝒅𝒙𝒊
𝒅𝑹
|𝒂𝒕(𝑹=𝑹𝒑)

|𝑹𝒑.𝒘𝒄𝒂𝒕.𝑴𝒔𝒍𝒏.𝒓𝒊|𝒂𝒕(𝑹=𝑹𝒑)
    (3-13) 

In total, twelve different regression models were evaluated. For a mole composition or activity based 

pseudo-homogeneous model, either a constant value or a temperature-dependent equilibrium 

constant was considered.  In the same way, for heterogeneous models, eight kinetic expressions were 

obtained, including absorption groups described in equations 3-10 or 3-11. 

Activity coefficients (γi), to calculate activity (ai=γixi) used in kinetic expressions were, calculated 

with NRTL model, using the binary interaction parameters presented in Table 2-25 for Eq. 2-5 and 

Eq. 2-6, respectively. 

3.4 Chemical equilibrium  

Using data from chemical equilibrium experiments, the equilibrium constants, Keq-x and Keq-a, were 

calculated from Eq. 3-16 and Eq. 3-17, respectively. Figure 3-8 presents the calculated values for 

molar fraction-based and activity-based equilibrium constants and their temperature dependence.  

𝑲𝒆𝒒−𝒙 = ∏ (𝒙𝒊)
𝝊𝒊𝟒

𝒊=𝟏    (3-16) 
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𝑲𝒆𝒒−𝒂 = ∏ (𝜸𝒊. 𝒙𝒊)
𝝊𝒊𝟒

𝒊=𝟏   (3-17) 

 

Figure 3-8. Mole fraction- (Δ) and activity- (□) based esterification equilibrium constants from 

experimental data. 

The difference between mole fraction-based and activity-based equilibrium constants reflects the 

significant non-ideality of the system. The variation of ln(Keq) values at the same temperature is due 

to composition measurement uncertainty, which is more important at low concentrations according 

to Equations 3-16 and 3-17. Additionally, selective adsorption of each component into the catalyst 

particles may affect equilibrium condition. From Figure 3-8, values for the reaction enthalpy (ΔHRxn) 

in kJ/kmol and reaction entropy (ΔSRxn) in kJ/(kmol.K) were obtained by linear regression according 

with the Van’t Hoff equation (Eq. 3-18), and these values are presented in Table 3-5 with their 

respective uncertainty for a statistical significance of 95%. 

𝒍𝒏(𝑲𝒆𝒒) = −
∆𝑯𝑹𝒙𝒏

𝑹𝒈.𝑻
+
∆𝑺𝑹𝒙𝒏

𝑹𝒈
   (3-18) 

The differences of reaction enthalpy and reaction entropy, for mole fraction and activity based 

equilibrium constants, are due to the observed data variation which also explain the exothermic or 

endothermic character observed for the esterification reaction. However, in each case the dependence 

of the equilibrium constant with the temperature is small and can be neglected for the temperature 
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interval analyzed. This assumption gives constant values for the chemical equilibrium constants of 

6.39 for mole fraction basis and 63.42 for activity basis. These values were included in the 

corresponding kinetic model.  

Table 3-5. Reaction enthalpy and reaction entropy for propionic acid and isoamyl alcohol liquid 

esterification, for Keq-x and Keq-a and assumed them as constants values. 

Equilibrium constant 

 

Reaction Enthalpy 

-ΔHRxn/Rg (K) 

Reaction Entropy 

ΔSRxn/Rg 

Keq-x-a 

as constant 

Keq-x 
-354.79 

(±1785.80) 

2.71 

(±4.80) 

6.39 

(±1.11) 

Keq-a 838.10 

(±1906.90) 

1.77 

(±5.12) 

63.42 

(±14.68) 

 

Although the parameters ΔHRxn, ΔSRxn and the respective constant values of the chemical equilibrium 

constants, Keq-x and Keq-a, can be used directly as adjustable parameters in the regression procedure 

explained in section 3-3, this work chose to use the parameters obtained in the laboratory based on 

their experimental basis.   

3.5 Regression Results and Conclusions 

By using different seed values during kinetic parameter regression, it was noticed that local 

minimums in Eq. 3-4 occurred. To solve this problem, initial guesses for the adjustable parameters 

were obtained by setting ηi to unity. These initial guesses allowed a reduction in computation time, 

and in all regression cases different local minima in Eq. 3-4 were not observed.  

Tables 3-6 and 3-7 present the values of the adjustable parameters, ko, Ea, KAC and KWater, for the 

pseudo-homogeneous and heterogeneous kinetic models with their respective uncertainty for a 

statistical significance of 95%.  

For the pseudo-homogeneous models, the best fit was obtained with an activity-based model using 

a temperature dependent equilibrium constant. On the other hand, for the heterogeneous models, the 

best fit was achieved with a mole fraction-based model considering only the water adsorption and a 

chemical-equilibrium constant dependent of the reaction temperature. 

 

 



Chapter 3 75 

 

Table 3-6. Regressed parameters, ko and Ea, for a kinetic pseudo-homogeneous models. 

NA: Not Applicable. 

In general, the mole fraction composition-based models show slightly better fit results than the 

activity composition-based models. To explain this, it is important to consider the higher uncertainty 

in activity-based equilibrium constant (± 23%) compared with the mole fraction-based (± 17%) and 

the typical error included with the composition measurements (± 0.020 in mole fraction). It is also 

important to recognize the large changes of activity coefficients with small changes in mole fractions, 

mainly at low concentrations. This means that normal experimental uncertainty of concentrations 

can cause an even higher uncertainty in activities. The possible large changes of activity coefficients 

with the composition can be observed, for example, in figures 2-4 and 2-5. No significant changes 

for the mse value were observed when the slight temperature dependence of the reaction equilibrium 

constant was included.  

As expected, the heterogeneous models show better regression results based on the total number of 

adjustment parameters involved. The fact that models 5 and 6 are slightly worse than 1 and 2 is 

explained by the small effect of the propionic acid adsorption constant into the kinetic model, the 

experimental uncertainty and the range of the mse values. For the heterogeneous models in a mole 

fraction basis, the value of the KAC (0.0220 for model 1 and 0.0208 for model 2) is small compared 

with the KWater value (around of 0.8336 for models 1-5 and 0.9728 for models 2-6); the KWater values 

are 38 and 47 times the KAC values, respectively. Besides, for the corresponding activity-based 

heterogeneous models, the elimination of the propionic acid adsorption constant has a slight effect 

on the mse regression value.  

 

Model 
Regressed ko 

(kmol/kg-cat.s) 

Regressed Ea 

(kJ/kmol) 

-ΔHRxn/Rg 

(K) 
ΔSRxn/Rg Constant Keq-x-a 

ηi  

Average  

value  

mse  

(10-4) 

(Eq. 5) 

 (𝒓𝒊) = 𝝊𝒊. (𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒙𝑨𝑪𝒙𝑶𝑯 − (

𝟏

𝑲𝒆𝒒−𝒙
) 𝒙𝑬𝑺𝑻𝒙𝑾𝒂𝒕𝒆𝒓) 

1 
4986.74 

(±650.94) 

47089.18 

(±402.47) 
-354.79 2.71 NA 

0.3349 

(±0.0005) 
1.933 

2 
4719.26 

(±970.75) 

46966.40 

(±924.59) 
NA NA 6.39 

0.3350 

(±0.0005) 
2.177 

 (𝒓𝒊) = 𝝊𝒊. (𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒂𝑨𝑪𝒂𝑶𝑯 − (

𝟏

𝑲𝒆𝒒−𝒂
)𝒂𝑬𝑺𝑻𝒂𝑾𝒂𝒕𝒆𝒓) 

3 
1209.01 

(±506.58) 

42069.84 

(±1289.10) 
838.10 1.77 NA 

0.3349  

(±0.0005) 
1.914 

4 
933.92 

(±210.38) 

41469.31 

(±684.66) 
NA NA 63.42 

0.3348 

(±0.0005) 
1.918 
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Table 3-7. Regressed parameters, ko, Ea, KAC and KWater for kinetic heterogeneous models. 

NA: Not Applicable 

These results suggest that the propionic acid adsorption has a slight effect in the reaction rate and it 

can be neglected from the kinetic model. As mentioned by different authors, e.g. Froment et al. 

(133), the discernment of the most probable kinetic mechanism is affected by the uncertainty in the 

measures because these can hide the slight effect of the adsorption terms. To clarify the adsorption 

mechanism, extra experimentation must be performed; however, this seems unnecessary for process 

design purposes. Besides, the models used in the kinetic regression include simplified 

representations of sorption phenomena inside the ionic-polymeric-catalytic media. It is well known 

that swelling – shrinking properties of the ion exchange resins in aqueous-organic media, the ionic 

behavior of sulfonic groups, and the phase equilibrium inside the polymeric matrix (electrolytic and 

Model 
Regressed ko 

(kmol/kg-cat.s) 

Regressed Ea 

(kJ/kmol) 

Regressed 

KAC 

Regressed 

KWater 

-ΔHRxn/Rg 

(K) 
ΔSRxn/Rg 

Constant 

Keq-x-a 

ηi, 

Average 

value 

Mse 

(10-4) 

(Eq. 5) 

 
(𝒓𝒊) = 𝝊𝒊.

(𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒙𝑨𝑪𝒙𝑶𝑯 − (

𝟏
𝑲𝒆𝒒−𝒙

)𝒙𝑬𝑺𝑻𝒙𝑾𝒂𝒕𝒆𝒓)

(𝟏 + 𝑲𝑨𝑪𝒙𝑨𝑪 +𝑲𝑾𝒂𝒕𝒆𝒓𝒙𝑾𝒂𝒕𝒆𝒓)
𝟐 

 

1 
9333.18 

(±3519.54) 

48366.03 

(±1101.34) 

0.0220 

(±0.0803) 

0.8463 

(±0.2243) 
-354.79 2.71 NA 

0.3350 

(±0.0005) 
1.652 

2 
10176.62 

(±1899.56) 

48564.50 

(±473.28) 

0.0208 

(±0.0827) 

0.9888 

(±0.2266) 
NA NA 6.39 

0.3350 

(±0.0005) 
1.667 

 
(𝒓𝒊) = 𝝊𝒊.

(𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒂𝑨𝑪𝒂𝑶𝑯 − (

𝟏
𝑲𝒆𝒒−𝒂

) 𝒂𝑬𝑺𝑻𝒂𝑾𝒂𝒕𝒆𝒓)

(𝟏 + 𝑲𝑨𝑪𝒂𝑨𝑪 +𝑲𝑾𝒂𝒕𝒆𝒓𝒂𝑾𝒂𝒕𝒆𝒓)
𝟐 

 

3 
2383.62 

(±349.70) 

43431.56 

(±331.52) 

0.1480 

(±0.0927) 

0.2056 

(±0.0691) 
838.10 1.77 NA 

0.3348 

(±0.0005) 
  1.779 

4 
2162.45 

(±857.92) 

43045.65 

(±1147.29) 

0.1594 

(±0.0980) 

0.2508 

(±0.0731) 
NA NA 63.42 

0.3349 

(±0.0005) 
1.892 

 
(𝒓𝒊) = 𝝊𝒊.

(𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒙𝑨𝑪𝒙𝑶𝑯 − (

𝟏
𝑲𝒆𝒒−𝒙

)𝒙𝑬𝑺𝑻𝒙𝑾𝒂𝒕𝒆𝒓)

(𝟏 + 𝑲𝑾𝒂𝒕𝒆𝒓𝒙𝑾𝒂𝒕𝒆𝒓)
𝟐 

 

5 
9242.83 

(±3513.14) 

48399.74 

(±1129.29) 
NA 

0.8209 

(±0.1905) 
-354.79 2.71 NA 

0.3350 

(±0.0005) 
1.650 

6 
9996.48 

 (±2245.81) 

48574.88 

(±636.56) 
NA 

0.9568 

(±0.1951) 
NA NA 6.39 

0.3350 

(±0.0005) 
1.665 

 
(𝒓𝒊) = 𝝊𝒊.

(𝒌𝒐. 𝒆
(−

𝑬𝒂
𝑹𝒈.𝑻

)
) . (𝒂𝑨𝑪𝒂𝑶𝑯 − (

𝟏
𝑲𝒆𝒒−𝒂

) 𝒂𝑬𝑺𝑻𝒂𝑾𝒂𝒕𝒆𝒓)

(𝟏 + 𝑲𝑾𝒂𝒕𝒆𝒓𝒂𝑾𝒂𝒕𝒆𝒓)
𝟐 

 

7 
1882.31 

(±867.95) 

43124.51 

(±1387.26) 
NA 

0.1408 

(±0.0535) 
838.10 1.77 NA 

0.3349 

(±0.0005) 
1.812 

8 
1678.08 

(±805.46) 

42688.34 

(±1439.68) 
NA 

0.1975 

(±0.0564) 
NA NA 63.42 

0.3334 

(±0.0029) 
1.932 
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polymeric media) are not well understood. As far as the author is concerned, there are only semi-

empirical macroscopic models that can include all these mechanisms in the kinetic models. However, 

all regressed models correlate the experimental data properly and can be used for process design 

purposes. Taking into consideration the magnitude of the mse values, the differences between all 

models are set in 10-4 orders. In this ranges, variations associated with numerical calculation 

(tolerance of convergence and truncation errors) can plays an important role; nevertheless, these 

values indicate that all models are equally good representing kinetic data. In Figure 3-9, for example, 

the experimental data for a Table 3-2 central-experiment (experiment 14) are presented with the 

predictions of the pseudo-homogeneous and heterogonous models, models 3 (Table 3-6) and 5 

(Table 3-7), respectively. In Figures 3-10 and 3-11, all experimental data are presented with the 

predictions of the same pseudo-homogeneous and heterogonous models. 

 

Figure 3-9. Experimental and correlated mole fraction profiles of experiment 14 (Table 3-2). 

Propionic acid mole fraction (□), isoamyl alcohol mole fraction (Δ), isoamyl propionate mole 

fraction (○), correlation of pseudo-homogeneous model (-), model 3 from Table 3-6, and correlation 

of heterogeneous model (--), model 5 from Table 3-7. 
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Figure 3-10. Experimental and predicted mole fractions for pseudo-homogeneous model 3, Table 

3-6. (Confidence bounds for a statistical significance of 99%). 

 

Figure 3-11. Experimental and predicted mole fractions for heterogeneous model 5, Table 3-7. 

(Confidence bounds for a statistical significance of 99%). 
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Figure 3-12. Calculated average effectiveness factor η, per experiment performed (Table 3-2), for 

model 3 (Δ, Table 3-6) and model 5 (□, Table 3-7). 

Regarding the effectiveness factor, it was observed that in most experiments it was constant and 

around 0.335. For each regression case and for the specific regressed parameters, the calculated 

average value of η is also reported in Tables 3-6 and 3-7. However, Figure 3-12 presents the average 

value of η, calculated from models 3 and 5 from Tables 3-6 and 3-7 respectively, for the reaction 

conditions of each experiment performed. It is possible to see in Figure 3-12 the slight dependence 

of the effectiveness factor on the reagent concentration and reaction temperature.  

In general, the esterification reaction of Eq. 3-1 proved being a chemical-equilibrium limited reaction 

without a thermal marked effect according with the obtained results in Table 3-5. Regarding the use 

of Amberlyst® 70 resin as catalyst, this reaction can be implemented in adequate ranges of 

temperature and catalyst loading to obtain attractive reaction rates to use in a typical batch reactor 

(in the range between 2 and 5 hours), which can be designed using the models from Tables 3-6 or 3-

7.  

Finally, the kinetic models obtained in this chapter correlate properly with the reaction kinetic data 

collected and can be used for further modeling and design of reactor attached to conventional 

distillation columns or reactive distillation operations.     
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4. Operation Synthesis 

As it was mentioned in section 1-3, the construction of Residue Curves Maps (RCM) is a powerful 

tool for the conceptual design of distillation-based operations. Based on the main results of the 

chapters 2 and 3, it is possible start now with the conception and conceptual design of the operation 

of a chemical reactor attached to a conventional distillation columns or a reactive distillation 

operation for the production of isoamyl propionate. To study the main limitations and preliminary 

configuration of a distillation-based operation, first of all, it will be analyzed the azeotropic behavior 

of the esterification system with the conceptual analysis from the construction of different RCM for 

a conventional distillation column and after for the case of a reactive distillation column. From the 

RCM results, the modeling and basic operation design for the isoamyl propionate synthesis by 

Reactive Distillation (RD) was formulated as principal conclusion of this chapter. The main results 

presented in this chapter were published elsewhere as partial result of this work.  

4.1 Conventional distillation-based operation 

From the main results of Chapter 2, Tables 2-3, 2-4 and 2-26, for the use of a NRTL-Hayden-

O’Connell model for the description of the Vapor-Liquid-Liquid (VLL) phase equilibrium of the 

esterification system, a direct search of the singular points of Eq. 1-1 for the all quaternary system 

without the presence of chemical reaction, is presented in Table 4-1 at 10.00, 101.32 and 200.00 kPa 

together with their topological-classification in a conventional RCM. These results were obtained 

from the conceptual design utilities of the Aspen Plus® 7.3 chemical engineering software (73). From 

Table 4-1 results, the lower boiling temperatures of the esterification system are related with their 

water content, specifically for the heterogeneous azeotropes alcohol-ester-water, alcohol-water and 

ester-water, the acid-water homogeneous azeotrope and the pure water node. Besides, a small effect 

of the system pressure over the compositions of all the detected azeotropic points is observed and 

only the acid-water azeotrope is avoided at 200.00 kPa.  
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Table 4-1. Singular points for the quaternary isoamyl propionate esterification system (Eq. 3-1) 

assuming no chemical reaction, at 10.00, 101.32 and 200.00 kPa. 

Node 
Temperature 

(K) 

Type 

(Classification) 

Acid 

mole 

fraction 

Alcohol 

mole 

fraction 

Ester 

mole 

fraction 

Water 

mole 

fraction 

 200.00 kPa 

1 387.2 
Heterogeneous azeotrope  

(Unstable Node) 
- 0.143 0.041 0.817 

2 387.5 
Heterogeneous azeotrope 

(Saddle) 
- 0.176 - 0.825 

3 389.2 
Heterogeneous azeotrope  

(Saddle) 
- - 0.125 0.875 

4 393.4 
Pure component  

(Saddle) 
- - - 1.000 

5 425.7 
Pure component  

(Saddle) 
- 1.000 - - 

6 437.2 
Pure component  

(Saddle) 
1.000 - - - 

7 438.1 
Homogeneous azeotrope  

(Saddle) 
0.797 0.203 - - 

8 461.4 
Pure component  

(Stable node) 
- - 1.000 - 

 101.32 kPa 

1 368.2 
Heterogeneous azeotrope  

(Unstable Node) 
- 0.121 0.045 0.833 

2 368.6 
Heterogeneous azeotrope  

(Saddle) 
- 0.156 - 0.844 

3 369.6 
Heterogeneous azeotrope  

(Saddle) 
0 0 0.1194 0.8806 

4 373.1 
Homogeneous azeotrope 

 (Saddle) 
0.037 - - 0.963 

5 373.2 
Pure component 

 (Stable node) 
- - - 1.000 

6 404.2 
Pure component  

(Saddle) 
- 1.000 - - 

7 414.0 
Pure component 

 (Saddle) 
1.000 - - - 

8 415.1 
Homogeneous azeotrope 

 (Saddle) 
0.776 0.224 - - 

9 433.8 
Pure component  

(Stable node) 
- - 1.000 - 

 10.00 kPa 

1 330.2 
Heterogeneous azeotrope 

 (Unstable Node) 
- 0.070 0.063 0.867 

2 330.7 
Heterogeneous azeotrope 

 (Saddle) 
- - 0.112 0.888 

3 330.7 
Heterogeneous azeotrope  

(Saddle) 
- 0.111 - 0.889 

4 332.8 
Homogeneous azeotrope  

(Saddle) 
0.046 - - 0.954 

5 333.2 
Pure component 

 (Stable node) 
- - - 1.000 

6 363.0 
Pure component 

 (Saddle) 
- 1.000 - - 

7 368.8 
Pure component 

 (Saddle) 
1.000 - - - 

8 371.7 
Homogeneous azeotrope 

 (Saddle) 
0.664 0.336 - - 

9 381.8 
Pure component 

 (Stable node) 
- - 1.000 - 
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Although preliminary, a conventional distillation operation at around 200.00 kPa is suggested in 

order to minimize the number of the azeotropy points present in the operation, the composition of 

the acid-water homogeneous azeotrope is very close to the pure water node at 10.00 and 101.32 kPa, 

suggesting the effect of this azeotrope over the residue curves shapes can be small and an 

atmospheric operation is feasible. Also, two stable nodes at 10.00 and 101.32 kPa are detected for 

the pure ester and water nodes indicating the presence of different distillation regions. 

Using the conceptual design utilities of Aspen Plus® 7.3, in Figure 4-1 (a, b, c and d) are presented 

the conventional ternary RCM for each sub-ternary system of the esterification mixtures at 101.32 

kPa, assuming that chemical reaction rates are negligible, as it can be the case of no presence of 

catalyst into a conventional distillation operation. For a complete quaternary RCM, solutions of Eq. 

1-1 for different mixtures of the esterification system in specific numeric-integration pathways are 

presented in the three dimensional RCM of Figure 4-2 at 101.32 kPa. 

Figure 4-1. Conventional ternary residue curve maps in mole fraction for Eq. 3-1 esterification 

system without chemical reaction at 101.32 kPa. Distillation boundary (▬), partial miscibility region 

(ternary binodal curve) (▬), node: azeotrope or pure component (●), tie line (+ — +). 

a. Acid-Alcohol-Ester system 
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Figure 4-1. (Continuation) 

b. Acid-Alcohol-Water system 

 
c. Acid-Water-Ester system 
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Figure 4-1. (Continuation) 

d. Alcohol-Ester-Water system 

 

In this work, the solutions of Eq. 1-1 differential equation system were computed using a simple 

form of the Euler integration-method (137) in an Excel® worksheet, for a small integration-step (< 

0.005 in ξ units) and using the Aspen Properties® 7.3 complement for Excel® (73) to calculate the 

VLL equilibrium compositions, with the specific function PVFlash3 at bubble point conditions. The 

function PVFlash3 calculates the solution of a typical flash-evaporation, checking the presence of 

different LL phases simultaneously. The different integration-solutions and the entire RCM of Figure 

4-2 were plotted using the Matlab® graphic utilities (130) and specifically the Matlab® function plot3, 

for an orthogonal-coordinate composition system.  

From figures 4-1 (a, b, c and d) and 4-2, two main quaternary distillation regions are confirmed for 

integration pathways of the residue curves initiating in the ternary heterogeneous azeotrope alcohol-

ester-water (the lower boiling temperature in the Table 4-1, unstable node) and ending in the pure 

ester or pure water nodes (stable nodes). A detail of the RCM from Figure 4-2 for the lower boiling 

temperatures in the system is presented in the Figure 4-3. 
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Figure 4-2. Conventional residue curve map in mole fraction for Eq. 1 system without chemical 

reaction at 101.32 kPa. Residue curve with homogeneous liquid composition (▬), residue curve 

with heterogeneous liquid composition (▬), partial miscibility region (ternary binodal curve) (▬), 

node (●): azeotrope or pure component. 
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Figure 4-3. Detail for the lower boiling temperatures in Figure 4-2. 

However, for a typical esterification quaternary mixture, without large water content, it is possible 

to distill pure ester as bottom product in a conventional distillation column and obtaining in the top 

mixtures close to the alcohol-ester-water heterogeneous azeotrope. This result suggests the viability 

of the operation of a reactor attached a single conventional distillation column as preliminary process 

solution. On other hand, the distillation boundary between the different quaternary distillation 

regions is mainly contained in a heterogeneous sub-region based on the water-mixture content. This 

heterogeneous sub-region can be abstractly observed by heterogeneous segments of the residue 

curves of Figure 4-2 and the ternary binodal curves from Figures 4-1 to 4-3, which together define a 

compositional volume inside the quaternary compositions field where specific contained mixtures 

have partial miscibility phenomena. This fact indicates that a specific mixture in this LL region can 

be separated into two different light- and heavy- liquid phases. This possibility can be observed in 

detail in Figure 4-4 for a unique residue curve in the main quaternary distillation region, where 
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potential separation of specific mixture points in the heterogeneous segment of the residue curve is 

represented by different tie-lines between the corresponding LL equilibrium compositions of the 

light and heavy phases involved.  

 

Figure 4-4. Potential liquid-liquid separation for a heterogeneous residue curve in Eq. 1 system, 

without chemical reaction, at 101.32 kPa and mole fraction basis. Residue curve with homogeneous 

liquid composition (▬), residue curve with heterogeneous liquid composition (▬), partial 

miscibility region (ternary binodal curve) (▬), node (●): azeotrope or pure component, tie line (+ 

— +). 
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Thus, the possible limitations of the quaternary distillation regions can be avoided by the installation 

of a top-decanter in order to obtain a heavy phase mainly composed by water and a light phase 

composed by a mixture with reduced water content. This fact also suggests the use of the heavy 

phase from the top-decanter as distillate product and the use of the light phase as reflux stream into 

the column. With this configuration the reflux ratio variable of a conventional distillation column is 

fixed and determined by the performance of the LL separation in the top-decanter.  This possibility 

can also avoid the use of separation stages in the top of the column as the boiling mixtures achieve 

compositions close to the alcohol-ester-water heterogeneous azeotrope, based on the major 

separation achieved in the top-decanter than in several distillation-stages working close to an 

azeotropic point. Other important result from Figure 4-4 is the small change of the water composition 

in the heavy phase obtained according with the tie lines in the heterogeneous segment of the residue 

curve for different tie-compositions on the curve. This fact suggest that installation of the top-

decanter could favor the controllability of the operation when possible variations in compositions in 

the top of the column due to possible operation issues, can be absorbed by the selective separation 

of the water reaction without affect significantly products purities. However, this possible effect 

must be analyzed in further controllability studies of a specific distillation operation. In other hand, 

to confirm the veracity of the results presented in this section, tests of topological consistency for 

the ternary and quaternary RCM were performed according with the procedures presented by Kiva 

et al. (138). The results of the tests confirmed the consistency of the RCM predicted azeotropes. 

4.2 Reactive distillation-based operation  

Similarly to the previous section and using now the principal conclusions of Chapter 3, Tables 3-5, 

3-6 and 3-7, and considering that all regressed kinetic models obtained there represent properly the 

reaction kinetic data using Amberlyst® 70 as catalyst, a reactive distillation column can be 

conceptually conceived by the construction of a reactive RCM, preliminary assuming the limiting 

case of chemical equilibrium conditions. Thus, solutions of differential equation system from Eq. 1-

2 for different mixtures of the esterification system of Eq. 3-1, in specific numeric-integration 

pathways at chemical equilibrium conditions, are presented in the reactive RCM of Figure 4-5 at 

101.32 kPa and using specifically the kinetic model 3 from Table 3-6. The different solutions of Eq. 

1-2 in Figure 4-5 were obtained using the same considerations for the conventional RCM of Figure 

4-2, only including an additional subroutine in the Excel® worksheet to calculate the chemical 

equilibrium conditions between two sequential integration-steps by using specifically the Excel® 

function Solver (139), based on the corresponding chemical equilibrium data from Table 3-6, model 
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3. From Figure 4-5 is possible to observe that the binary azeotropes acid-alcohol and ester-water 

together with the ternary azeotrope alcohol-ester-water are avoided for the action of the chemical 

reaction; however, the binary non-reactive azeotropes acid-water and alcohol-water persist in the 

edges of the chemical equilibrium hypothetical surface (see Figure 1-4), and these azeotropes define 

two reactive distillation regions similarly to the conventional RCM of Figure 4-3. These distillation 

regions are defined now by the reactive residue curves starting in the binary heterogeneous azeotrope 

alcohol-water (unstable node) and ending in the pure ester or pure water nodes (stable nodes).  

 

Figure 4-5. Reactive residue curve map in mole fractions for Eq. 3-1 esterification system at 

chemical equilibrium and 101.32 kPa. Residue curve with homogeneous liquid composition (▬), 

residue curve with heterogeneous liquid composition (▬), partial miscibility region (ternary binodal 

curve) (▬) and node (●): azeotrope or pure component. 
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No reactive azeotropy points in Figure 4-5 were observed according with the obtained integration 

pathways of the calculated reactive residue curves and by the direct inspection of singular points in 

Eq. 1-3 for Da→∞, from the non-solution using the Solver® Excel function, for different initial 

guesses around the compositions of the lower boiling temperatures of the system, where it is possible 

to find tangency between the stoichiometric lines and the residue curves integration pathways (see 

section 1-3).  

Also, from Figure 4-5 is possible to observe that residue curves in the major reactive distillation 

region have a shorter integration pathway achieving the pure ester node than the equivalent 

conventional residue curves, suggesting that a reactive distillation operation is a more compact 

operation that a reactor attached to a conventional distillation column (lower equilibrium stages 

required in the reactive distillation column). Similarly to the conventional case, the heterogeneous 

characteristic of the mixtures with lower boiling temperatures in Figure 4-5 can to avoid the 

limitations of the reactive distillation regions detected and confirm the installation of a top-decanter 

in the reactive distillation operation as the best way to remove the reaction-water from the process 

through the use of the heavy phase as distillate product and the light phase as reflux stream. Besides, 

mixtures at chemical equilibrium from a close equimolar ratio of reactants, close to the central 

residue curve in the major reactive distillation region in Figure 4-5, present the shorter integration 

pathway toward the pure ester node. This result suggest that can be unnecessary the use of excesses 

of acid or alcohol in a single RD operation to achieve high conversions of the reactants and products 

purities based on the possibilities to obtain an almost pure water separation in the top-decanter and 

pure ester in the bottoms of the column, without the drawback of refine and recycle unconverted 

reactants, which can be concentrated inside the reactive column until their complete conversion at 

specific residence times.  

To confirm the operation possibilities here concluded, below it is presented the basic modeling and 

simulation of a reactive distillation operation for the isoamyl propionate synthesis. 
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4.3 Reactive distillation - modeling, design and simulation 

Using the previous results, an equilibrium stage model for the basic design of a reactive distillation 

at steady state operation was built using the RadFrac distillation module of the Aspen Plus® 7.3 

chemical engineering software and a schematic representation of this model is presented in Figure 

4-6. A brief discussion about the equilibrium stage model for reactive distillation and basics about 

their solution procedures are presented in the Appendix D. 

 

 

 

 

 

 

 

 

 

 

 

 

     

Figure 4-6. Schema for a preliminary reactive distillation model using Aspen Plus® 7.3. 

The principal characteristics of the individual operations showed in Figure 4-6 are a single reactive 

distillation column, a total condenser and a top-decanter to use the natural flow of the light phase as 

reflux stream directly and the heavy phase as distillate product. The basic design variables to define 

each operation and basic considerations are explained below. 
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4.3.1 Design variables 

To identify which are the most important design variables, this section attempts to capture 

conceptually the designing problem generalizing in three main operational sections of the RD 

operation: feeding streams, column – reboiler and total condenser – decanter. Below is presented a 

brief discussion and definitions for the most important design variables in each operational section. 

Feeding Streams: Here is defined the existence of only two feeding streams, one for each fresh acid 

and alcohol reactant. Any process stream is basically defined by their pressure, temperature, 

composition and total flow. The pressure of each feeding stream can be fixed preliminarily around 

of the atmospheric pressure or a slightly superior value from the specific pressure of the feeding 

stage, according with the pumping conditions and column pressure drop. In this work this variable 

is fixed in 110.00 kPa. The feeding temperature of each stream should be preferably the same 

temperature of the specific feeding stage in order to minimize undesirable effects in the flow regimes 

and temperature profiles inside the column; however, in a preliminary case, this variable is fixed in 

a normal pumping temperature of 323.15 K (50 C), involving specific pre-heating operations. The 

composition and flow of feeding streams are related with each pure component and a specific flow 

basis. As it was mentioned in the previous sections, the use of excesses for the reactants can be 

unnecessary and at this point the fresh feeding flow for each reactant is defined at 0.01 kmol/h. The 

selection of this flow basis is based on the possible expected flows to be used in the experimentation 

explained in the next chapter.  

Column – reboiler: This part of the operation is actually seen as a stripping section where the reflux 

stream is itself a feed stream from the light phase in the top-decanter and it is determined to enter 

above the first stage of the column (Figure 4-6). Thus, using the equilibrium stage model, this part 

of the operation is defined by the specification of the design variables discussed below. 

-. Number of equilibrium stages: For the definition of this variable is possible to use the conceptual 

equivalence between the warped-time of the Equations 1-1 and 1-2 with the column height (see 

section 1-3) (37), using the junction of specific and consecutive segments of residue curves according 

with the presence or not of specific chemical reaction conditions. However, for simplicity in this 

basic design step, it was decided to take this value as six fixed stages; where the first five 

conceptually represent the height of the column and the stage six as the reboiler. The validation of 

this assumption will be ratified with the results of the model simulation for the design specifications 

preliminary purported, high reactants conversions and ester products purities. 
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-. Bottoms or distillate rates, or any relation between them or with the feeding streams, or a specific 

reboiler duty: Before, it is necessary to clarify here that the variable named as distillate rate is exactly 

the flow of the top-column vapor and it is equivalent to the vapor distillate from a partial condenser 

in the top of the column, as it is possible to conceptualize from stage 1 in Figure 4-6. Also, the value 

of this variable determines easily the light and heavy phase flows from the top-decanter, minimizing 

the convergence problems around the reflux stream as tearing point in the numeric solution of the 

model. This was evidenced in preliminary simulations performed over all mentioned design 

variables in exploratory sensitivity tests which shown an easy convergence to a numeric-solution 

with the selection of the top-column vapor flow (distillate rate) as a design variable. From the same 

preliminary sensitivity analysis, this variable can be bounded between a flow close to zero and an 

infinite value based on the desired retention for the column. This variable is preliminarily bounded 

between 0.0075 and 0.0200 kmol/h. 

-. Location of the feeding streams: For a basic design purpose, these variables will be studied for 

stages 2, 3, and 4 as characteristic range of analysis for the location of each feeding stream.  

-. Top and pressure drop in the column: Preliminarily these variables are fixed at the atmospheric 

pressure of 101.32 kPa with a slight pressure drop below of 20 kPa (~3 psi) as adequate value in a 

normal operation of a distillation column and using the results of the section 4-1 and 4-2. 

-. Number and location of reactive stages, specifying the reaction kinetic conditions on each stage: 

These design variables must be defined by the RD model simulations, according with the total 

number of equilibrium stages and location of feeding streams. Preliminarily, chemical equilibrium 

conditions were assumed for all column stages (stages 1 to 5) and then, based on the obtained results, 

for specific locations using specific reaction kinetic conditions from the kinetic model 3 in Table 3-

6, at specific catalyst hold-ups. 

Total condenser – decanter: This set of operations is valued based on simple energy balances for 

specific temperatures in the output streams and their operational pressures. The total and pressure 

drop for this set of operations is preliminarily fixed in the atmospheric pressure of 101.32 kPa, 

without an appreciable pressure drop. The out-put temperature in the total condenser is fixed in 

relation with a vapor fraction of zero (bubble point conditions in the out-let process stream). Here, 

it is interesting to analyze the temperature effect on the liquid-liquid separation intended in the top-

decanter. It is expected that in low temperatures the water-separation in the decanter will show better 

results with the possible widening of the LL partial miscibility region of Figure 4-4. However, graphs 

of the ternary binodal curves, for each ternary system involving water as component, has shown that 
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this effect is negligible for a temperature range between the boiling condition and 303.15 K (30 C). 

Thus, the characteristic LL separation intended can be referred as the tie-lines showed in Figure 4-

4. However, the temperature in the top decanter is fixed at 303.15 K. Similarly to the feeding streams, 

it is desirable to set the temperature of the reflux stream before its entrance into the column, in a 

value close to the stage 1 temperature; however, preliminary the out-put temperature in the reflux 

stream (light liquid phase) is fixed in 303.15 K based on the undesirable effects in the flow regimens 

in the top-column that can be negligible in the range of the lower boiling temperatures of the system 

expected in the top-column (~90 – ~100 C, Table 4-1) and the top-decanter operational temperature.  

4.3.2 Design strategy and model results 

Viewing the diverse design variables options, it is proposed the use of the integrated calculation 

utilities of the Aspen Plus® 7.3 chemical engineering software; specifically the sensitivity and 

optimization model analysis tools (73). To proceed to solve the design problem it is necessary to 

clarify in a formal way the design objective, which preliminary can be translated to a simple objective 

function that represents the main purpose of obtaining high reactants conversions and products 

purities in a single RD operation, as does the Eq. 4-1. 

XAC +wEST−Bottoms   (4-1) 

Here, XAC is the total fractional acid conversion in the RD operation calculated from the difference 

between the total acid moles fed into the operation and the acid moles remaining in the distillate and 

bottoms products over the total acid moles fed; wEST-Bottoms is the ester mass fraction in the bottoms 

product. Thus, a desirable design of the pretended RD operation occurs for an Eq. 4-1 maximum 

value of two, taken into account the isoamyl propionate market specifications mentioned in section 

1.2 for an ester minimum purity of 98 wt%. The value of Eq. 4-1 and its maximization is used as 

criterion to evaluate the design quality in the results presented below. 

Using the definitions of section 4.3.1 for each operational section in the Figure 4-6, in Table 4-2 are 

presents the best results of a preliminary sensitivity analysis for the maximum values of Eq. 4-1 with 

an ester mass fraction in the bottoms product over 0.98. This analysis, for an all reactive column (at 

chemical equilibrium conditions, stages 1 to 5, 6 total stages), using the chemical equilibrium 

parameters of model 3 in Table 3-6 and varying the location of the feeds streams of each fresh 

reactant between the stages 2, 3 and 4, and the top-column vapor flow between 0.0075 to 0.0200 

kmol/h. 
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Table 4-2. Sensitivity analysis for different location of feeding streams for each fresh reactant at 

0.001 kmol/h and top-column vapor flow from the column between 0.0075 to 0.0200 kmol/h *.  

Acid 

feeding 

stage 

Alcohol 

feeding 

stage  

Top-column 

vapor flow 

(kmol/h) 

Eq. 4-1 

value 

Ester 

bottoms 

mass 

fraction 

Water 

distillate 

mass 

fraction 

Bottoms 

flow  

(kmol/h) 

Reflux 

flow  

(kmol/h) 

Distillate 

flow  

(kmol/h) 

2 2 0.0200 1.9992 0.9998 0.9965 0.0100 0.0100 0.0100 

2 2 0.0175 1.9992 0.9997 0.9963 0.0100 0.0075 0.0100 

2 2 0.0150 1.9990 0.9997 0.9960 0.0100 0.0050 0.0100 

2 2 0.0125 1.9988 0.9996 0.9956 0.0100 0.0025 0.0100 

3 3 0.0200 1.9984 0.9993 0.9963 0.0100 0.0100 0.0100 

3 3 0.0175 1.9983 0.9993 0.9961 0.0100 0.0075 0.0100 

2 3 0.0200 1.9980 0.9993 0.9937 0.0100 0.0100 0.0100 

3 3 0.0150 1.9980 0.9992 0.9958 0.0100 0.0050 0.0100 

3 2 0.0200 1.9979 0.9992 0.9943 0.0100 0.0100 0.0100 

2 3 0.0175 1.9978 0.9992 0.9932 0.0100 0.0075 0.0100 

3 2 0.0175 1.9978 0.9991 0.9942 0.0100 0.0075 0.0100 

2 3 0.0150 1.9975 0.9991 0.9925 0.0100 0.0050 0.0100 

3 2 0.0150 1.9975 0.9990 0.9940 0.0100 0.0050 0.0100 

3 3 0.0125 1.9973 0.9988 0.9954 0.0100 0.0025 0.0100 

2 3 0.0125 1.9968 0.9988 0.9909 0.0100 0.0025 0.0100 

4 4 0.0200 1.9955 0.9978 0.9953 0.0100 0.0100 0.0100 

4 3 0.0200 1.9953 0.9979 0.9938 0.0100 0.0100 0.0100 

3 4 0.0200 1.9952 0.9981 0.9882 0.0100 0.0100 0.0100 

4 4 0.0175 1.9949 0.9976 0.9952 0.0100 0.0075 0.0100 

3 4 0.0175 1.9949 0.9980 0.9877 0.0100 0.0075 0.0100 

4 3 0.0175 1.9948 0.9976 0.9938 0.0100 0.0075 0.0100 

2 4 0.0200 1.9946 0.9979 0.9865 0.0100 0.0100 0.0100 

2 4 0.0175 1.9944 0.9978 0.9868 0.0100 0.0075 0.0100 

3 4 0.0150 1.9944 0.9977 0.9874 0.0100 0.0050 0.0100 

4 4 0.0150 1.9939 0.9970 0.9950 0.0100 0.0050 0.0100 

4 3 0.0150 1.9935 0.9969 0.9938 0.0100 0.0050 0.0100 

3 4 0.0125 1.9926 0.9967 0.9885 0.0100 0.0025 0.0100 

4 4 0.0125 1.9906 0.9953 0.9949 0.0100 0.0025 0.0100 

2 4 0.0150 1.8986 0.9470 0.9870 0.0105 0.0055 0.0095 

* For all reactive column in chemical equilibrium (reactive stages 1-5, 6 total stages), feeding 

between the stages 2-4. 

From Table 4-2 is possible to observe that the maximum values for Eq. 4-1 are related with feeding 

streams located between high and intermediate column stages and high values of the flow of the top-

column vapor. To clarify the effect of this last variable in the operation, in Table 4-3 it is presented 

a sensitivity analysis for the top-column vapor flow variable for values between 0.001 and 0.039 

kmol/h, fixing the location of the each feeding stream in the stage 2 and calculating a molar reflux 

ratio from the calculated molar flows in the model for the reflux stream and distillate product, for a 

flow of each pure reactant of 0.01 kmol/h. 
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Table 4-3. Sensitivity analysis for the top-column vapor flow between 0.0010 and 0.0391 kmol/h, 

fixing the location of the feeding streams in the stage 2 of an all reactive distillation column at 

chemical equilibrium (reactive stages 1-5, 6 total stages).  

Top-column 

vapor flow 

(kmol/h) 

Eq. 4-1 value 
Ester bottoms 

mass fraction 

Water 

distillate mass 

fraction 

Bottoms flow 

(kmol/h) 

Molar reflux 

ratio 

0.0391 1.9994 0.9998 0.9971 0.0100 2.9104 

0.0337 1.9994 0.9998 0.9970 0.0100 2.3660 

0.0282 1.9994 0.9998 0.9969 0.0100 1.8217 

0.0228 1.9993 0.9998 0.9966 0.0100 1.2774 

0.0200 1.9992 0.9998 0.9965 0.0100 0.9996 

0.0173 1.9992 0.9997 0.9963 0.0100 0.7330 

0.0119 1.9061 0.9506 0.9949 0.0105 0.2451 

0.0064 1.6413 0.7967 0.9948 0.0148 0.2498 

0.0010 1.5979 0.7555 0.9948 0.0192 0.2487 
 

From the results of Table 4-3 it is possible to observe as the values of top-column vapor flow 

increase, the values of Eq. 4-1, the compositions of ester in the bottoms and water in distillate, 

increase to their maximums values. In the same way, the bottoms flow decrease and stabilizes in a 

value close to the expected flow of pure ester from total conversion of reactants of pure component 

streams at an equimolar ratio. For the reflux stream its flow increases indefinitely indicating the 

growth of the column mass retention (high reflux ratios).  This results can be explained itself by the 

high reactants conversions inside the reactive column assuming chemical equilibrium conditions, 

which can be obtained by a high residence time or a high catalyst hold-up inside the column sections 

where the acid and alcohol can stay properly mixed for reaction. Thus, it is expected as the value of 

the top-column vapor flow approaches to lower values (low reflux ratios), the composition in the 

bottoms increase for the more volatile components which can lead the prevention of high reactants 

conversions and the LL separation in the top-decanter by a dissolving effect of the organic phase 

into the aqueous phase, relocating the stages where the acid and alcohol are mixed at lower heights 

in the column. On the other hand, similar simulations using now the bottoms flow as design variable, 

for lower values than 0.0100 kmol/h, shown non-numeric solution of the model at steady state. This, 

because as the value of this variable decreases, the top-column compositions increase with the less 

volatile components; accumulating acid, alcohol and ester in the light phase from the top-decanter 

and increasing the reflux flow for an almost constant value of the distillate flow in a dynamic 

accumulative operation. This results is explained too by the selective separation of the reaction water 

in the top-decanter which allowing the recycle of almost all no converted reactants and the ester itself 
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into the column. Also, it is possible to expect the prevention of the LL separation in the top-decanter 

by a dissolving effect of the aqueous phase into the organic phase for lower bottoms flows.  

Regarding to the location of the reactive stages, in Figure 4-7 are presented the consumed and 

generated amounts of acid and ester per stage in an all reactive distillation column at chemical 

equilibrium conditions (reactive stages 1-5, 6 total stages) and for top-column vapor flow of 0.02 

kmol/h, for different locations of feeding streams of pure components at 0.01 kmol/h each one. 

Figure 4-7. Generated amounts of acid and ester per stage, in an all reactive distillation column at 

chemical equilibrium (stages 1-5, 6 total stages), for different configurations of the feeding streams 

for pure components at 0.01 kmol/h and a top-column vapor flow at 0.02 kmol/h. Acid (▬), ester 

(▬) in kmol/h. 

a. Acid feeding in stage 2, Alcohol feeding in stage 2. 
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Figure 4-7. (Continuation) 

b. Acid feeding in stage 2, Alcohol feeding in stage 4. 

 

c. Acid feeding in stage 4, Alcohol feeding in stage 4 
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Figure 4-7. (Continuation) 

d. Acid feeding in stage 4, Alcohol feeding in stage 2 

 

From Figure 4-7 (a, b, c and d), it is possible to observe that all feeding configurations present stages 

where the reaction proceeds with peaks of acid consumption and ester generation, and stages with 

flat conversions close to zero values. For the configuration a, the reaction proceeds first in the stage 

2 with a conversion peak and then, the conversion decreases softly toward lower column stages. For 

the configuration b, the reaction conversions occur more homogeneously in a defined section in the 

middle part of the column. Here is important to remember the normal boiling points of the propionic 

acid and isoamyl alcohol together with the lower boiling azeotropes in Table 4-1. Specifically the 

configuration b favoring the good mixing of these reactants by the location of the acid feeding in the 

top entrance and the alcohol feeding in the bottoms entrance, for which the acid tends to down 

through the lower stages and the alcohol tends to up through highest stages of column together with 

the reaction water, which drag some acid, alcohol and ester to the top. This possibility prevent the 

occurrence of conversion peaks that can affect the operation hydraulics (possible strong changes in 

the composition and flows profiles inside the column), and the performance of the catalyst with the 

continuous operational time; however, based on the Table 4-2 results, the configuration a got better 

results for Eq. 4-1 value that the configuration b. On the other hand, the configurations c and d 

present the possibility of to require additional reactive and non-reactive stages in the bottoms of the 

column favoring the presence of unconverted reactants in the bottoms product. These results suggest 

the location of a single and continuous reactive section to contain the reaction catalyst in the middle 

part of the column for the Figure 4-7, a and b feeding configurations. Thus, the location of the 

reactive column section can be bounded between the stages 2 and 4, preliminarily. 
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With the previous conclusions, now it is necessary to invoke a more realistic assumption for the 

esterification reaction kinetics using the complete model 3 from Table 3-6 in the stages 2-4 in the 

reactive distillation model and considering the stages 1 and 5 as conventional distillation stages. In 

Table 4-4, it is presented a sensitivity analysis for different catalyst hold-ups in the stages 2, 3 and 

4, and different top-column vapor flows in the two feeding configurations selected as suitable. From 

Table 4-4, the better results for the maximization of Eq. 4-1 values occur for the highest catalyst 

hold-ups at specific top-column vapor flows and feeding the fresh acid and alcohol reactants in the 

reactive stage 2. In Figures 4-8 a and b are presented the variation of the Eq. 4-1 value with the 

catalyst hold-up and the top-column vapor flow for the two feeding configurations analyzed. From 

these figures, the both feeding configurations present a maximum in Eq. 4-1 value in a specific value 

of top-column vapor flow around between the 0.015 and 0.020 kmol/h vapor flows. However, all 

simulations in Table 4-4 showed up good results for a high reactants conversions and products 

purities at reasonable catalyst hold-ups and column retentions for top-column vapor flows close to 

the interval between 0.015 and 0.020 kmol/h. 

Table 4-4. Sensitivity analysis for the catalyst hold-up between 0.8 and 0.2 kg per reactive stage 

(stages 2, 3 and 4, 6 total column stages), and the top-column vapor flow between 0.0100 and 0.0300 

kmol/h, for different feeding streams locations using the kinetic model 3 from Table 3-6. 

Catalyst hold-

up per stage 

(kg) 

Top-column 

vapor flow 

(kmol/h) 
Eq. 4-1 value 

Ester 

bottoms 

mass 

fraction 

Water 

distillate 

mass 

fraction 

Bottoms flow 

(kmol/h) 

Molar reflux 

ratio 

Acid feeding in stage 2, Alcohol feeding in stage 2 

0.8 0.0150 1.9961 0.9982 0.9955 0.0100 0.5017 

0.8 0.0200 1.9954 0.9978 0.9952 0.0100 1.0029 

0.6 0.0150 1.9953 0.9977 0.9953 0.0100 0.5023 

0.8 0.0250 1.9947 0.9975 0.9950 0.0100 1.5043 

0.6 0.0200 1.9944 0.9973 0.9950 0.0100 1.0038 

0.8 0.0300 1.9940 0.9971 0.9949 0.0100 2.0062 

0.6 0.0250 1.9935 0.9968 0.9948 0.0100 1.5058 

0.4 0.0150 1.9933 0.9967 0.9950 0.0100 0.6039 

0.6 0.0300 1.9925 0.9904 0.9947 0.0100 2.0082 

0.4 0.0200 1.9922 0.9961 0.9948 0.0100 1.0058 

0.4 0.0250 1.9906 0.9953 0.9946 0.0100 1.5091 

0.4 0.0300 1.9888 0.9944 0.9945 0.0100 2.0134 

0.8 0.0100 1.9715 0.9763 0.9961 0.0116 0.1857 

0.6 0.0100 1.9682 0.9744 0.9959 0.0116 0.1922 

0.4 0.0100 1.9618 0.9709 0.9956 0.0117 0.2024 
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Table 4-4. (Continuation) 

Catalyst hold-

up per stage 

(kg) 

Top-column 

vapor flow 

(kmol/h) 
Eq. 4-1 value 

Ester 

bottoms 

mass 

fraction 

Water 

distillate 

mass 

fraction 

Bottoms flow 

(kmol/h) 

Molar reflux 

ratio 

Acid feeding in stage 2, Alcohol feeding in stage 4 

0.8 0.0200 1.9886 0.9943 0.9944 0.0100 1.0089 

0.8 0.0150 1.9886 0.9943 0.9943 0.0100 0.7076 

0.8 0.0250 1.9885 0.9942 0.9945 0.0100 1.5114 

0.8 0.0300 1.9883 0.9941 0.9946 0.0100 2.0140 

0.6 0.0150 1.9875 0.9937 0.9945 0.0100 0.4070 

0.6 0.0200 1.9874 0.9936 0.9946 0.0101 1.3117 

0.6 0.0250 1.9873 0.9935 0.9946 0.0101 1.5130 

0.6 0.0300 1.9868 0.9933 0.9946 0.0101 2.0162 

0.4 0.0150 1.9859 0.9928 0.9947 0.0101 0.5088 

0.4 0.0200 1.9856 0.9926 0.9947 0.0101 0.9114 

0.4 0.0250 1.9845 0.9921 0.9946 0.0101 1.5163 

0.4 0.0300 1.9834 0.9915 0.9946 0.0101 2.0210 

0.8 0.0100 1.8540 0.9030 0.9867 0.0143 0.7557 

0.6 0.0100 1.8321 0.8928 0.9867 0.0142 0.7305 

0.4 0.0100 1.7874 0.8713 0.9867 0.0142 0.7157 

Taking into account the process economics, the use of lower catalyst hold-ups, below 0.4 kg per 

reactive stage, simulations showed difficulties to find a numeric-solution. In these simulation cases, 

the prevention of the formation of two different LL phases in the top-decanter, by the insufficient 

reaction-water formation for the selected flow basis of fresh reactants into the operation, was 

observed. 

Figure 4-8. Variation of the Eq. 4-1 value with the catalyst hold-up in the reactive stages 2, 3 and 4 

(6 total stages), using the kinetic model 3 from Table 3-6 and the top-column vapor flow in kmol/h. 

Marker denote 0.8, 0.6 and 0.4 kg of catalyst per stage (○, □, Δ), respectively. 

a. Acid feeding in stage 2, Alcohol feeding in stage 2 
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Figure 4-8 (Continuation) 

b. Acid feeding in stage 2, Alcohol feeding in stage 4 

 
 

 

Figure 4-9. Temperature profiles for a RD operations at steady state for a catalyst hold-up of 0.4 kg 

per reactive stage (stages 2-4, 6 total stages) and a top-column vapor flow of 0.020 kmol/h. Acid and 

alcohol feeding in stage 2 (+), acid feeding in stage 2 and alcohol feeding in stage 4 (○). 
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In Figures 4-9 to 4-12 are presented the temperature, liquid composition and vapor-liquid flows 

profiles at steady state RD operation, together with the generated amounts of acid and ester inside 

the reactive column, for the two feeding configurations analyzed, using a catalyst hold-up of 0.4 kg 

per reactive stage (stages 2, 3 and 4) and a top-column vapor flow of 0.020 kmol/h. 

 

 

Figure 4-10. Liquid mass fraction profiles for a RD operation at steady state for a catalyst hold-up 

of 0.4 kg per reactive stage (stages 2-4, 6 total stages) and a top-column vapor flow of 0.020 kmol/h. 

Acid and alcohol feeding in stage 2  (+), acid feeding in stage 2 and alcohol feeding in stage 4 (○); 

acid (▬), alcohol (▬), ester (▬) and water (▬) profiles. 
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Figure 4-11. Vapor and liquid flows profiles for a RD operation at steady state for a catalyst hold-

up of 0.4 kg per reactive stage (stages 2-4, 6 total stages) and a top-column vapor flow of 0.020 

kmol/h. Acid and alcohol feeding in stage 2 (+), acid feeding in stage 2 and alcohol feeding in stage 

4 (○); vapor (▬) and liquid (▬) flow profiles. 
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Figure 4-12. Generated amounts of acid and ester in a RD column at steady state for a catalyst hold-

up of 0.4 kg per reactive stage (stages 2-4, 6 total stages) and a top-column vapor flow of 0.020 

kmol/h. Acid and alcohol feeding in stage 2 (+), acid feeding in stage 2 and alcohol feeding in stage 

4 (○); acid (▬) and ester profiles (▬). 
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bottoms product is detected for the alcohol feeding in stage 4. Moreover, although the compsuntion 

and generated amounts of reactants and products inside the column are almost equal for the two 

feeding configurations, the effect of feeding the alcohol in the stage 4 produces a smallest vapor and 

liquid flows inside the middle and lower sections of the column; however, the differences are small 

enough to be neglected and the changes in these variables with the reaction occurrence are not large 

to consider special designs for the column diameter (140). Although the Figure 4-12 also suggest the 

elimination of the stage 4 as reactive stage, the difficulties to obtain numeric-solutions for a smallest 

catalyst hold-ups below 0.4 kg per reactive stage suggest the continuation of stage 4 as reactive stage 

in order to maintain a sufficient catalyst hold-up in the column. Also, with the catalyst hold-up of 

0.4 kg the initial assumption of minimum six total equilibrium stages is validated specifically with 

the results of Figure 4-10 and Table 4-4. As well taking into account the temperature profiles from 

Figure 4-9, it is possible to obtain a smoother temperature and vapor-liquid flows profiles inside the 

column considering the pre-heating of the feeding and reflux streams to a temperature values close 

to the specific entrance stage of each one. For this design purpose, and enthalpy exergy analysis is 

recommended (141) and it is left to future work.   

On other hand, special considerations for the sizing of the column-diameter at defined operational 

pressure drops of specific conventional and reactive packages and/or trays must be considered to an 

appropriate operation scale-up together with a more complete optimization-review of the design of 

the RD operation concluded until now. This optimization-review can include aspects as energy 

compsuntion, construction materials, installation and operational -costs together with the analysis of 

the operation controllability. Although it should be recognized that these considerations are outside 

the principal scope of this work, preliminary simulations using the pack-sizing utilities of Aspen 

Plus® 7.3, considering different options for Mellapack® structured packing from Sulzer Co. as 

representative packing for the RD operation analyzed, shown in general a required internal column-

diameter between 7 and 4 cm for pressure drops between 0.1 and 2 kPa using an approach to 

maximum capacity of 0.62 as fraction, for the simulated conditions of Figures 4-9 to 4-12. 
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4.4 Conclusions 

The production of isoamyl propionate by reactive distillation has been theoretically studied from the 

construction of conventional and reactive RCM and simulation of an equilibrium stage distillation 

model built in Aspen Plus® 7.3. All these results suggest the possible production of isoamyl 

propionate, from the liquid esterification of propionic acid with isoamyl alcohol using Amberlyts® 

70 as catalyst, with high reactants conversions and products purities in a single reactive distillation 

operation with the characteristics shown in Tables 4-5 to 4-7 for a flow basis of 0.010 kmol/h of 

fresh pure reactant. 

Table 4-5. Principal characteristics of a RD operation for the production of isoamyl propionate 

according with the Figure 4-6. 

Section Variable Type Value 

Feeding streams 

Number Design 1 or 2. For the feeding of fresh acid and alcohol reactants. 

Temperature Fixed 50 °C. According with the feeding stage temperature. 

Composition Fixed Pure reactant in an equimolar molar ratio. 

Flow Fixed Flow basis 0.010 kmol/h of each pure reactant. 

Column 

 – 

Reboiler 

Number of 

equilibrium stages 
Fixed Six. 

Number and 

location of reactive 

stages 

Design 
Three reactive stages. Stages 2, 3 and 4, using the kinetic 

model 3 from Table 3-6. 

Catalyst hold-up Design 
0.4 kg per reactive stage of Amberlyst® 70, for a total 

hold-up of 1.2 kg. 

Feeding stages Design 

Single feeding stream in stage 2 (0.020 kmol/h of pure 

acid and alcohol at equimolar ratio). 

Two feeding streams, acid feeding stream in stage 2 

(0.010 kmol/h) and alcohol feeding stream in stage 4 

(0.010 kmol/h). 

Top-column vapor 

flow 
Design Between 0.015 and 0.020 kmol/h. 

Operational 

pressure 
Fixed 

Stage 1 operational pressure: 101.32 kPa. 

Pressure drop: 16 kPa (~2 psi). 

Condenser  

– 

top-decanter 

Condenser out-put 

temperature 
Fixed At bubble point conditions. 

Condenser 

pressure and 

pressure drop 

Fixed 
Operational pressure: 101.32 kPa. 

Pressure drop: 0 kPa. 

Operational 

temperature of top-

decanter 

Fixed 30 °C. (without pre-heater for the light-reflux stream). 

Top-decanter 

pressure and 

pressure drop 

Fixed 
Operational pressure: 101.32 kPa. 

Pressure drop: 0 kPa. 

 



Chapter 4 109 

 

Table 4-6. Simulated streams results for the RD operation explained in Table 4-5 for the pure acid 

and alcohol feeding in reactive stage 2 at equimolar feeding ratio.  

STREAM Bottoms Condensates Distillate Feed 1 Feed 2 Reflux 
Top-column 

vapors 

From Column Condenser Decanter   Decanter Column 

To - Decanter - Column Column Column Condenser 

Phase Liquid Liquid Liquid Liquid Liquid Liquid Vapor 

Component Mole Flow (kmol/h) 

Acid 0.0000 0.0003 0.0000 0.0100 - 0.0003 0.0003 

Alcohol 0.0000 0.0039 0.0000 - 0.0100 0.0039 0.0039 

Water 0.0000 0.0123 0.0100 - - 0.0023 0.0123 

Ester 0.0100 0.0035 0.0000 - - 0.0035 0.0035 

Component Mass Fraction 

Acid 0.0020 0.0205 0.0005 1.0000 - 0.0245 0.0205 

Alcohol 0.0019 0.3151 0.0043 - 1.0000 0.3765 0.3151 

Water 0.0000 0.2023 0.9948 - - 0.0458 0.2023 

Ester 0.9961 0.4620 0.0004 - - 0.5532 0.4620 

Mole Flow (kmol/h) 0.0100 0.0200 0.0100 0.0100 0.0100 0.0100 0.0200 

Mass Flow (g/min) 24.032 18.227 3.007 12.347 14.692 15.220 18.227 

Temperature (C)  166.0 95.3 30.0 50.0 50.0 30.0 116.7 

Pressure (kPa) 117.32 101.32 101.32 111.46 111.46 101.32 101.32 

Acid conversion 0.9960 

Reboiler heat duty (kW) 1.88 

Condenser heat duty (kW) -0.25 

Decanter heat duty (kW) -0.06 
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Table 4-7. Simulated streams results for the RD operation explained in Table 4-5 for the pure acid 

feeding in stage 2 and pure alcohol feeding in reactive stage 4 at equimolar feeding ratio. 

STREAM Bottoms Condensates Distillate Feed 1 Feed 2 Reflux 
Top-column 

vapors 

From Column Condenser Decanter   Decanter Column 

To - Decanter - Column Column Column Condenser 

Phase Liquid Liquid Liquid Liquid Liquid Liquid Vapor 

Component Mole Flow (kmol/h) 

Acid 0.0001 0.0008 0.0000 0.0100 - 0.0008 0.0008 

Alcohol 0.0001 0.0025 0.0000 - 0.0100 0.0025 0.0025 

Water 0.0000 0.0119 0.0099 - - 0.0020 0.0119 

Ester 0.0099 0.0042 0.0000 - - 0.0042 0.0042 

Component Mass Fraction 

Acid 0.0034 0.0564 0.0020 1.0000 - 0.0670 0.0564 

Alcohol 0.0040 0.1999 0.0028 - 1.0000 0.2380 0.1999 

Water 0.0000 0.1932 0.9947 - - 0.0382 0.1932 

Ester 0.9926 0.5504 0.0005 - - 0.6568 0.5504 

Mole Flow (kmol/h) 0.0101 0.0195 0.0099 0.0100 0.0100 0.0096 0.0195 

Mass Flow (g/min) 24.040 18.495 2.997 12.347 14.692 15.497 18.495 

Temperature (C) 165.6 95.8 30.0 50.0 50.0 30.0 120.1 

Pressure (kPa) 117.32 101.32 101.32 111.46 111.46 101.32 101.32 

Acid conversion 0.9929 

Reboiler heat duty (kW) 1.87 

Condenser heat duty (kW) -0.25 

Decanter heat duty (kW) -0.06 

 

However, the good results obtained here will be evaluated in the next chapter with the performance 

of experiment in a pilot-scale reactive distillation column. Finally, a compilation of the simulation 

files used to obtain the results showed in this chapter: Excel® sheets, residue curve maps and Aspen 

Plus® simulation files, are presented in the Appendix D. 



 

 
 

5. Experimental Evaluation and Concluding 

Remarks  

From the results of Table 4-5 to 4-7 of the previous chapter, an experimental evaluation of the 

concluded model there was performed in a glass reactive distillation pilot-column operating at 

atmospheric pressure and steady state, available for this work in the pilot-plant laboratory of the 

Reactive Distillation (RD) research group of the Michigan State University – USA (142) and in the 

laboratories of the chemical and environment engineering department of Universidad Nacional de 

Colombia. This chapter presents the experimental results of this experimentation and their 

reconciling with the RD model obtained in the previous chapter. With the analysis of these results 

several conclusions over the RD operation in steady state are presented for the production of isoamyl 

propionate and used to present some concluding remarks about the industrial scale-up, especially for 

a possible batch RD configuration. The main results presented in this chapter were published 

elsewhere as partial result of this work. 

5.1 Experimental evaluation 

5.1.1 Materials 

Propionic acid (>99.5 wt%, Merck KGaA), isoamyl alcohol (>99.5 wt%, J.T. Baker), isoamyl 

propionate (>99.0 wt%, SAFC KGaA) and water (HPLC grade, J.T. Baker) were used as standards 

for calibration of GC technique. The n-Hexanol (>99.0 wt%, SAFC KGaA) and acetonitrile (HPLC 

grade, EMD) were used as internal standard and solvent for chromatographic analyses, respectively. 

Amberlyst® 70 ion exchange resin was used as catalysts in the reactive distillation column packing, 

in the conditioning of pre-reacted mixtures and it was purchased from the Dow Chemical Co. Values 

of acid equivalents of 2.7 ± 0.2 for Amberlyst 70® has been reported by Orjuela et al. (122). The 

propionic acid (99 wt%) and isoamyl alcohol (98 wt%) used in the reactive distillation column 

experiments were supplied by Alfa Aesar GmbH & Co. KG. 
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5.1.2 Analysis 

The composition of liquid samples from the column experiments was determined by gas 

chromatography (GC) using a Varian Gas Chromatographer 450, equipped with an automatic 

injector, a J&W Scientific DBwax column (30 m - 530 µm ID – 1 µm) and a thermal conductivity 

detector (TCD at 240 C). The initial oven temperature was programmed at 40 °C for 2 minutes, with 

heating ramps of 10 °C/min up to 150 C, and 30 °C/min up to 230 C, maintaining the maximum 

temperature for 1 minute. The injection port temperature was maintained at 250 °C with split mode 

off. In each analysis, 0.3 µL of sample was injected. Helium was used as carrier gas at 10 mL/min. 

Around 200 mg from column liquid samples were diluted in acetonitrile in 8.2:1 solvent to sample 

mass ratio. Around 100 mg of n-hexanol was added in each sample as internal standard. After 

calibrating the GC technique, an average error of ± 0.015 in mass fraction of propionic acid, isoamyl 

alcohol, isoamyl propionate and water was found; this value is reported as maximum deviation in 

composition analysis. Details of the GC technique used are presented in the Appendix E. 

Additionally, the acid values of the bottom and distillate streams were obtained by titration with 0.1 

M solution of NaOH in EtOH–H2O until final point with phenolphthalein. These acid values were 

used to indicate in situ the compositional approach to steady state while the GC results were 

available. The main results presented in this chapter were published elsewhere as partial result of 

this work.  

5.1.3 Reactive distillation pilot-column description 

Using the RCM and the preliminary simulation results of chapter 4 as guidelines, continuous RD 

experiments were carried out in an 8 cm ID × 6 m tall pilot-scale glass column. The column is 

constructed with six removable glass sections joined by flanges and separated by liquid 

redistributors. These redistributors allow liquid sample collection and different feeds locations for 

specific acid to alcohol molar ratios. The possibility of using a pre-reacted mixture, as feeding 

stream, was anticipated for the special case that the catalyst hold-up available in the column cannot 

support the objective of to obtain high fresh reactants conversions. A summary schema of the pilot-

column used is presented in the Figure 5-1. The reactive zone (4 m) consists of sections of Katapak®-

SP-11 (Sulzer Chemtech. Co.) (143) structured packing containing approximately 80 kg/m3 of 0.5 

mm average diameter Amberlyst® 70 ion exchange resin beads. The nonreactive stripping (1 m) and 

rectifying (1 m) sections contain BX® structured gauze packing (143). Stage labels in the Figure 5-

1 were assigned by applying the approximate number of theoretical stages per meter of packaging 

(NTSM = 2/m) reported for structured packing in the literature (144) - (145).   
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Figure 5-1. Schema of the reactive distillation column available for the experimentation performed. 

The column and the glass reboiler were wrapped with electric heating tapes and glass wood 

insulation. Internal thermocouples and external column surface thermocouples were used to register 

internal vapor-liquid temperatures and to ensure an adiabatic operation by adjusting the power 
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delivered from the heating tapes by the equalization of the surface temperatures measurements with 

the measured internal temperatures. The temperature control of each heating tape was performed by 

the action of individuals Omega temperature controllers over the external column surface 

thermocouples measurements. 

The operational liquid volume in the reboiler was maintained at 1.5 L approx. by the connection of 

an overflow line to a collector vessel which weight was monitored by an electronic balance. Heating 

power was supplied with a 1.5 kW stainless steel coated electric resistance heater submerged in the 

reboiler liquid which also was used to control the column bottoms flow based on the supplied power. 

The column was equipped with a vertical total glass-condenser connected to an atmospheric 

equilibrating vessel which was assumed to be at ~101 kPa approx., according with the barometric 

pressure measurements in the laboratory; condenser coolant was water supplied by pumping 

laboratory feasibility capable of providing liquid at 298.15 K (25 C) and 10 cm3/s. The condenser 

outlet liquid was received in a top decanter with a capacity for 1.5 L. The light phase was totally 

recycled to the top of the column by the connection of an overflow line and the flow rate was 

measured with a Honeywell coriolis flowmeter. The average temperature in the top-decanter was 

around of 303.15 K (30 C) during all experimentation. The heavy phase was taken out from the 

decanter bottoms by the aperture of a valve ensuring a defined level of liquid-liquid interface. The 

distillate outlet liquid was received in a collector vessel which weight was monitored by an electronic 

balance. This configuration fixed the column-reflux to the separation performance of the top 

decanter. The pressure drop through the column is assumed to be less than 20 kPa, according with 

the composition and boiling temperatures achieved in the bottoms of the column in each RD 

experiment.  

Inlet streams were drawn from two feeding vessels positioned on electronic balances and using 

individual diaphragm pumps. The feeding flow rates were controlled by adjusting the stroke length 

of the pumps according with the weight variation of the feeding vessels between consecutive time-

lectures. The feeding streams were not preheated before entry to the column and they were pumped 

at 298.15 K (25 C) as average value. 

For the conditioning of pre-reacted mixtures, a vessel of 50 L and a glass cylindrical section of 8 cm 

ID × 1 m tall were used to recycle mixtures of propionic acid and isoamyl alcohol in specific molar 

ratios through an Amberlyts® fixed bed. The glass section was charged with the catalyst till the 80% 

of the volume and wrapped with an electric heating tape and insulated with glass wood. The initial 

mixture was charged into the vessel and pumped through the catalytic bed, which was heated to 
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obtain a top-outlet liquid at 313.15 K (40 C), recycling all the content to the feeding vessel. This 

operation was performed by minimum 24 hours and composition changes lower than 2% in the 

mixture mass composition, ensuring chemical equilibrium conditions.  

5.1.4 Reactive distillation pilot-column operation 

Before starting with the programed experiments, the column was pretreated by 8 hours with the 

continuous charge of a specific equimolar mixture of acid and alcohol and operating at total reflux 

by overflow of the top-decanter until it was achieved a selected liquid-liquid interface level and an 

adequate liquid level in the reboiler. The withdrawal of distillate and bottoms products was 

performed as washing procedure for several hours. To reduce excessive use of reactants and 

minimize the start-up time during each experiment, the liquid hold-up from the column at the end of 

a previous run was kept in the reboiler and the lower part of the column together with the liquid 

holdup remaining in the top-decanter for the light phase only.  

In typical operation, the column was started by slowly adding power to the reboiler heater and 

column surface heating tapes as the vapor reached each zone of the column, using the achieved 

temperatures inside the column as the set-points of the corresponding surface temperatures 

controllers each time. After vapors reached the condenser, total reflux of the light phase in the 

decanter was maintained until stable temperatures in the lower column sections were achieved and 

the liquid-liquid interface level in the top decanter started to increase from its control level. In this 

operational moment, the feed pumps were started at the specified rates for the experiment and 

products from distillate and column bottoms were collected to maintain the liquid-liquid interface 

level in the top-decanter and a specific bottoms flow using the rebolier supplied power. Outlet flows 

were measured by the weight variations of the collectors vessels during operation. Stream flow rates 

and acid values of the bottom and distillate products, together with temperature profiles were 

recorded on time intervals of 15–30 min throughout the experimental run. 

The column was operated in these conditions by minimum 2 hours as characteristic residence time 

in the reboiler and the top-decanter to ensure that entire liquid holdup of these vessels has been 

renovated by the natural experimental flows and their characteristic compositions based on an 

expected average value of 12.5 g/min, for the bottom and reflux flows. In the same period of time 

the required operational conditions were adjusted finely and controlled in their selected values.  
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When the acid values and temperatures profiles along the column achieved stable values, less than 

~5 % and ±2 K/h respectively, the operation was maintained for additional 2 hours for exploratory 

experiments and around of 3 hours for validation experiments, as presented below, taking each hour 

a set of liquid samples from the liquid redistributors between two consecutive column-sections. From 

each liquid sample a small quantity was used to prepare in situ a GC sample by dissolving with 

acetonitrile and n-hexanol according with the analysis technique explained in section 5.1.2. Then, 

the prepared samples were refrigerated before their analysis, minimizing the analysis waiting time 

as much as possible. Even though no extraneous peaks were detected by GC, the absence of 

undesirable side-reaction products such as the isoamyl ether formation (125) - (124) was verified by 

mole balance over the alcohol supplied to the RD experiment and considering the remaining alcohol 

and the number of moles present in the ester in the samples of the outlet streams. The final results of 

the experimental run (in and outlet stream flows, liquid compositions and temperatures profiles) 

were obtained from the averages values of the final three consecutives measurements. From the GC 

results a steady stay acid conversion was calculated and reported together with the final results.  

5.1.5 Results and discussion 

Exploratory Experiments 

Four exploratory experimental runs were performed to evaluate the results of the preliminary RD 

simulations specifically for different feeding flows, reactants-entrance options and the use of alcohol 

excess. The main characteristics and results of these experiments are presented in Table 5-1 together 

with the most significant confidence intervals for a statistical significance of 95%, from the results 

of around 2 hours of steady state operation. Details of these experiments are presented in Appendix 

E.  

The first two experimental runs were carried out to validate the reactor paradigm of using excesses 

of reactants to achieve high reactants conversions, which was no evidenced in the experiments 

results. The average acid to alcohol molar ratio used for the experimental runs 1 and 2 in Table 5-1 

were 1:1.27 and 1:1.68, respectively. The use of excess of alcohol avoids the formation of a defined 

liquid-liquid interface in the top-decanter as was evidenced during the run 2, especially. From these 

results, the next two experiments were performed according with the results of the chapter 4 

simulations for the better results of Eq. 4-1 and the operational conditions suggested in Table 4-6. 

Thus, the results of the experimental run three shown the better results referring to acid conversion 
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and bottoms ester purity, for the use of a single feeding stream composed by a close equimolar 

mixture of acid and alcohol, located in the column top-entrance.  

The results of run three are explained by the use of a lower feeding flow that helps to increase the 

residence time of the reactants into the operation, allowing to maximize the water formation in the 

top-decanter from the use of a close equimolar ratio on the reactant feedings, as it was evidenced by 

the formation of a defined and clean liquid-liquid interface in the top decanter. Here, it is possible to 

note that the effect of feeding the reactants in the top or bottoms entrances showed that in the first 

option the ester purity is improved and for the second option the water purity is improved. These 

results, because of the proximity of the feeding stream to the respective product stream in each case 

by the reduction of the number of separation stages between each one.  Additionally, for runs three 

and four a small acid conversion was detected in the feeding vessel by GC analysis at the final time 

of the experimentation for an average value of 0.3 which avoid assuring the achievement of a 

complete steady state operation in experimental runs three and four. This uncontrolled factor defined 

the realization of additional validation runs, as explained below. 

Table 5-1. Principal experimental results for exploratory RD experiments for the pilot-column from 

Figure 5-1. 

R

u

n 

Component 

Top feed flow  

(g/min) 

Component 

Bottoms feed 

flow (g/min) 

Distillate 

Reboiler 

power (kW) 

Bottoms 

Acid 

conversion 
Flow 

(g/min) 

Water 

mass 

fraction 

Flow 

(g/min) 

Ester mass 

fraction 

T 

(C) 

1 
AC, 14.7    

±0.4 

OH, 22.2  

±1.0 

3.9    

±3.5 
0.564 1.09 

32.4   

±2.3 
0.816 

154.7 

±0.7 
0.88 

2 
AC, 16.8   

±1.0 

OH, 33.6  

±0.9 
14.3a 0.640a 1.14 

35.2  

±4.1 
0.612 

149.3 

±2.6 
0.70 

3 
AC-OHb, 

22.7±2.7 
- 

5.7    

±1.2 
0.915 1.14 

18.5  

±2.1 
0.994 

164.3 

±2.0 
0.96 

4 - 
AC-OHc, 

25.2±2.1 

3.9    

±1.9 
0.988 1.14 

21.8  

±2.3 
0.927 

163.0 

±0.0 
0.91 

a Undefined L-L interface in top-decanter. b Single reactants mixture feed for 5.3 kg of acid and 6.3 kg of 

alcohol charged in the feeding vessel. c Single reactants mixture feed for 5.0 kg of acid and 6.0 kg of alcohol 

charged in the feeding vessel. 
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Validation Experiments 

To validate the results of run three in Table 5-1 and to evaluate the effect of using a pre-reactor in 

the RD operation concluded until here, two additional experimental runs were performed. In the first 

case, two separated lines for the acid and alcohol feeding were used. In the second case, a pre-reacted 

mixture in chemical equilibrium conditions was used as unique feeding stream. In both cases, a close 

equimolar ratio of reactants was used and feeding all the streams in the column top-entrance, for a 

similar reactants flow basis. The main results and details of these experiments are presented in Table 

5-2 together with the most significant confidence intervals, for a statistical significance of 95%, from 

the results around 3 hours of steady state operation. Details of these experiments are presented in 

Appendix E.  

Table 5-2. Principal experimental results for validation RD experiments for the pilot-column from 

Figure 5-1 based on the results of run 3 from Table 5-1. 

R 

u 

n 

Top feed 

flow  

(g/min) 

Distillate 

Reboiler power  

(kW) 

Bottoms 

Acid 

conversion 

Reflux 

flow 

(g/min) 

Flow 

(g/min) 

Water 

mass 

fraction 

Flow 

(g/min) 

Ester mass 

fraction 

T 

(C) 

5 

AC: 

11.0±0.1 

OH: 

13.2±0.2 

2.8 

±0.2 

0.882 

±0.014 

1.09 

20.6 

±3.4 

0.996 

±0.001 

167.0 

±0.0 

0.97 

±0.00 

27.7 

±3.9 

6 

Pre-reacted 

mixture a, 

25.3±0.4 

3.3 

±0.7 

0.860 

±0.004 

1.09 

21.7 

±2.3 

0.997 

±0.001 

166.3 

±0.6 

0.93 

±0.00 

30.7 

±10.3 

a Mixture composition average values in mass fraction for different sampling times: Acid = 0.264 ±0.005, 

Alcohol = 0.353 ±0.008, Ester = 0.342 ±0.012 and Water = 0.040 ±0.001.  

From Table 5-2, it is possible to observe that with the use of fresh reactants it is possible achieve 

high conversions and products purities directly and in general, the runs five and six have quite similar 

results, suggesting that the operation residence times are sufficiently high to allow a high conversion 

of the fresh reactants. However, by increasing the flow of fresh reactants, the reduction of the 

residence times in the column is expected and the use of a pre-reaction unit can be more relevant. 

Other important result, is the partial similarity between the results of run 5 for the equivalent results 

presented in Table 4-6; however, a reconciling of the results of the validation experiments with the 

RD model concluded in chapter 4 is presented as below. 
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Reconciling of RD simulation model 

Using the previous results, the chapter 4 simulation model was configured to the main operational 

characteristics of the experimental runs in the RD operation from Figure 5-1, basically using 13 

equilibrium stages, where the chemical reaction occurs in stages 3-10 with a catalyst hold-up of 0.2 

kg per stage (total catalyst hold-up, 1.6 kg), using the kinetic model 3 from Table 3-6 and setting the 

feeding and reflux flows close to the averages experimental values. Thus, in Figure 5-2 are presented 

the experimental average values of the temperature profiles for the experiments of the Table 5-2 

from 3 hours of steady state operation, together with the estimated values from the reconfigured RD 

Aspen Plus® 7.3 model. Similarly, in Figure 5-3 are presented the experimental and estimated liquid-

composition profiles at the same experimental conditions. 

 

a. Conditions of experimental run 5  b. Conditions of experimental run  6  

 

Figure 5-2. Experimental (○) and estimated (—) temperature profiles for the results of the 

experimental runs 5 and 6 (Table 5-2), using a reconfigured equilibrium stage model from Aspen 

Plus® 7.3, obtained in chapter 4. Experimental confidence interval with a statistical significance 95% 

(+). 
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Figure 5-3. Experimental (□) and estimated (—) liquid composition profiles for the results of the 

experimental runs 5 and 6 (Table 5-2), using a reconfigured equilibrium stage model from Aspen 

Plus® 7.3, obtained in chapter 4. Experimental confidence interval for a statistical significance 95% 

(+). Acid (■—+), alcohol (■—+), ester (■—+) and water (■—+). 

a. Conditions of experimental run 5 
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Figure 5-3. (Continuation) 

b. Conditions of experimental run 6 

 

From Figure 5-2, it is possible to observe a good agreement between experimental temperatures and 

the RD Aspen Plus® 7.3 model estimations. Only the top-column temperature showed a significant 

deviation and variation, which can be explained for the exact location of the temperature-sensor in 
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the column operation that it was exactly over the entrance of the reflux line entrance. Also, it is 

possible to observe the effect of the temperatures of the feeding streams (~30 C) in the stage 3 

temperature. 

From Figure 5-3, it is possible to observe a significant deviation and variation of the liquid 

composition in the reflux and top-column stages. These deviations from the simulation model 

estimations can be explained by specific mixing patters in the feeding redistributor by malfunction 

and the stripping section of the column. Also, it is possible to observe that some of propionic acid is 

dragged to the top and an observable amount is detected in the distillate product. This result suggests 

the use of specific stage efficiencies for these sections and for the top-decanter. However, this 

discrepancy is controlled by the liquid-liquid separation in the top-decanter together with the 

variation observed in the composition of the column reflux due to the variations in composition are 

compensated by the strong selective separation of the water in the top-decanter.  

Table 5-3. Simulated streams results for the RD operation from the reconfigured simulation model 

of chapter 4, in the proximity of the conditions of the experimental run 5 in the Table 5-2. 

STREAM Bottoms Condensates Distillate Feed 1 Feed 2 Reflux 
Top-column 

vapors 

From Column Condenser Decanter   Decanter Column 

To - Decanter - Column Column Column Condenser 

Phase Liquid Liquid Liquid Liquid Liquid Liquid Vapor 

Component Mole Flow (kmol/h) 

Acid 0.0000 0.0026 0.0000 0.0090 - 0.0026 0.0026 

Alcohol 0.0000 0.0081 0.0000 - 0.0090 0.0080 0.0081 

Water 0.0000 0.0186 0.0090 - - 0.0096 0.0186 

Ester 0.0090 0.0039 0.0000 - - 0.0039 0.0039 

Component Mass Fraction 

Acid 0.0002 0.1055 0.0017 1.0000 - 0.1158 0.1055 

Alcohol 0.0000 0.3942 0.0041 - 1.0000 0.4331 0.3942 

Water 0.0000 0.1862 0.9938 - - 0.1058 0.1862 

Ester 0.9997 0.3141 0.0004 - - 0.3453 0.3141 

Mole Flow (kmol/h) 0.0090 0.0331 0.0090 0.0090 0.0090 0.0241 0.0331 

Mass Flow (g/min) 21.617 30.000 2.716 11.112 13.222 27.283 30.000 

Temperature (C)  166.4 95.8 30.0 30.0 30.0 30.0 119.0 

Pressure (kPa) 117.32 101.32 101.32 111.46 111.46 101.32 101.32 

Acid conversion 0.999 

Reboiler heat duty (kW) 1.96 

Condenser heat duty (kW) -0.43 

Decanter heat duty (kW) -0.10 
 

Also, although the experiments 5 and 6 shown quite similar results portrayed in the Table 5-2, a 

slight difference can be observed in the Figure 5-3, where the use of a pre-reacted mixture achieves 

higher ester purities at higher column stages confirming the utility of the use of a pre-reactor as way 
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to improve the RD productivity. However, specific productivity experiments, increasing the 

reactants flow unto the operation, were not performed and they are suggested for further research 

and scale-up works. In the Tables 5-3 and 5-4 are presented the simulated stream results for the 

reconfigured RD model. 

Table 5-4. Simulated streams results for the RD operation from the reconfigured simulation model 

of chapter 4, in the proximity of the conditions of the experimental run 6 in the Table 5-2.  

STREAM Bottoms Condensates Distillate Feed 1 Reflux 
Top-column 

vapors 

From Column Condenser Decanter  Decanter Column 

To - Decanter - Column Column Condenser 

Phase Liquid Liquid Liquid Liquid Liquid Vapor 

Component Mole Flow (kmol/h) 

Acid 0.0000 0.0028 0.0000 0.0056 0.0027 0.0028 

Alcohol 0.0000 0.0084 0.0000 0.0056 0.0084 0.0084 

Water 0.0000 0.0187 0.0094 0.0037 0.0093 0.0187 

Ester 0.0094 0.0053 0.0000 0.0037 0.0053 0.0053 

Component Mass Fraction 

Acid 0.0001 0.0999 0.0018 0.2740 0.1088 0.0999 

Alcohol 0.0000 0.3617 0.0038 0.3260 0.3941 0.3617 

Water 0.0000 0.1650 0.9940 0.0444 0.0899 0.1650 

Ester 0.9999 0.3734 0.0004 0.3556 0.4072 0.3734 

Mole Flow (kmol/h) 0.0094 0.0351 0.0094 0.0187 0.0257 0.0351 

Mass Flow (g/min) 22.476 34.000 2.824 25.300 31.176 34.000 

Temperature (C)  166.4 95.8 30.0 30.0 30.0 121.2 

Pressure (kPa) 117.32 101.32 101.32 111.46 101.32 101.32 

Acid conversion 0.999 

Reboiler heat duty (kW) 1.53 

Condenser heat duty (kW) -0.45 

Decanter heat duty (kW) -0.11 
 

From the results of the Table 5-3 and 5-4, the principal differences with the results from the table 5-

2 are referred to the calculated acid conversion, water mass fraction in the distillate and the heat duty 

in the rebolier. These differences can be explained by the small amount of acid dragged into the 

distillate product and the experimental uncertainty in the control of the electric-power supplied to 

the reboiler. In turn, the observable amount of acid in the distillate product can be explained by an 

effect of partial solubility of acid in water no covered by the VLL phase equilibrium model due to 

bulk mass transfer effect and by particular mixing patterns in the decanter and its performance for a 

necessary residence time for the proper liquid-liquid separation. However, these differences are 

small to affect significantly the model predictions based on the distillate mass flow and it is possible 

to assume that the simulation model is accurate.  
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Finally, the experimental results agree with the model estimations and both can be used for the scale-

up of an industrial production of isoamyl propionate in a RD operation at steady state.  In order to 

scale-up the results obtained until now for an industrial operation, below a presented some 

concluding remarks about the possible use of a batch RD process. 

5.2 Reactive batch distillation 

Taking into account the size of the isoamyl propionate market in Colombia, estimated approximately 

in section 1.2.1, a reactive batch distillation operation can be more interesting configuration for an 

industrial scale-up in the first intend to establish a national production before to scale-up a continuous 

process as ideal production model. The batch operation offers several practical advantages over the 

continuous configuration for the production of small quantities of specialized chemicals with high 

profit margins and the possible reduction of the initial investment. This is based on the possible 

production of different products, with specific season demands or small inventories required, in a 

single batch operation. Also in general, the batch processes have an easy operational and quality 

control. However, the dead production-times of a batch operation can increase the operational costs 

in the way that the margin profit cannot absorb them. In any case, the reactive batch distillation 

operation appears as possible process solution for the production, not only of the isoamyl propionate, 

but also similar esters based on the isoamyl alcohol refined from the fusel oil and with an equivalent 

and similar VLL phase equilibrium and reaction kinetics behaviors studied in this work.  

5.2.1 Design problem 

Based on the similitude between the compositions profile of a reactive residue curve with the 

behavior of a reactive differential evaporation and using the results of the RCM in the Chapter 4, a 

batch operation can be configured as it is presented in Figure 4-6, only replacing the column reboiler 

with a heating-tank for the charge of reactants at an equimolar ratio in a specific mass basis. As the 

operation and reaction proceed, the heating-tank composition increase with ester continuously and 

the remaining acid and alcohol together with the reaction-water will be located in the upper and 

middle sections of the column with the pass of the operational-time. Due to the reaction water is 

separated selectively in the top-decanter and the dragged acid, alcohol and ester are recycled by the 

reflux stream unto the reactive stages in the column, it is possible to expect high reactants 

conversions and ester purities in the end of the batch operation. Although the composition profiles 

in a batch operation are defined dynamically with the pass of the operational time, the location of 

the reactive stages can be fixed preliminary in the middle part of the reactive column similarly to the 
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continuous case, in order to specify the use of the catalyst during the operation. Put catalyst only in 

the heating-tank is useful just in the beginning of the operation, where appreciable amounts of the 

acid and alcohol remain there for reaction. However, given that the major separation of the reaction 

water occurs in the top-decanter, it is also possible to consider the no-use of a reactive column in the 

operation, connecting directly the vapor flow from the catalyzed heating-tank, with the total 

condenser and the liquid reflux stream from the decanter to the catalyzed heating-tank. Nevertheless, 

it is probable the occurrence of a flash effect of the reactants in the mixing of this stream in the 

heating-tank by the differences between the components boiling points involved, even if the reflux 

stream is preheating before its entrance and/or it is injected to the bulk-mass in the heating-tank by 

pumping. This possible flash effect, which is exacerbated by the pass of the operational-time and the 

ester formation while the boiling temperatures increase in the heating-tank, reduces the effectiveness 

contact of the remaining and unconverted reactants from the reflux stream with the catalyst in the 

heating-tank, increasing the operational time and the possibilities of process conditions with zero 

conversion. Moreover, this effect can be even more important for possible production of others 

isomayl esters with bigger boiling points. This conclusion gives a process-value to the use of a 

reactive column; however, the possibility of no-use of a reactive column is also analyzed below. 

Thus, an important design variable is the number of the conventional and reactive stages in the 

column. In this work, the conventional equilibrium stages are fixed at the first stage and the last stage 

in the column and the number of reactive stages in the middle sections of the column is used as 

design variable, between the values of 1, 2, 3 and 4, preliminarily. Also, it is expected that the catalyst 

hold-up in the reactive stages only affects the cycle-time of the operation by the increasing of the 

reaction rates and hence the proximity to the chemical equilibrium conditions as the catalyst hold-

up is increased. For the results of the next section, the operation pressure in the condenser was fixed 

at 101.32 kPa and a pressure drop in the column of 1.5 kPa per conventional or reactive stage. Also, 

the total condenser in the performed simulations was modeled to give a sub-cooling temperature in 

any operation time of 30 °C. 

5.2.2 Design strategy and model results 

To validate all the previous conclusions and based on the adequate estimations obtained from the 

RD model developed in the previous sections for a RD continuous operation, a RD batch model was 

developed in Aspen Batch Distillation® 7.3 chemical engineering software (73), using the VLL 

equilibrium and the reaction kinetics models obtained in the chapter 2 and 3, respectively, and based 

on the equilibrium stage concept (see Appendix D). Similarly to the continuous case, the design 
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quality of a batch operation is based on the high reactants conversions and the ester purity at the end 

of the operation. These variables are directly related with the batch cycle-time and its minimization 

is now the principal designing objective. 

A possible reactive batch distillation operation can be conceptualized by the sequence of different 

operational steps from a specific initial condition. Aspen Batch Distillation® 7.3 software can handle 

two options for this initial condition, from a calculated total reflux state or assuming that column is 

empty. For simplicity in the calculation of the model in its initialization, the total reflux state is 

chosen as initial operational condition. For this condition, the model assumes no chemical reaction 

in the reactive stages and calculates a total reflux state from the initial charge of the heating-tank, 

producing composition profiles for the vapor and liquid phases only for the pure acid and alcohol at 

a specific vapor and liquid hold-ups. Certainly, this assumption is unrealistic as the chemical reaction 

proceeds even without the presence of catalyst by the achievement of the boiling temperatures of the 

mixtures, although in a small reaction rate (see chapter 3), and as the vapor and liquid flows cross 

by the reactive stages in the column filling process. However, an approximation to this condition 

would be possible if the column filling process from the initial charge is carried out quickly using a 

high evaporation rate or if the same process is helped using the injection of a prepared mixture from 

the decanter. Nevertheless, it is possible to assume preliminary that the time of this operational step 

is short and the reaction rates are negligible for comparison purposes. As calculation basis, an 

equimolar charge of pure acid and alcohol is fixed at the possible production of the experimentation 

performed for the continuous case, of around 30 kg per day of pure ester (> 0.98 wt%) for around of 

15.5 kg and 18.5 kg of acid and alcohol, respectively (a equimolar mixture of 0.42 kmol total).   

From the achieving of the initial condition, operation time zero, the batch can be operated by the 

total reflux of the light phase from the decanter and the total distillation of the heavy phase from the 

process unto a receiver tank as an operation by-product (water distillation step), just the two liquid 

phases appear in the decanter and regarding a specific liquid-liquid interface control level, similarly 

to the continuous case. This operation step was modeled using separates reflux ratios values for the 

LL phases in the decanter of an approximated zero (1×10-8) for the heavy phase and a large value 

(1×108 or total reflux) for the light phase. For the operation at these constants values of reflux ratios, 

it is required a specific evaporation regime. For this work, a constant mass evaporation rate from the 

heating-tank was chosen as design variable based on its important effect in the residence time of the 

reactants in the reactive stages and hence in the operational time. This variable was fixed preliminary 

between the specific values of 30, 60 and 120 kg/h. An adequate end condition for this operational 

step is the achieving of a high ester composition in the highest reactive stage in the column, the stage 
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2 in the all simulations with reactive column, or in the heating-tank in the case of no-use a reactive 

column. The achievement of this condition suggests that all possible conditions for chemical reaction 

in the operation have been reached maximizing the yield of the operation. In this work, an adequate 

trigger value for this end-condition is the achieving of an ester composition of 0.99 in mass fraction 

in the reactive stage 2 or in the heating-tank, as the case may be, with a maximum operational time 

to reach this condition of 12 hours.  

The next operational step is the cooling and discharge of the product obtained in the column. 

However, it is possible take advantage of the remaining heat in the equipment with a progressive 

and decreasing turn-off of the heating-tank power, making a distillation-cut and go on with the 

distillation of the remaining material unto a second receiver tank from the light phase in the decanter 

at vacuum pressures, in order to improve others quality characteristics as the product-color (ester 

distillation step). This operational step will try to clean the principal operation product from colored-

material and others heavy sub-products with high boiling points, from possible oxidation side-

reactions. Although these side-reactions are not considered in the simulation model, this operational 

step is considered in the calculated total batch time, without including vacuum pressures in the 

operation, and thus, prevent any possible calculation instability. In the same way, in order to avoid 

conditions of no-liquid flows descending through the column, a reflux ratio of the light phase from 

the decanter is changed and fixed at 0.1 and a constant mass evaporation rate of 90 kg/h until reach 

a hold-up in the heating-tank of 1 kg (operation by-product). Thus, a schema of the batch operation 

modeled is presented in Figure 5-4. 

Table 5-5. Sensitivity analysis for the direct connection of a catalyzed heating-tank at chemical 

equilibrium with the condenser and without the use of a reactive column. 

Mass 

evaporation 

rate  

(kg/h) 

Time of the 

water 

distillation step 

(hours) 

Time of the 

ester distillation 

step 

(hours) 

Water mass 

fraction in the 

heavy-phase 

receiver 

Ester mass 

fraction in the 

light-phase 

receiver 

Total acid 

conversion 

30 12 0.36 0.965 0.993 0.991 

60 12 0.36 0.965 0.993 0.991 

120 12 0.36 0.965 0.993 0.988 

For the case of no-use a reactive column, simulations for the operation time of the water distillation 

and ester distillation steps, at different values of the mass evaporation rate and assuming preliminary 

chemical equilibrium conditions in the catalyzed heating-tank, are presented in the Table 5-5. The 

chemical equilibrium was modeled using the parameters of the reaction kinetic model 3 in the Table 

3-6. 
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From the Table 5-5, it is possible to observe that this batch-configuration never achieve the ester 

composition of 0.99 in mass fraction in the heating-tank, now operating as typical stirred tank 

reactor, achieving the maximum operational time of the water distillation step, 12 hours. However, 

all mass evaporation rates show high acid conversions and products purities in the distillation 

receivers-tanks. A close inspection of the results for the operational profiles showed the achievement 

of a constant ester mass fraction in the reactor of around 0.978 at around 1.12 hours, for all 

simulations performed, from the beginning of the water distillation step, obviously, these times for 

a chemical equilibrium assumption.  

Figure 5-4. Schema for a preliminary batch reactive distillation model in Aspen Batch Distillation® 

7.3. 

This result is explained by the mentioned flash effect in the reactor that does not allow the 

achievement of the required purity. However, the achievement of an ester distillate with a high purity 

at the end of the operation can be explained by increasing ester composition in the condenser during 
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the ester distillation step. In this step, the conditions of the liquid-liquid phase equilibrium in the 

decanter are changed unto bigger ester compositions, increasing the water separation and the 

distribution of the unconverted material is performed according whit the low region of the 

heterogeneous LL compositions volume of Figure 4-4 and with a final fine reaction conversion 

occurring only in the reactor. 

For batch configurations using a reactive column only (heating-tank without catalyst), the Figure 5-

5 presents the behavior of the operational-time of the water distillation step to achieve an ester mass 

fraction of 0.99 in the reactive stage 2, for different mass evaporation rates and different numbers of 

reactive stages at chemical equilibrium conditions. For all the cases, high acid conversions, water 

and ester purities in the distillates receivers were obtained. 

 

Figure 5-5. Sensitivity analysis for the use of a reactive column with different number of reactive 

stages at chemical equilibrium conditions. Mass evaporation rate, 30, 60 and 120 kg/h, (□, ○, Δ), 

respectively. 

From the Figure 5-5, low operations times for the water distillation step are observed. Obviously, 

for high mass evaporations rates the shorter operation times are obtained based on the assumption of 

chemical equilibrium conditions in the reactive stages. From a mass evaporation rate of 60 kg/h, no 

significant effect of the number of reactive stages over the operation time is observed. However, to 

place a sufficient catalyst hold-up only into a reactive column and to obtain high reaction rates 

regarding a specific mass evaporation rate, it is possible to require high column diameters for 

reasonable pressure drops.  
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To solve this operational problem, the use of a stirred tank reactor together with a reactive distillation 

column arises as possible solution. Thus, a high reaction rate at the beginning of the operation is 

possible in the bottoms reactor and a fine conversion of the remaining un-converted reactants could 

be achieved using a reactive column with a small or reasonable diameter, pressure drops and catalyst 

hold-ups. Because of the reactor do not have pressure drops problems for a liquid reaction, it is 

possible to locate the sufficient catalyst hold-up in there and thus assure high reaction rates close to 

the chemical equilibrium conditions, helped by the use a low mass evaporation rate (an increased 

residence time). In the same way, using a low mass evaporation rate it is also possible to obtain high 

residence times in the reactive stages in the column, favoring the achievement of chemical 

equilibrium conditions at specific catalyst hold-ups.  

Thus, using a chemical equilibrium conditions in the reactor attached to a reactive column with three 

equilibrium stages, 2 conventional and one reactive stage in the middle for a constant mass 

evaporation rate of 30 kg/h, the obtained time for the water distillation step was of 0.87 hours 

achieving a ester mass fraction of 0.99 in the reactive stage in the column and a time for the ester 

distillation step of 1.24 hours. These results for an ester mass fraction in the light phase receiver of 

0.992, a water mass fraction in the heavy phase receiver of 0.979 and an acid total conversion of 

0.991. From these simulation results, it is possible to observe a synergy effect of combining a reactor 

with a reactive distillation column on the operational times at the lowest mass evaporation rate 

analyzed. In the Figure 5-6 are presented the different time-profiles of the simulation performed. 

From Figure 5-6, it is possible to observe a strong change in the profiles at the beginning of the water 

distillation step (time 0) where the reactor conversion contributes importantly to the ester generation. 

Then, a pick or valley change in the profiles is observed around of 0.25 h, where the conversion in 

the reactive stage contributes significantly with the ester generation. Finally, at 0.82h the ester reach 

a mass fraction composition in the reactive stage of 0.99 and the ester distillation step starts. It is 

also possible to observe that temperature profiles start at an average temperature range between 135 

°C and 143 °C based on the a initial condition of total reflux of acid and alcohol without chemical 

reaction. Then, the reactor and stages temperatures decrease due to the water formation and then 

they increase due to the ester formation. 

 

 

 



Chapter 5 131 

 

Figure 5-6. Simulated profiles for a reactive batch operation for a reactive column, with 2 

conventional stages and one reactive stage in the middle, attached to a stirred tank reactor, assuming 

chemical equilibrium conditions for two operational steps, water and ester distillation steps, and a 

constant evaporation rate of 30 kg/h. Reactor, conventional stage 3, reactive stage 2, conventional 

stage 1 and condenser, (□, ◊, Δ, ×, ○) respectively. Reactive and conventional stage, (—, —) 

respectively. 

a. Acid liquid composition                       b. Alcohol liquid composition 

 

c.  Ester liquid composition                       b. Water liquid composition 
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Figure 5-6. (Continuation) 

d. Temperature                          e. Heat Duty 

  

Also, based on the assumption of a constant evaporation rate, variable heat duties in the reactor and 

condenser are observed and taking into account the variation in the reactor and stages compositions.  

From these results, it is possible to suggest the batch reactive distillation as a feasible operation to 

produce isoamyl propionate with a high reactants conversion and purities; however, experimental 

evaluations of these results are given for future work. 

5.3 Conclusions 

The production of isoamyl propionate by reactive distillation has been studied experimentally from 

the performance of the operation of a pilot-scale reactive distillation column at steady state.  From 

the experimental results, the production of isoamyl propionate by RD is possible with high reactants 

conversions and ester purities for an equimolar ratio of propionic acid and isoamyl alcohol fed into 

the column top sections and using a top-decanter as the best way for the removal of the reaction 

water from the process as distillate product, fixing the column reflux to the natural flow of the light 

phase obtained from it. With the evaluation of the RD experimentation performed, good agreement 

between the main results of the RCM and simulation model obtained in the chapter 4 was observed, 

for a column with 8 reactive equilibrium stages and 13 total stages, feeding fresh reactants in the 

stage 3 in a close equimolar ratio and using a characteristic hold-up of 0.2 kg/satge of Amberlyst® 

70 ion exchange resin as catalyst.  

Based on the good agreement observed between the operation model and the experiment results, the 

simulation of a reactive batch operation was performed based on that kind of process configuration 
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could be more interesting for a possible inmenent industrial scale-up. The simulation results suggest 

the production of isoamyl propionate in a RD batch operation is possible for high reactants 

conversions and products purities, with reasonable batch-cycle times. However, experimental 

evaluations of the batch-configuration concluded here must be done. Finally, the results and data 

here obtained can be used to the scale-up a steady state or batch industrial processes based on RD, 

for the production of isoamyl propionate as valuable product for the bio-ethanol industry.  





 

 
 

6. Conclusions and Recommendations 

From the results obtained in this work, the advantages of reactive distillation in the production of 

isoamyl propionate, by the direct esterification of propionic acid with isoamyl alcohol, have been 

partially evidenced, for a high integrated production process with high reactants conversions and 

products purities. The reactive distillation operations are much more complex than conventional 

distillation-based operations; however, they can be modeled and studied with the experimental and 

simulation tools currently available and presented in this work. Below are listed the most important 

conclusions achieved in this work together with the topics that deserve further study, which are 

recognized as out from the main scope of this work and they are suggested as possible subjects for 

future research works. 

6.1 Conclusions 

Based on the general and specific objectives of this work, which it was tried to develop them 

according to a sequential and reasonable methodology, the main conclusions of the work performed 

here can be listed as follows. 

 The main characteristics of a conventional or reactive distillation-based process can be 

conveniently captured with the construction of the residue curve maps, based on the 

equivalence between their results and the ideal possibilities of a column working with 

infinite equilibrium stages and operating at total reflux. This information easily guides the 

design of distillation-based process with the sieving of possible operation configurations to 

be analyzed with the solution of rigorous operational-models. However, for the realization 

of correct analyses from the RCM results, the proper use of an adequate VL phase 

equilibrium model is one of the most important issues. For this work, it was possible to use 

different sets of NRTL binary interactions parameters from Aspen Plus® data bases and 

predictions from different versions of UNIFAC group-contribution method. However, these 

options predicted some differences with the experimental VLL phase equilibrium behaviors 

collected, for example, the prediction of the specific azeotropic point of the propionic acid-
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water system. Taking into account the importance of the correct prediction of the azetropic 

phenomena for the design of any distillation-based operation, this work recognizes the 

comparison of any model-prediction with experimental-based data, as far as possible, as the 

best way to ensure the reliability of the VLL phase equilibrium model to be used and to 

avoid any future design misunderstandings. These experimental data can be obtained from 

reports of the open literature or from experimental work as the performed and presented in 

the chapter 2.  

 To improve the reliability of the experimental VLL data, generated and collected, this work 

performs different thermodynamic consistence tests. Although it was not possible to obtain 

a refined VLL data set completely consistent, this procedure increased the reliability of the 

data by the rejection of data out from trend. Finally, the experimental data used for the 

regression of the parameters of the VLL model assured good agreement with the VLL 

model-predictions concluded in this work.      

 For the adequate design of any reaction operation, the use of an adequate reaction kinetic 

model is the most important issue. This work collected experimental kinetic data from 

isothermal batch experiments using the Amberlyst® 70 ion exchange resin as catalyst, 

varying the reaction temperature, the initial molar ratio of reactants and the catalyst loading. 

From these results, several pseudo-homogeneous and heterogeneous models based on mole 

fraction and component activities were regressed taking into account the internal mass 

transfer limitations by the rigorous calculation of the effectiveness factor. The heterogeneous 

models took into account the propionic acid and water adsorption in the catalyst Surface and 

they showed the better regression results. Nevertheless, all concluded kinetic models 

represent properly the kinetic data and can be used to design a reactor to be coupled a 

conventional distillation column or a reactive distillation operation directly.   

 From the RCM constructed in the absence of chemical reaction, it was observed significant 

deviations from the phase equilibrium ideality with the presence of several homogeneous 

and heterogeneous azeotropic points and distillation regions. The lower boiling temperatures 

in the esterification system were related with the presence of homogeneous and 

heterogeneous azeotropes with water compositions, and the highest boiling temperatures 

were related with the isomayl propionate pure node. Thus, in a single conventional 

distillation column, it is possible to obtain a pure ester as bottoms product and a partial 

miscible-liquid mixtures as top product based on their water content. From this result, the 

installation of a top-decanter it was concluded as the best way to retire the water-reaction 

from the process, avoiding the possible chemical equilibrium limitations of the esterification 
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reaction. Thus, the feasibility for the use of a single conventional distillation column attached 

to a reactor it was concluded as possible process solution. 

 From the reactive RCM constructed, it was observed similar results to the conventional case. 

However, the reactive residue curves showed shorter integration-pathways to reach the 

stable nodes in the map than equivalent conventional residue curves, suggesting the reactive 

distillation as a more compact process solution (lower equilibrium stages required). Also, it 

was confirmed the installation of a top decanter as the best way to retire the water by-product 

from the process and avoid any limitation of the reactive distillation regions detected.  

 No reactive azeotropy phenomena were detected based on the solution integration-pathways 

of the reactive residue curves constructed. 

 An equilibrium stage model for a reactive distillation operation at steady state was 

constructed using the main results and conclusion obtained from the RCM. Different 

solutions of this model confirm the conceptual results of the RCM for an operation with high 

reactants conversions and products purities. The preliminary model solutions concluded a 

reactive distillation operation composed by minimum six equilibrium stages, an intermediate 

reactive section with minimum three reactive stages with a total Amberlyst® 70 hold-up of 

1.2 kg, a total condenser, the installation of a top decanter for the use of the light phase as 

reflux stream directly and the heavy phase as distillate by-product. This, for an acid to 

alcohol equimolar combined feeding of 0.02 koml/h (calculation-basis) in the top reactive 

column-sections and an approximate top-vapor column flow between 0.015 and 0.020 

kmol/h. 

 Several experiments were performed in a pilot-scale reactive column available for the 

evaluation the reactive distillation operation concluded. The experiments confirm the 

operation model estimations for a high reactants conversions (over 0.95%) and products 

purities (over 98 wt% for the ester), in a steady state operation of a column with a total of 

13 equilibrium stages (column stages of 0.5 m height), a single reactive section conformed 

by 8 reactive stages using Katapack® SP-11 as reactive packing loaded with Amberlyst® 70 

at approximately 80kg/m3, a BX® structured gauze packing for the conventional stages, a 

total condenser and a top-decanter for an acid to alcohol equimolar feeding in the top reactive 

section at 20-25 g/min (8 cm column internal diameter).  

 The use of a pre-reactor for a chemical equilibrium product was evaluated indicating a slight 

improvement in the operation productivity. This information can be used for the scale-up of 

a steady state industrial process. 
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 Based on the good agreement between the operation model and the experimental 

evaluations, a reactive batch distillation operation was modeled assuming chemical 

equilibrium in the reactive sections involved, as a possible process solution for the 

production of small quantities of isoamyl propionate according with the Colombian market 

and initial investment desires. A configuration based on a reactor attached a reactive 

distillation column with a total condenser and a top-decanter was concluded for a high 

reactants conversions and products purities in possible reasonable batch-cycle times. 

 Finally, it is possible to conclude the production of isoamyl propionate is feasible in a single 

reactive distillation column at steady state or in a reactive batch operation for a high reactants 

conversion and products purities at a reasonable productivity.  

6.2 Recommendations 

Based on the previous conclusions and the work performed in this work, some recommendations for 

further research or other works are as fallows. 

 The RCM used here as tools in the feasibility analysis and identification of operational 

alternatives, proved to be very suitable. However, it is recognized that these tools can be 

used with greater scope in the design of DR operations, trying to use them as a direct ways 

of design, as well as enabling the rigorous study of conventional distillation operations, as 

the graphic methods discussed in the section 1.3.2.  

 Although in the Chapter 2 it was tried the extensive use of the generated and collected 

experimental data for the best VLL phase equilibrium modeling, for the binary reactive 

systems isoamyl alcohol – propionic acid and isoamyl propionate – water, it was not found 

complete thermodynamic consistency and specific VLL data, repectively. For solving this 

issue, it is recommended the use of specific VLL equilibrium cells in order to obtain 

reliable isoabaric and isothermal phase equilibrium data. The VLL equilibrium cells are 

available in the research market for isobaric measurements, but little information about the 

use of this equipment and isothermal equilibriums cells for the measurements of reactive 

systems is found. An interesting topic research in VLL phase equilibrium measurements is 

the achievement of specific equilibrium cells and equipment for this kind of systems and 

standards for the realization of specific thermodynamic consistency tests (reactive and LL 

systems).     

 Although in the Chapter 3 a good agreement between the kinetic data collected and the 

models concluded was observed, it is possible to include the external mass transfer effects 
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inside the main regression routine performed there, and thus, it is possible to conclude a 

more general regression procedure for more general evaluation of specific kinetic data from 

more general reaction kinetic measurements.  

 As it was also exposed in the Chapter 3, for the exactly characterization of the kinetic 

mechanisms studied there, referring to specific adsorption phenomena, additional 

adsorption experimentation must be done as possible additional research topic. 

 Although good agreement between the reactive distillation experimental data performed in 

the Chapter 5 and the simulation results of the equilibrium stage model constructed in the 

Chapter 4 was observed, and the data generated there is useful for the scale-up of an 

industrial process, it is recommended the realization of a more intensive design of the 

operation concluded there by the use of more extended objective function than the 

expression showed by Eq. 4-1; including aspects as the operational costs (specifically 

energy costs of heat and cooling duties in reboiler, condenser and pre-conditioning of 

process streams), and investments (specifically equipment construction and 

instrumentation). Specifically, the use of a more realistic operational RD model including 

the analysis of the stages efficiencies or the use of a non-equilibrium stage model directly 

is also recommended, performing experimental and theoretical analysis of the packing and 

internals used in the operation (accurate modeling of the Katapack® and BX® packing, 

study of efficiencies and fluid flow performance) for the exact sizing of an industrial 

reactive column, as diameters and the hydraulics required in a possible industrial operation.   

 Although the reactive distillation experiments performed in the Chapter 5 showed an easy 

control to the achievement a steady state operation, basically for the control action found 

in the instillation of the top-decanter, specific controllability studies in dynamic simulation 

and experimentation are recommended for the definition of the best control strategies, 

contemplating possible multiple steady states, proper of high integrated process, and for 

the more adequate valorization of the investment required in instrumentation. 

 The good simulation results obtained in the Chapter 5 for a possible configuration of a 

batch reactive distillation process must be experimentally confirmed for specific reaction 

kinetic model in a specific reactor attached to a reactive column. This, as a mean to obtain 

reliable data for the scale-up of this kind of operation, as possible additional research topic. 

 Finally, it must be noted that the RCM approach for the treatment of conceptual design of 

integrated reaction / distillation process in general opens the possibility of study of a more 

general reaction / separation operations cases, that can be explained through the coupling 
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of different separation phenomena, as it is doing by Hauan (43). In addition, this is an 

interesting research topic in the advancing on the study of unconventional new ways of 

carrying out chemical reactions at high integrated processes, as example: reactive 

crystallization, reactive filtration, reactive extraction, and so on! (.)  

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 

 
 

A. Supplementary material Chapter 1  

Measurement methods for fusel oil characterization 

The sample density presented in Table 1-1, were determined using a digital densimeter Mettler 

Toledo 30PX. Each measurement was performed by triplicate at 20 ± 1 °C. The acid value 

determinations presented in Table 1-1 were made by potentiometric titration with a 0.12 M potassium 

hydroxide solution in azeotropic ethanol. An automatic potentiometric titrator Mettler Toledo DL53, 

with an electrode DG113-SC, was used for the tests according with the ASTM D664. Each test was 

done by triplicate. 

The boiling points presented in Table 1-1 and the curves presented in the Figure 1-3, were performed 

in a batch distillation still at 75.06 kPa, using an atmospheric adaptation of the ASTM D86 

procedure. Data were not corrected at 101.3 kPa as suggested by standard method mentioned above. 

The estimated uncertainty in the temperature was 0.1 K, and the uncertainty in volume measurements 

was 0.05 mL. 

For the Gas Chromatographic (GC) analysis presented in Table 1-2, all reagents used there were 

analytical grade. Ethanol, n-propanol, i-propanol, n-butanol, i-butanol, i-amyl alcohol were supplied 

by Merck KGaA. n-Amyl alcohol was purchased from Scharlau Chemie S.A. The internal standard 

used in this study was methyl-i-propyl-ketone (MIPK) provided by Merck KGaA. Methanol 

obtained from EMD Chemicals S.A. was used as solvent. Karl-Fischer reagent was supplied by J.T. 

Baker Inc. Chromatographic technique was developed as suggested by Grob and Barry (2004) and 

GC suppliers (Hewlett-Packard Co., 1988, Restek Corp., 2003, Varian Inc., 2004). The analyses 

were performed on a Perkin-Elmer Clarus 500 apparatus equipped with an automatic injector, an 

Elite Plot-Q column (30 m x 0.53 mm ID x 1 μm film), and Flame Ionization Detector (FID at 270 

C). The initial oven temperature was programmed at 150 °C for 1 min, with a heating ramp of 3 

°C/min, raising to 220 °C and then kept for 5 min. The injection temperature was 250 °C and the 

split injection mode was adjusted to 70:1 ratio. Helium at 31.5 cm/s was used as carrier for a 1 µL. 
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Purity of alcohols used as calibration standards was taken in account and in order to correct obtained 

curves. N,N-dimethylformamide, diethyl ketone and methyl i-butyl ketone were tested as internal 

standard candidates. Methyl i-propyl ketone (MPIK) was selected by its retention time and high 

response factor (defined as area unit per mass unit). Initial analyses showed absence of methanol, 

therefore it was chosen as solvent. Calibration standards were prepared as recommended by ASTM 

D4307. Fourteen standards of each alcohol were prepared gravimetrically with the addition of 80 mg 

of internal standard in each vial. Ethanol, 1-propanol, i-propanol, n-butanol, i-butanol, t-butanol, i-

amyl and n-amyl alcohols were used to prepare calibration curves. Only, n-pentanol peak presented 

tailing in the analyzed patterns. t-Butanol and n-pentanol were not detected in the samples under 

study. Acetaldehyde and acetic acid were identified but were not quantified because of their low 

response factor. Figure A-1 shows a characteristic GC chromatogram of studied fusel oil samples. 

 

Figure A-1. Characteristic CG chromatogram for a sample of fusel oil studied. Sample S1. 

Measurements for the moisture content were performed according to ASTM E203 using a Mettler 

Toledo DL53 automatic titrator with an electrode DM 142. 
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isoAmyl alcohol and isoamyl propionate isomers identification 

Even though the suppliers of chemicals used during experiments reported purities of >99.5 wt% for 

3-methyl-1-butanol and >98 wt% for 3-methyl-1-butyl propionate, through this work, it has been 

realized that these compositions correspond to mixture of isomers (alcohols and esters). In the 

following figures, it is presented GC analyses on purchased 3-methyl-1-butyl propionate, 3-methyl-

1- butanol and a representative sample of Colombian fusel oil repectively, using a GC column HP-

1 cross linked methyl siloxane, 50 m, 0.32 mm ID,  1.05 µm film thickness with a FID (280 C). The 

GC technique consisted in an initial oven temperature programmed at 60 °C for 3 min, with a heating 

ramp of 12 °C/min, raising to 180 °C and then kept for 3 min, then a heating ramp of 5 °C/min, 

raising to 310 °C and then kept for 1 min. The injection temperature was 250 °C and the split 

injection mode was adjusted to 30 mL/min. Helium at 2 mL/min was used as carrier and 0.5 µL 

injection volume. 

 

Figure A-2. Characteristic CG chromatogram for an isoamyl propionate commercial sample. 
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Figure A-3. Characteristic CG chromatogram for an isoamyl alcohol commercial sample. 

 

Figure A-4. Characteristic CG chromatogram for a Colombian fusel oil sample. 

These analyses indicate that this work evaluated the compositional analyses of mixtures with 2 

alcohols and 2 esters. However, based on the mass ratio detected for the identified isomers it was 

assumed the isoamyl alcohol and isoamyl propionate purchased for the analytical measurements in 

the chapters 2 and 3, are pseudo-pure components only for design purposes.  
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Other details on the Colombian fusel oil characterization (characterization of Heavy Boiling 

Fraction) and a possible refining process to obtain isoamyl alcohol from the fusel oil, are presented 

in the direct results of the main research project: "Study of technical and economic alternatives for 

the enhancement of fusel oil generated in the production of bioethanol in Colombia", performed by 

the research group of Chemical and Biochemical Processes of the department of Chemical and 

Environmental Engineering, of Universidad Nacional de Colombia and co-financed by Ecopetrol - 

Colciencias, (ref.: 1101 4902 6038, contract: 555, 2009, 2010-2012).   

Included digital information 

-. Copy in pdf format of the ASTM techniques cited in the chapter.    
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B. Supplementary material Chapter 2  

Details of the GC analysis technique 

In the figures below, the calibration curves obtained for the GC analysis described in section 2.1.2, 

for the characterization of the VL samples obtained in the VL experiments described in section 2.1.3 

for the isoamyl alcohol – isoamyl propionate and propionic acid – isoamyl propionate non-reactive 

systems and the kinectics experiments performed and presented in tha Chapter 3, are presented. The 

equations for these calibrations curves are presented in de Eq. B-1 to B-3. 

 

Figure B-1. Calibration curve for the GC technique of section 2.1.2 for the propionic acid. R2 = 

0.998. 
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Figure B-2. Calibration curve for the GC technique of section 2.1.2 for the isoamyl alcohol. R2 = 

0.999. 

 

Figure B-3. Calibration curve for the GC technique of section 2.1.2 for the isoamyl propionate. R2 

= 0.998. 
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𝑊𝐴𝐶

𝑊𝑆𝑇𝐷
= 0.9105

𝐴𝐴𝐶

𝐴𝑆𝑇𝐷
     Eq. B-1 

𝑊𝑂𝐻

𝑊𝑆𝑇𝐷
= 0.4865

𝐴𝑂𝐻

𝐴𝑆𝑇𝐷
     Eq. B-2 

𝑊𝐸𝑆𝑇

𝑊𝑆𝑇𝐷
= 0.5462

𝐴𝐸𝑆𝑇

𝐴𝑆𝑇𝐷
     Eq. B-3 

Here, Wi and WSTD are the mass weight of the component i and the GC internal standard, respectively. 

Similarly, Ai and ASTD are the GC peak area of the component i and the GC internal standard, 

respectively. 

Rejected data from the VL experiments performed 

In the tables B-1 and B-2 are presented the rejected data of the VL experiments performed for the 

non-reactive binary systems isoamyl alcohol – isoamyl propionate and propionic acid – isoamyl 

propionate (section 2.4). 

Table B-1. Experimental rejected (vapor-liquid) equilibrium data for pressure P, temperature T, liquid-phase 

mole fraction x, and gas-phase mole fraction y, for the system isoamyl alcohol (1) + isoamyl propionate (2) a. 

P (kPa) T (K) x1 y1 P (kPa) T (K) x1 y1 P (kPa) T (K) x1 y1 

50.00 407.39 0.024 0.072 101.33 431.52 0.021 0.062 150.00 446.52 0.027 0.073 

50.00 407.06 0.026 0.076 101.33 431.12 0.027 0.076 150.00 445.92 0.035 0.095 

50.00 405.01 0.054 0.152 101.33 429.92 0.040 0.114 150.00 443.67 0.059 0.153 

50.00 404.22 0.058 0.163 101.33 428.48 0.059 0.152 150.00 443.27 0.063 0.162 

50.00 403.85 0.066 0.188 101.33 428.02 0.065 0.175 150.00 441.49 0.080 0.205 

50.00 403.27 0.073 0.206 101.33 427.39 0.076 0.200 150.00 440.33 0.107 0.258 

50.00 403.23 0.090 0.237 101.33 426.80 0.086 0.223 150.00 439.49 0.112 0.271 

50.00 402.84 0.092 0.239 101.33 426.01 0.096 0.244 150.00 438.33 0.129 0.297 

50.00 402.70 0.098 0.253 101.33 425.80 0.099 0.244 150.00 434.44 0.217 0.455 

50.00 399.99 0.148 0.345 101.33 424.04 0.126 0.301 150.00 432.31 0.253 0.499 

50.00 399.24 0.162 0.369 101.33 423.07 0.151 0.344 150.00 430.99 0.276 0.535 

50.00 399.01 0.168 0.381 101.33 421.70 0.174 0.384 150.00 426.29 0.456 0.666 

50.00 396.44 0.231 0.472 101.33 420.83 0.198 0.422 150.00 423.71 0.462 0.726 

50.00 394.48 0.274 0.530 101.33 420.31 0.209 0.438 150.00 420.17 0.673 0.828 

50.00 392.43 0.352 0.617 101.33 418.98 0.238 0.479 150.00 419.58 0.731 0.861 

50.00 390.45 0.450 0.686 101.33 416.50 0.311 0.563 150.00 418.96 0.815 0.903 

50.00 390.29 0.458 0.691 101.33 411.98 0.450 0.688 150.00 417.64 0.928 0.961 

50.00 389.60 0.512 0.724 101.33 407.50 0.674 0.824 150.00 416.65 0.940 0.968 

50.00 387.72 0.692 0.810 101.33 407.17 0.737 0.856 150.00 416.05 0.950 0.973 

50.00 386.82 0.755 0.860 101.33 406.33 0.786 0.889     

50.00 386.17 0.792 0.878 101.33 406.08 0.805 0.895     

50.00 385.46 0.902 0.938 101.33 405.77 0.834 0.909     

50.00 385.45 0.910 0.942 101.33 405.54 0.857 0.920     

50.00 385.11 0.937 0.959 101.33 405.20 0.893 0.941     

50.00 384.82 0.949 0.967 101.33 404.77 0.943 0.968     

    101.33 404.17 0.950 0.971     
a u(P) = 0.01 kPa, u(T) = 0.03 K, u(x1) = u(y1) = 0.020, and the combined expended uncertainty Uc is Uc(γ1) = Uc(γ2) = 

0.001 
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Table B-2. Experimental rejected (vapor-liquid) equilibrium data for pressure P, temperature T, liquid-phase 

mole fraction x, and gas-phase mole fraction y, for the system propionic acid (1) + isoamyl propionate (2) b. 

P (kPa) T (K) x1 y1 P (kPa) T (K) x1 y1 P (kPa) T (K) x1 y1 

50.00 408.73 0.028 0.058 101.33 432.75 0.026 0.059 150.00 448.06 0.023 0.051 

50.00 408.42 0.035 0.070 101.33 431.80 0.045 0.095 150.00 447.06 0.037 0.083 

50.00 408.04 0.045 0.090 101.33 431.40 0.053 0.108 150.00 446.25 0.054 0.115 

50.00 407.80 0.052 0.102 101.33 430.94 0.070 0.149 150.00 445.91 0.060 0.122 

50.00 407.03 0.086 0.157 101.33 430.07 0.095 0.190 150.00 444.88 0.068 0.147 

50.00 406.61 0.094 0.171 101.33 429.75 0.106 0.203 150.00 444.41 0.091 0.193 

50.00 405.86 0.136 0.229 101.33 428.32 0.159 0.273 150.00 443.42 0.149 0.267 

50.00 405.58 0.144 0.244 101.33 427.90 0.183 0.313 150.00 441.34 0.198 0.335 

50.00 404.67 0.193 0.308 101.33 427.38 0.195 0.320 150.00 440.07 0.259 0.407 

50.00 404.05 0.235 0.362 101.33 426.33 0.253 0.390 150.00 439.05 0.284 0.454 

50.00 403.10 0.291 0.425 101.33 424.89 0.321 0.467 150.00 438.03 0.354 0.520 

50.00 401.88 0.372 0.510 101.33 423.58 0.396 0.542 150.00 437.13 0.399 0.573 

50.00 400.66 0.424 0.563 101.33 421.92 0.488 0.628 150.00 434.72 0.523 0.662 

50.00 400.19 0.487 0.617 101.33 421.39 0.527 0.668 150.00 432.19 0.656 0.773 

50.00 399.27 0.545 0.673 101.33 420.84 0.549 0.684 150.00 431.73 0.682 0.795 

50.00 398.67 0.553 0.677 101.33 418.31 0.660 0.778 150.00 430.76 0.742 0.835 

50.00 397.81 0.650 0.758 101.33 418.23 0.716 0.816 150.00 430.03 0.804 0.875 

50.00 396.80 0.722 0.814 101.33 417.80 0.739 0.830 150.00 428.49 0.857 0.913 

50.00 396.51 0.739 0.826 101.33 416.90 0.787 0.863 150.00 428.33 0.875 0.924 

50.00 396.29 0.752 0.835 101.33 415.73 0.856 0.910 150.00 428.16 0.890 0.934 

50.00 395.48 0.798 0.868 101.33 415.08 0.908 0.944 150.00 428.07 0.902 0.940 

50.00 394.85 0.832 0.894 101.33 414.91 0.920 0.951 150.00 428.00 0.905 0.943 

50.00 394.64 0.856 0.908 101.33 414.78 0.930 0.959 150.00 427.80 0.919 0.952 

50.00 394.46 0.880 0.925 101.33 414.32 0.961 0.977 150.00 427.72 0.930 0.958 

50.00 394.26 0.892 0.932     150.00 427.17 0.961 0.976 

50.00 394.17 0.897 0.936         

50.00 394.03 0.907 0.942         

50.00 393.82 0.916 0.948         

50.00 393.57 0.937 0.961         

50.00 393.20 0.961 0.977         
b u(P) =  0.01 kPa, u(T) = 0.02 K, u(x1) =  u(y1) = 0.020, and the combined expended uncertainty Uc is Uc(γ1) = Uc(γ2) = 

0.001 

Included digital information 

-. Original GC results for the calibration technique used (Excel® file) 

-. Original measurements of the VL experiments performed (Excel® file) 

-. Original documents for the thermodynamic consistency tests performed (Excel® files)  

-. Aspen Properties® 7.3 file for a properties summary in .aprbkp format.



 

 
 

C. Supplementary material of Chapter 3 

Experimental kinetic data 

In Tables C-1 to C-15 are presented the kinetic data collected according with the experiment design 

of the Table 3-2 per each experiment there related. 

Table C-1 Experiment 1 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 80.0 0.515 0.485 0.000 

10 79.7 0.502 0.457 0.020 

20 81.4 0.478 0.436 0.043 

30 79.3 0.466 0.421 0.056 

40 80.1 0.448 0.409 0.072 

60 79.4 0.419 0.382 0.100 

80 80.2 0.396 0.354 0.125 

100 80.1 0.371 0.336 0.147 

120 80.0 0.350 0.317 0.166 

150 80.1 0.329 0.295 0.188 

180 80.0 0.315 0.278 0.204 

240 80.0 0.291 0.250 0.229 

300 80.1 0.263 0.235 0.251 

Initial acid moles charged: 0.69. Initial alcohol moles charged: 0.65. Catalyst mass percentage % w/w: 0.83.   

Table C-2 Experiment 2 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 80.0 0.500 0.500 0.000 

5 81.8 0.464 0.445 0.045 

10 80.9 0.400 0.381 0.109 

15 79.6 0.350 0.327 0.161 

20 79.6 0.311 0.292 0.198 

25 80.8 0.280 0.266 0.227 

38 80.7 0.238 0.225 0.268 

50 79.9 0.208 0.197 0.297 

70 79.0 0.185 0.174 0.321 

90 80.9 0.158 0.165 0.338 

120 80.1 0.154 0.146 0.350 

150 80.1 0.144 0.139 0.359 

180 80.2 0.141 0.135 0.362 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.68. Catalyst mass percentage % w/w: 8.01.   
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Table C-3 Experiment 3 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 80.0 0.332 0.668 0.000 

5 80.4 0.324 0.632 0.022 

10 83.9 0.273 0.573 0.077 

15 82.0 0.246 0.556 0.099 

20 80.2 0.222 0.527 0.126 

25 80.0 0.193 0.510 0.148 

30 80.2 0.172 0.494 0.167 

35 80.0 0.164 0.473 0.182 

40 80.3 0.151 0.460 0.195 

50 79.7 0.129 0.440 0.216 

70 80.7 0.098 0.420 0.241 

90 79.9 0.082 0.401 0.259 

123 79.2 0.075 0.396 0.264 

Initial acid moles charged: 0.44. Initial alcohol moles charged: 0.88. Catalyst mass percentage % w/w: 4.00. 

Table C-4 Experiment 4 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 80.0 0.667 0.333 0.000 

5 79.7 0.632 0.323 0.022 

10 80.0 0.619 0.272 0.055 

15 80.3 0.597 0.251 0.076 

20 79.9 0.559 0.220 0.110 

25 80.2 0.537 0.198 0.133 

30 79.5 0.508 0.185 0.154 

35 80.2 0.498 0.162 0.170 

40 80.6 0.488 0.151 0.181 

50 79.2 0.465 0.131 0.202 

70 80.0 0.434 0.102 0.232 

90 80.0 0.420 0.084 0.248 

122 79.8 0.397 0.069 0.267 

Initial acid moles charged: 0.94. Initial alcohol moles charged: 0.47. Catalyst mass percentage % w/w: 3.97.   

Table C-5 Experiment 5 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 120.0 0.501 0.499 0.000 

5 120.7 0.457 0.434 0.055 

10 120.3 0.420 0.387 0.097 

15 120.9 0.387 0.350 0.132 

20 120.1 0.356 0.323 0.161 

25 120.3 0.330 0.301 0.185 

30 120.4 0.308 0.278 0.207 

40 120.4 0.271 0.251 0.239 

62 117.5 0.237 0.211 0.276 

90 120.3 0.206 0.183 0.306 

120 120.8 0.191 0.169 0.320 

180 119.8 0.174 0.157 0.335 

240 120.0 0.157 0.160 0.342 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.68. Catalyst mass percentage % w/w: 0.81. 
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Table C-6 Experiment 6 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.333 0.667 0.000 

5 100.9 0.333 0.625 0.021 

10 101.3 0.320 0.588 0.046 

15 100.9 0.303 0.585 0.056 

20 100.7 0.285 0.574 0.070 

25 99.5 0.272 0.556 0.086 

30 100.2 0.252 0.550 0.099 

45 100.9 0.218 0.518 0.132 

60 100.2 0.191 0.494 0.157 

90 100.4 0.154 0.459 0.193 

150 100.1 0.115 0.426 0.229 

210 100.1 0.088 0.404 0.254 

271 100.0 0.079 0.392 0.265 

Initial acid moles charged: 0.44. Initial alcohol moles charged: 0.89. Catalyst mass percentage % w/w: 0.81. 

Table C-7 Experiment 7 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.666 0.334 0.000 

5 102.4 0.656 0.295 0.025 

10 101.8 0.641 0.274 0.043 

15 100.3 0.626 0.256 0.059 

20 100.0 0.609 0.240 0.076 

25 100.0 0.594 0.227 0.089 

30 100.2 0.577 0.218 0.102 

46 100.3 0.548 0.183 0.135 

60 100.3 0.516 0.156 0.164 

91 100.3 0.484 0.124 0.196 

150 100.1 0.445 0.088 0.233 

210 100.0 0.421 0.065 0.257 

270 100.0 0.411 0.055 0.267 

Initial acid moles charged: 0.94. Initial alcohol moles charged: 0.47. Catalyst mass percentage % w/w: 0.81. 

Table C-8 Experiment 8 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 120.0 0.334 0.666 0.000 

5 120.1 0.202 0.540 0.129 

10 121.4 0.146 0.446 0.204 

15 120.4 0.109 0.407 0.242 

20 119.9 0.093 0.394 0.256 

25 120.2 0.078 0.381 0.271 

30 119.9 0.070 0.376 0.277 

44 119.4 0.063 0.368 0.285 

60 120.2 0.056 0.365 0.289 

90 120.1 0.056 0.364 0.290 

120 120.2 0.056 0.363 0.290 

151 120.3 0.056 0.360 0.292 

180 120.0 0.056 0.360 0.292 

Initial acid moles charged: 0.45. Initial alcohol moles charged: 0.89. Catalyst mass percentage % w/w: 3.95. 
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Table C-9 Experiment 9 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 120.0 0.666 0.334 0.000 

5 120.0 0.546 0.192 0.131 

10 120.0 0.455 0.125 0.210 

15 119.9 0.449 0.110 0.220 

20 120.3 0.435 0.095 0.235 

25 120.2 0.419 0.066 0.257 

30 120.0 0.405 0.056 0.269 

35 120.1 0.402 0.049 0.274 

41 120.2 0.390 0.053 0.279 

50 120.3 0.388 0.049 0.282 

70 120.1 0.381 0.049 0.285 

93 120.3 0.386 0.044 0.285 

120 120.0 0.387 0.042 0.286 

Initial acid moles charged: 0.94. Initial alcohol moles charged: 0.47. Catalyst mass percentage % w/w: 3.97. 

Table C-10 Experiment 10 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.334 0.666 0.000 

5 99.9 0.200 0.519 0.141 

11 101.5 0.131 0.444 0.212 

15 100.8 0.112 0.426 0.231 

20 99.8 0.104 0.408 0.244 

25 99.9 0.080 0.393 0.263 

30 100.2 0.071 0.380 0.275 

35 100.2 0.066 0.374 0.280 

40 100.2 0.065 0.369 0.283 

55 100.1 0.053 0.368 0.289 

80 100.3 0.055 0.361 0.292 

120 99.8 0.050 0.362 0.294 

151 100.1 0.053 0.360 0.294 

Initial acid moles charged: 0.44. Initial alcohol moles charged: 0.89. Catalyst mass percentage % w/w: 8.01. 

Table C-11 Experiment 11 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 120.0 0.499 0.501 0.000 

5 118.8 0.285 0.265 0.225 

10 120.6 0.225 0.199 0.288 

15 119.6 0.187 0.174 0.319 

20 119.4 0.168 0.158 0.337 

25 121.9 0.161 0.146 0.346 

30 120.5 0.155 0.141 0.352 

35 119.8 0.152 0.139 0.354 

40 119.7 0.151 0.131 0.359 

45 120.2 0.146 0.135 0.359 

60 119.9 0.144 0.135 0.361 

90 120.0 0.144 0.135 0.360 

120 120.0 0.146 0.134 0.360 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.69. Catalyst mass percentage % w/w: 8.00. 
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Table C-12 Experiment 12 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.666 0.334 0.000 

5 100.6 0.552 0.184 0.132 

10 100.5 0.472 0.122 0.203 

15 100.4 0.449 0.092 0.229 

20 100.3 0.428 0.073 0.250 

25 100.2 0.411 0.061 0.264 

30 100.2 0.401 0.052 0.273 

35 100.1 0.397 0.047 0.278 

40 100.0 0.389 0.043 0.284 

45 99.9 0.390 0.041 0.285 

61 100.3 0.386 0.037 0.289 

90 100.0 0.382 0.035 0.291 

120 100.2 0.381 0.035 0.292 

Initial acid moles charged: 0.94. Initial alcohol moles charged: 0.47. Catalyst mass percentage % w/w: 7.99. 

Table C-13 Experiment 13 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.514 0.486 0.000 

5 99.8 0.451 0.407 0.071 

10 102.4 0.401 0.347 0.126 

15 101.0 0.354 0.308 0.169 

20 100.4 0.313 0.277 0.205 

25 99.9 0.287 0.251 0.231 

30 99.9 0.268 0.235 0.249 

45 99.4 0.234 0.201 0.282 

60 100.2 0.210 0.182 0.304 

90 100.6 0.190 0.162 0.324 

120 99.9 0.177 0.151 0.336 

150 100.0 0.171 0.145 0.342 

210 99.6 0.160 0.140 0.350 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.65. Catalyst mass percentage % w/w: 3.99. 

Table C-14 Experiment 14 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.509 0.491 0.000 

5 101.3 0.440 0.391 0.085 

10 101.0 0.375 0.330 0.148 

15 100.4 0.330 0.291 0.189 

20 100.1 0.295 0.267 0.219 

25 100.0 0.268 0.249 0.241 

30 100.0 0.258 0.224 0.259 

45 100.0 0.221 0.193 0.293 

60 100.1 0.204 0.177 0.310 

90 100.1 0.179 0.157 0.332 

120 99.9 0.171 0.146 0.342 

150 100.0 0.162 0.140 0.349 

210 100.0 0.157 0.136 0.353 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.66. Catalyst mass percentage % w/w: 4.05. 
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Table C-15 Experiment 15 

Time 

(min) 

Temperature 

(C) 

Propionic acid mole 

fraction 

Isoamyl alcohol 

mole fraction 

Isoamyl propionate 

mole fraction 

0 100.0 0.514 0.486 0.000 

5 100.8 0.433 0.385 0.091 

10 100.8 0.350 0.317 0.166 

15 99.8 0.334 0.298 0.184 

20 100.2 0.299 0.272 0.215 

25 100.2 0.276 0.245 0.240 

30 100.1 0.255 0.230 0.258 

45 100.0 0.220 0.202 0.289 

60 100.0 0.201 0.179 0.310 

90 100.1 0.178 0.161 0.331 

120 100.0 0.170 0.149 0.340 

150 100.1 0.162 0.144 0.347 

210 100.1 0.154 0.141 0.353 

Initial acid moles charged: 0.68. Initial alcohol moles charged: 0.65. Catalyst mass percentage % w/w: 4.09. 

Included digital information 

-. Original measurements of the kinetics experiments performed (Excel® files) including the results 

of chemical equilibrium experiments. 

-. Original documents for the kinetic models for regression procedure using nlinfit function, in 

Matlab® files in .m format. 

The nlinfit Matlab function is called by writing the fallow statements in the Matlab command 

window: 

[beta, r, J, COVB, mse] = nlinfit(A, R, @MODEL, [BETA1 BETA2 BETA3…], options) 

Here, the matrix A is the model predictors matrix, R is the model response vector, MODEL is the 

.m function with the kinetic model, BETA# is the initial estimations for the regression parameters, 

and options is the matrix with the nlinfit regression options. The responses of nlinfit are, the regressed 

parameters matrix beta, the residual values vector r, the J matrix with the final values of the 

calculated Jacobians, the matrix COVB is the matrix with the final values of the variances and mse 

the value of the calculated mean square error. Please, see the Matlab help for more details. 

  



 

 
 

D. Supplementary material of Chapter 4 

Equilibrium stage model for reactive distillation and solution 

procedures (42), (36), (47). 

Distillation is usually modeled rigorously by the concept of equilibrium stage. The first references 

for this concept were published around 1893 and it is used for the modeling and rigorous design of 

separation operations based on stages; as the operation of absorption, distillation and extraction 

columns. Thus, this concept is the first rigorous and simpler approach for the reactive distillation 

modeling. Although these models may be considered outdated, their predictions of the actual 

behavior of an distillation operation may have equal accuracy as much stricter explanations using 

phenomenological models of a real column which, in the last decade, have begun to be used amply 

as the no-equilibrium stage or rate based models. 

  

 

 

 

 

 

 

Figure D-1.  General equilibrium stage. 
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The equilibrium stage model is based on the assumption that all streams incoming and leaving a 

specific stage are in physical and chemical equilibrium with each other in perfect mixing conditions. 

A schematic diagram of an equilibrium stage is shown in Figure D-1. 

Thus, any distillation column can be represented as sequential interconnection of several equilibrium 

stages, as it is shown in Figure D-2. The equations describing the hypothesis of an equilibrium stage 

are known as MESH equations, an acronym of the origin of each equation should be involved in the 

model. 

 

 

 

 

 

 

 

 

 

 

 

 

Figure D-2. General countercurrent cascade of N stages. 

M equations are related to the component mass balances in the form: 
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Here, M is the total component-i mass in the stage j and HUp is the hold-up for a specific reaction 

kinetic-model r in the stage j. Although the chemical reaction can be directly modeled through 

chemical equilibrium conditions, a kinetic model is a more realistic approach and it is possible to 

conclude a reaction at chemical equilibrium when HUp → ∞.  

E equations are usually associated to the thermodynamic phase equilibrium explanation, in the form 

of the Eq. 2-2: 

 𝑦𝑖,𝑗 −
 𝛾𝑖,𝑗𝑃𝑖,𝑗

𝑠𝑎𝑡

𝛷𝑖,𝑗 𝑃𝑗
𝑥𝑖 ,𝑗 = 0  (D-2) 

Here, the relation γi,jP
sat

i,j / Φi,jPj is known as the phase equilibrium ratio, Ki,j. 

S equations are the mole fraction summations, one per stage, in the form: 

(∑ 𝑦𝑖,𝑗
#𝑐𝑜𝑚𝑝𝑜𝑛𝑒𝑛𝑡𝑠
𝑖 ) − 1 = 0 (D-3) 

(∑ 𝑥𝑖,𝑗
#𝑐𝑜𝑚𝑝𝑜𝑛𝑒𝑛𝑡𝑠
𝑖 ) − 1 = 0 (D-4) 

H equations are related with the energy balances (enthalpy H balances), per stage in the form: 

𝑑𝐻𝑗

𝑑𝑡
= 𝐿𝑗−1𝐻𝑗−1

𝐿 + 𝑉𝑗+1𝐻𝑗+1
𝑉 + 𝐹𝑗𝐻𝑗

𝐹 − (𝐿𝑗 +𝑈𝑗)𝐻𝑗
𝐿 − (𝑉𝑗 +𝑊𝑗)𝐻𝑗

𝑉 − 𝑄𝑗 

(D-5) 

Sometimes, it is possible to invoke an additional term due to the heat of reaction; however, if the 

reference state of the enthalpies calculations is related to the formation enthalpies of each 

component-i, then the reaction heat it is automatically included into the balance. 

In general, all the MESH equations are functions of [T, P, x, y]. At steady state conditions, the 

accumulative terms dProperty/dt are strictly zero resulting an algebraic equation system to be solved. 

At dynamic conditions, the same terms produce a differential equation system to be integrated with 

the operational-time. This is the case for the modeling of the start-up or the shut-down of a reactive 

distillation column or the realization of specific controllability studies. Also, this differential 

equation system can be used for a modeling of a batch operation configuration, as it was used in 

Chapter 5. Additionally, it is common the integration of momentum balance equations (pressure 

correlations) for the inclusion of the hydraulic behavior of the operation with the simultaneously 

calculation of the pressure drops per stage.  
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Generally, the numerical methods used for solving the MESH equations for conventional distillation 

operations at steady state are used in the case of RD operations, without or with slight modifications. 

While many of these modifications are not described in the open literature, a large number of 

publications referred to the use of commercial simulation software for chemical processes that 

include them in their distillation calculation modules. In general, these numerical techniques are 

classified by the manner of grouping and linearization of the MESH equations and the different 

calculation routes can be grouped into iteration techniques (tearing methods) and / or with 

combinations of additional techniques based on gradient methods for correction or prediction of 

different model variables in their iterative convergence. 

Among the first attempts for the solution of the equilibrium stage model are the step by step, equation 

by equation procedures developed in the 30’s; which were used until the advent of digital computing 

tools that have demonstrated their serious instabilities in the searching of steady state solutions. 

However, in the early 60´s, it was implemented modifications to these methods by the calculation 

technique called the theta-θ method which achieved a significant success based on the solution of a 

linearized problem by Gaussian elimination. Besides in that time, the most successful techniques for 

calculating problems with close boiling points were the algorithms known as bubble point (BP) 

methods, based on the use of the stage-temperature as tearing variable. On other hand, for the 

calculation of problems with markedly different boiling points the sum rates (SR) methods, in which 

the tearing variables are the inter-stage mass flows, are found to be more appropriate. The successes 

of these methods are based on the solution of tridiagonal-type matrices resulting from the rearrange 

of the M equations respect to the selected tearing variables. For intermediate volatilities cases, which 

is the case of highly deviant behavior of the ideal mixture assumption, none one of these methods 

are entirely satisfactory. In these cases, it was recommended the additional or exclusive use of the 

Newton-Raphson techniques available for the computing machines of the 70’s. Using these 

techniques, a new group of methods were created and generally called as simultaneous correction 

(SC) methods, which attempt to solve the problem by applying corrections and / or direct predictions 

of the tearing variables from suggested values by some form of a gradient method. However, the BP, 

SR and SC methods can consume a large computing cycles and get no-convergence. In the early 

70´s, it was also presented new methods of solving the MESH equations using two models to 

calculate the required thermodynamic properties, supported in the approximate calculation of 

volatilities and enthalpies by an approximated model based on turn the calculation of a rigorous 

thermodynamic model. Thus, MESH equations are always solved with an approximate model in an 

inside calculation-loop and their parameters are strictly updated by the calculation of the rigorous 
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thermodynamic model in outside calculation-loop. For this reason, this method and its versions are 

known as inside-out (IO) methods. The IO methods have been established as the most suitable ones 

for the rigorous calculation of distillation operations for the majority of standard, azeotropic, and 

highly non-ideal problems and they have proven to be extremely stable and fast to achieve 

convergence.  

In the end of the 80’s, it was also developed new methods of solution such as the so-called homotopy 

continuation (HC) methods for distillation models. The algorithm for the HC methods are based on 

the solution knowledge of approximate equations a(c), which are followed by another set of stringent 

equations b(c) which are the equations to be solved. Both sets are connected via homotopy 

mathematical expressions in the form: 

ℎ(𝑐, 𝑝) = 𝑝𝑏(𝑐) + (1 − 𝑝)𝑎(𝑐) = 0  (D-6) 

Here, p is a homotopy parameter. The function a(c) can be defined as b(c) - b(c0), with c0 as any 

initialization values . In the beginning , p is zero and equation D-6 results in h (c, p ) = b ( c ) - b ( 

c0 ) = 0  or b ( c ) = b ( c0 ). Then p is gradually led from 0 to 1, solving in each step for b ( c ) to 

obtain the desired solution h (c, p) = b (c) = 0. The movement through the p values is accompanied 

by additional correction-prediction procedures reducing problems of accuracy and stability in the 

integration of p. A great advantage of these methods is that they allow exploring simultaneous 

solutions, features of multiple steady states which it is possible to reach in RD operations. This is 

possible through the different integration pathways chosen for the integration of p. Furthermore, 

these methods are recommended for problems where all others methods have failed.  

There are other methods such as the so-called relaxation methods, which are directly based on the 

dynamic expressions of the MESH equations. They basically try to get the steady state solution from 

initial guesses. However, these methods are not widespreadly used due to they require a higher 

numerical effort in many computing cycles. Nevertheless, they are the first approach and the most 

used methods to describe the dynamic behavior of distillation-based operations and their versions 

are generally used for controllability analysis. 

In the case of RD operations, as it was mentioned before, slight or no modifications to all these 

methods have been developed by several authors. Specifically, Venkataraman et al. (146), made 

changes to the IO methods adding parameters for the evaluation of the chemical reactions, using 

simultaneously Newton-Rapson techniques in the resolution of each calculation-loop. These 

modifications have been integrated in the RadFrac module of the commercial chemical engineering 
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process software Aspen Plus® 7.3 (73), from Aspentech Inc. 

(http://www.aspentech.com/products/aspen-plus.aspx?terms=Aspen%20Plus), which it has been 

established as the simulation tool with more reported publications in different research topics of RD 

operations. However, others chemical engineering software including special calculation modules 

for RD operations are Aspen Hysys® 7.3 from Aspentech Inc. (http://www.aspentech.com/hysys/), 

CHEMCAD® from CHEMSTATIONS Inc. (http://www.chemstations.com) and Pro/II® from 

SCISIM Inc. (http://www.simsci.com/). 

Included digital information 

-. Original documents used for the calculation of the conventional and reactive residue curve maps 

presented in the chapter (Excel® and Word® files, including the visual basic code for macro-

automatization).  

-. Original files of the conventional and reactive residue curve maps presented in the chapter 

(Matlab® files) in a .fig Matlab format. 

-. Original basic file of the Aspen Plus® 7.3 simulations performed in .apw format.

http://www.aspentech.com/products/aspen-plus.aspx?terms=Aspen%20Plus
http://www.aspentech.com/hysys/
http://www.chemstations.com/
http://www.simsci.com/


 

 
 

E. Supplementary material of Chapter 5 

Details of the GC analysis technique 

In the figures below, the calibration curves obtained for the GC analysis described in section 5.1.2, 

for the characterization of the liquid samples obtained in the RD experiments described in section 

5.1 for the isoamyl propionate production in the pilot-reactive distillation column described in 

section 5.3, are presented. The equations for these calibrations curves are presented in de Eq. E-1 to 

E-4. 

 

Figure E-1. Calibration curve for the GC technique of section 5.1.2 for the propionic acid. R2 = 

0.998. 

 

0

0.5

1

1.5

2

2.5

3

3.5

4

0 1 2 3 4

W
A

C
/W

S
T

D

A AC/ASTD



16

4 

isoAmyl Propionate Production by the Integration of Reaction/Distillation Operations 

 

 

Figure E-2. Calibration curve for the GC technique of section 2.1.2 for the isoamyl alcohol. R2 = 

1.000. 
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Figure E-3. Calibration curve for the GC technique of section 5.1.2 for the isoamyl propionate. R2 

= 1.000. 

 

Figure E-4. Calibration curve for the GC technique of section 5.1.2 for water. R2 = 0.999. 
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     Eq. E-1 

𝑊𝑂𝐻
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= 0.9940

𝐴𝑂𝐻

𝐴𝑆𝑇𝐷
     Eq. E-2 

𝑊𝐸𝑆𝑇

𝑊𝑆𝑇𝐷
= 1.1144

𝐴𝐸𝑆𝑇

𝐴𝑆𝑇𝐷
     Eq. E-3 

𝑊𝑊𝐴𝑇𝐸𝑅

𝑊𝑆𝑇𝐷
= 0.7234

𝐴𝑊𝐴𝑇𝐸𝑅

𝐴𝑆𝑇𝐷
    Eq. E-4 

Here, Wi and WSTD are the mass weight of the component i and the GC internal standard, respectively. 

Similarly, Ai and ASTD are the GC peak area of the component i and the GC internal standard, 

respectively. 

Details of RD experiments described in section 5.1.5 

Below is presented per experiment performed, according with the tables 5-1 and 5-2, the details of 

the temperature and liquid composition (wt%) profiles with the experiment time together with the 

flow measurements of the process streams.  
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Figure E-5. Temperature profiles of Run 1 Table 5-1 with the experiment sampling time. 

 

Figure E-6. Liquid composition profiles of Run 1 Table 5-1 in mass fraction with the experiment 

sampling time 210 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-7. Liquid composition profiles of Run 1 Table 5-1 in mass fraction with the experiment 

sampling time 364 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

 

Figure E-8. Temperature profiles of Run 2 Table 5-1 with the experiment sampling time. 
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Figure E-9. Liquid composition profiles of Run 2 Table 5-1 in mass fraction with the experiment 

sampling time 157 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

Figure E-10. Liquid composition profiles of Run 1 Table 5-1 in mass fraction with the experiment 

sampling time 430 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-11. Temperature profiles of Run 3 Table 5-1 with the experiment sampling time. 

 

Figure E-12. Liquid composition profiles of Run 3 Table 5-1 in mass fraction with the experiment 

sampling time 164 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-13. Liquid composition profiles of Run 3 Table 5-1 in mass fraction with the experiment 

sampling time 271 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

 

Figure E-14. Temperature profiles of Run 4 Table 5-1 with the experiment sampling time. 
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Figure E-15. Liquid composition profiles of Run 4 Table 5-1 in mass fraction with the experiment 

sampling time 122 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

Figure E-16. Liquid composition profiles of Run 4 Table 5-1 in mass fraction with the experiment 

sampling time 218 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-17. Temperature profiles of Run 5 Table 5-2 with the experiment sampling time. 

 

Figure E-18. Liquid composition profiles of Run 5 Table 5-2 in mass fraction with the experiment 

sampling time 279 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-19. Liquid composition profiles of Run 5 Table 5-2 in mass fraction with the experiment 

sampling time 344 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

Figure E-20. Liquid composition profiles of Run 5 Table 5-2 in mass fraction with the experiment 

sampling time 404 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-21. Temperature profiles of Run 6 Table 5-2 with the experiment sampling time. 

 

Figure E-22. Liquid composition profiles of Run 6 Table 5-2 in mass fraction with the experiment 

sampling time 183 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Figure E-23. Liquid composition profiles of Run 6 Table 5-2 in mass fraction with the experiment 

sampling time 243 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 

 

Figure E-24. Liquid composition profiles of Run 6 Table 5-2 in mass fraction with the experiment 

sampling time 299 min. Acid (■—), alcohol (■—), ester (■—) and water (■—). 
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Included digital information 

-. Original GC results for the calibration technique used according with the section 5.1.2 (Excel® 

file), including the original measurements of the RD experiments performed according with the 

tables 5-1 and 5-2, (Excel® file) 

-. Original basic file of the Aspen Plus® 7.3 simulations performed in .apw format for the results 

presented in section 5.1. 

-. Original basic file of the Aspen Batch Distillation® 7.3 simulations performed in .bspf format for 

the results presented in section 5.2. 
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